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SUMMARY 
INTRODUCTION AND METHODOLOGY 

Rising world energy demand has mostly been met by expanding the use of fossil fuels, 
resulting in higher concentrations of carbon dioxide in the atmosphere. The possible 
consequences of these trends, in particular global warming, have driven the search for alternative 
electricity generation technologies capable of limiting CO2 emissions. It is very likely that 
carbon dioxide reduction will have to be achieved while fossil fuels continue to be the major 
source of primary energy for several decades to come. Carbon dioxide capture and storage, is 
recognized as one of the most promising options because it addresses the impact of the largest 
primary energy sources and the largest source of CO2. 

The final goal of the PhD research activity was the techno-economic assessment of fossil 
fuelled power plants with carbon capture by two different innovative technologies: one based on 
advanced sorbents (Sorption Enhanced Water Gas Shift) and one based on membranes 
(hydrogen selective membranes). SEWGS application to NGCC, IGCC and steelworks plant is 
investigated while membranes are integrated only in IGCC plant. Both the technologies were 
developed in two FP7 projects: CAESAR and CACHET-II. The PhD work was exclusively 
theoretical but with input from experiments carried out by the projects partners (ECN, SINTEF). 
The best plant configurations have been established limiting the thermodynamic and economic 
penalization of CCS application.  

In order to study advanced technologies together with innovative power production 
configurations, different investigation levels have been considered: 

1. Detailed reactor model: it aims at reproducing the behavior of the most critical reactors 
involving detailed chemical kinetic mechanisms. Due to the high level of details and the 
required implementation time, two different reactors have been investigated using this 
model approach: i) the coal gasifier and ii) the hot gas clean-up system. The first one is the 
most important reactor in a coal gasification plant whilst the second one is critical for 
limiting the penalization of desulfurization process. Both the components work in 
two/three phase conditions and the kinetic approach is mandatory to correctly predict the 
performances or the design. It must be remarked that the detailed modeling of the SEWGS 
and the H2 membranes was performed by other partners inside the project consortium 
(SEWGS: Air Product; Membranes: SINTEF). Chapter 4 and 5 are dedicated to the Shell 
kinetic model and hot gas desulfurization, respectively. 

2. Specific process model: it is focused on the most important processes adopted in a defined 
configuration; this simulation involves only the required physical phenomena. Single 
system model has been adopted to reproduce the behavior of hydrogen fuelled gas turbine 
and the Shell coal gasification process. The latter is briefly reported together with the Shell 
kinetic model. Chapter 6 is dedicated to hydrogen gas turbine simulations. 

3. Overall techno-economic plant simulation: the thermodynamic evaluation is based on 
mass and energy balances and it allows integrating all the component required for power 
production with CCS. All the data obtained in the single reactor and process modeling are 
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implemented in this step. Chapter 7 and 8 report the thermodynamic analysis of SEWGS 
and hydrogen membranes respectively. Economics of the two technologies are reported in 
chapter 9. 

The results obtained in the single reactor and system modeling are implemented in the overall 
plant simulations; in particular: i) the coal gasification kinetic model as well as the IGCC 
process simulations have supplied data for all the IGCC-based plants, ii) the hot gas 
desulfurization kinetic model is applied to the CACHET-II membrane investigation, iii) the 
hydrogen fuelled GT model have given input for all the overall plant cases.  

All the analyses have been carried out using several software: the overall integration and the 
single process simulations were developed with the proprietary code GS or the commercial tool 
Aspen Plus whilst the single model simulations are based on brand new code written in Aspen 
Custom Modeler (gasification reactor) or in Matlab (Hot gas clean up). Finally, overall 
economic evaluation is based on excel VBA with calculation of the Levelized Cost of Electricity 
according to the IEA method. 

RESULTS 

A Reduced Order Model (ROM) was developed in order to predict the performance of the 
Shell-Prenflo gasifier. As result of the Shell ROM modeling, several parameters were calculated 
for a gasifier of about 3000 tons per day, for example: i) syngas, particles and gasifier wall 
temperature, ii) syngas and particle composition and iii) overall gasification temperature and 
pressure. The ROM predicts quite accurately the syngas conditions at the scrubber outlet; the 
simulation of the quench mixing resulted to be the main source of difference with the actual 
process. The equilibrium simulation results are accurate when given gasifier compositions are 
available for tuning. The CGE predicted by both the ROM and the equilibrium modes are close 
to the Shell value; additionally, the ROM can be applied to a variety of coal or with different 
operating conditions. Sensitivity analyses were used to further investigate effects of main 
variables: i) oxygen to coal ratio, ii) coal feed amount and iii) CO2 feed as carrier gas. 

A kinetic model of hot gas desulfurization based on zinc sorbents was developed to design the 
reactor at different operating conditions and estimating its cost. The process is based on fluidized 
beds: the desulfurizer is a fast fluidized bed while the regenerator is a bubbling fluidized bed. 
The model has in input the system conditions which are defined by the gasification technology 
adopted and the desulfurization level to be achieved. The model was then adapted to the Cu-
based sorbent developed by Sintef and applied to membrane integration in IGCC. 

Hydrogen fuelled gas turbine was investigated, comparing premixed vs. diffusive flame 
combustor. With respect to natural gas, hydrogen combustion causes a variation of the flame 
properties, mainly temperature, speed and geometry and a higher water concentration in the 
product gases. All these variations, along with the change of the fuel flow rate due to a change in 
the LVH, bring about a modification of the machine design specifications. One of the main 
concerns is limiting the NOX emissions provided that: i) lean premixed combustors used with 
natural gas, at present are not commercially available for hydrogen because of technical hurdles 
posed by the very high reactivity of hydrogen; ii) the flame temperature of hydrogen is 
significantly higher than natural gas. The analysis showed that: 
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- In order to achieve STFT=2200K, the diluent to hydrogen ratio must be equal to 7.6 and 
16 for steam and nitrogen dilution respectively. 

- Dilution always negatively affects the combined cycle efficiency: the higher the diluent 
to hydrogen ratio the lower the CC efficiency. Comparing the two diffusive flame cases, 
nitrogen always achieves higher efficiency than steam at equal stoichiometric flame 
temperature.  

- The CC efficiency penalty due to inert dilution is limited as far as the TIT and the blade 
metal temperature are kept at the nominal values. A decrease of the allowed blade metal 
temperature reflects into a twice reduction of the TIT with a noticeable efficiency decay. 

- The efficiency of the simple cycle GT engine is remarkably affected by an increase of the 
pressure drop in the combustor. However, because of the simultaneous TOT increase, the 
efficiency decay of the CC is much less sensible. On other hand, at fixed expander 
geometry and compressor pressure ratio, the combustor pressure drop causes a significant 
mass flow rate decrease which results in a proportional reduction of the power output. 
 

The previous analyses (gasifier, desulfurization and hydrogen gas turbine) have been then 
adopted to simulate SEWGS and membranes cases. 

Several sensitivity analyses were carried out in order to assess the best techno-economic plant 
configurations. CO2 purity, reactor CCR, purge pressure, size and quantity of vessels and cycle 
time were investigated in the SEWGS integrations. On the other hand, hydrogen recovery factor, 
feed pressure, use of the separated hydrogen and gasifier lock hopper system were considered 
for the membrane based plants. 

Table 1and Table 2 show an overview the thermodynamic and economic results for all the 
best cases in term of CO2 capture cost. 

SEWGS technology has shown good thermodynamic in all the investigated configurations. In 
NGCC the SEWGS allows limiting the efficiency penalty compared to the reference 
technologies, the minimum SPECCA is about 2.5 MJ/kgCO2. In IGCC application SEWGS 
stands out thanks to: i) the simultaneous H2S-CO2 capture, ii) the low steam demand for sorbent 
regeneration and iii) the decrease of the equipment number. The achieved net electric efficiency 
is between 38% and 39% with CO2 avoidance between 96% and 86% respectively. The resulting 
SPECCA is about 2.5 MJ/kgCO2, which is considerable lower than reference IGCC with capture 
via Selexol (3.7 MJ/kgCO2) and ASC with amine scrubbing (4.2 MJ/kgCO2). SPECCA can be 
reduced down to 2.0 MJ/kgCO2 with the new improved sorbent. Considering the blast furnace 
application it was found that SEWGS reaches good performances with around 85% CO2 
avoidance.  

From thermodynamic point of view, hydrogen membranes are a promising solution for CO2 
capture plant in IGCC plants. The computed efficiency and SPECCA are very high in each 
developed configuration. Carbon capture avoided ranges between 85-95% depending on the 
feeding technology and the efficiency of the purification process. Provided the good 
thermodynamic performances, the membrane area become the most effective evaluating 
parameters. It was found that membrane area features huge variations depending on the type of 
membrane and the operating conditions adopted. Pd-alloy membrane does not harness its sulfur 
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layout complexity features a large number of reactor and streams linked together. In addition, the 
plant will have to work with all the constraints set by a common power plant and following the 
electrical system load. From a simulation point of view, such a type of plant requires a 
comprehensive approach which moves from detailed physical phenomena inside a specific 
reactor up to an overall view of the plant.  

In order to fulfill this requirement, in the present work different levels of analysis were 
considered. 

1. Detailed reactor model: it aims at reproducing the behavior of the most critical reactors 
involving detailed chemical kinetic mechanisms. Due to the high level of details and the 
required implementation time, only two different reactors have been investigated using this 
model approach: i) the coal gasifier and ii) the hot gas clean-up system. The first one is the 
most important reactor in coal gasification plant whilst the second one is critical for 
limiting the penalization of desulfurization process. Both the components work in 
two/three phase conditions and the kinetic approach is mandatory to correctly predict the 
performances or the design. It must be remarked that the detailed modeling of the SEWGS 
and the H2 membranes was performed by other partners inside the project consortium 
(SEWGS: Air Product; Membranes: SINTEF). Chapter 4 and 5 are dedicated to the Shell 
kinetic model and hot gas desulfurization, respectively. 

2. Specific process model: it is focused on the most important processes adopted in a defined 
configuration; this simulation involves only the required physical phenomena. Single 
system model has been adopted to reproduce the behavior of hydrogen fuelled gas turbine 
and the Shell coal gasification process. The latter is briefly reported together with the Shell 
kinetic model. Chapter 6 is dedicated to hydrogen GT simulations. 

3. Overall techno-economic plant simulation: the thermodynamic evaluation is based on 
mass and energy balances and it allows integrating all the component required for power 
production with CCS. All the data obtained in the single reactor and process modeling are 
implemented in this step. Chapter 7 and 8 report the thermodynamic analysis of SEWGS 
and hydrogen membranes respectively. Economics of the two technologies are reported in 
chapter 9. 

The results obtained in the single reactor and system modeling are implemented in the overall 
plant simulations as shown in Figure 2-1. In particular: i) the coal gasification kinetic model as 
well as the IGCC process simulations have supplied data for all the IGCC-based plants, ii) the 
hot gas desulfurization kinetic model is applied to the CACHET-II membrane investigation, iii) 
the hydrogen fuelled GT model have given input for all the overall plant cases.  

The present manuscript is organized following the different simulation levels. Firstly both the 
detailed reactor models are introduced; then the investigation on hydrogen fuelled gas turbine is 
presented. Eventually, the overall techno-economic assessments are presented. 
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2.2 SIMULATION TOOLS 

2.2.1 GS 

Mass and energy balances have been estimated by a proprietary computer code (GS) 
developed by the GECoS group at the Department of Energy of the Politecnico di Milano to 
assess the performance of gas/steam cycles [1], CO2 capture systems, as well as a variety of 
other plant options, including IGCC, membranes, etc. [2] [3] [4]. The plant scheme is 
reproduced by assembling in a coherent network the different components selected in a library 
containing over 20 basic modules, whose models have been previously implemented. Built-in 
rules for efficiency prediction of turbomachines (gas and steam turbine, compressors), as a 
function of their operating conditions, as well as built-in correlations for predicting gas turbine 
cooling flows allow the code to generate very accurate estimations of combined cycles 
performance, even for off-design conditions [5]. The gas turbine model in GS is calibrated to 
correctly predict the performance of advanced gas turbines, accounting for all the relevant 
phenomena occurring fluid-dynamic losses, cooling circuit performance, changes in gas turbine 
fuel and working fluid composition. 

Input parameters and equations governing mass and energy balances vary with the type of 
component. The heat exchanger and the mixer allow for the variation of the chemical  
composition of input flows until chemical equilibrium is reached according to Gibbs free energy 
minimisation. The combustor always assumes complete oxidation of the fuel. The  cooled 
expansion that takes place in modern gas turbines is based on simplified machine design as 
extensively explained in chapter 6. The heat recovery steam cycle includes the heat recovery 
steam generator (which can have up to three pressures levels and reheat), the steam  turbine, the 
condenser, the feedwater heaters, the feedwater pump, etc.   

Once the system to be calculated is been defined and the coherence of the component 
characteristics and their interconnections are verified, the code sequentially calculates mass,  
energy and atomic species balances of all plant components until convergence is reached. 
Convergence is reached when both the following conditions are verified: i) mass flow rate, 
temperature and pressure difference of each stream between two successive iterations differs less 
than 0.01% and ii) mass and energy balance of each component is respected with a maximum 
error of 0.005%. 

Ideal behavior is assumed for all mixtures; thermodynamic properties are calculated by means 
of NASA polynomials. 

2.2.2 ASPEN PLUS® 

Aspen Plus® was extensively adopted to simulate the chemical process where ideal gas law 
cannot be assumed. The considered process are: MEA CO2 separation, MDEA CO2 separation, 
CO2 compression, cryogenic purification and Rectisol AGR. 
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slightly different because assumptions have been modified according to [11]. Figure 3-8 shows 
the proposed layout. 

Following Figure 3-8, the NG is fed at 70 bar and 10 °C, and preheated to 380 °C as required 
by the Hydro DeSulphurization reactor (HDS) through a recuperative heat exchanger and a 
syngas heat exchanger. Before HDS, a hydrogen-rich gas must be mixed to the NG to achieve 
2% hydrogen content in the stream as required by the desulphurization process. Then the NG is 
saturated in a direct contact saturator and further pre-heated before the GHR-ATR: saturation 
reduces the amount of steam bled from the turbine for the reforming; the heat required is 
supplied by cooling HP and IP water taken from the HRSG. The syngas leaving the ATR at 950 
°C is cooled in the GHR to 645 °C whilst heating the natural gas-steam mixture up to 625 °C 
and providing heat for the reforming reaction in the GHR. After the GHR the syngas is cooled to 
350 °C by producing HP steam and then enters the first adiabatic water gas shift reactor. The 
syngas leaves the High Temperature Shift (HTS) at an equilibrium temperature of about 450 °C 
where it is cooled by parallel heat exchangers: in the first the syngas is cooled to 340 °C by 
evaporating HP water and supplies the heat required by the desulphurization process; in the 
second, the syngas is cooled to 190 °C by heating GT fuel and preheating HP water. Then, an 
adiabatic Low Temperature Shift (LTS) is adopted. 

A second saturator is used on the hydrogen rich mixture stream and allows heating to reduce 
the NOx production in the GT combustor using feed water heated by the syngas at the MDEA 
inlet. The heat necessary for the CO2 stripping from the MDEA solution is obtained by bleeding 
LP steam from the turbine. 
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3.4 COAL PLANT REFERENCE CASES WITH AND WITHOUT CO2 CAPTURE 

3.4.1 ASC 

The plant is based on an Advanced Super Critical (ASC) Boiler and Turbine producing about 
820 MWe (gross) without any carbon capture. The auxiliary power consumptions require 65 
MW leading to a final net power plant output is 754.3 MWe, yielding a net cycle efficiency of 
45.5% [12]. The general arrangement layout for the reference power plant is based on an inland 
site with natural draft cooling towers and delivery of the coal by rail. For the control of 
combustion product emissions, the power plant is equipped with selective catalytic reduction 
(SCR) DeNOx plant located between the boiler exit and air heater inlet, electrostatic 
precipitators and wet limestone based desulphurization plant before exhausting to atmosphere 
via a flue stack. NOx ad SOx emission limits are assumed to 120 mg/m3 and 85 mg/m3, 
respectively. For ash handling, a dry ash conveying system is employed for fly ash and a 
continuous ash removal system with submerged chain conveyer for furnace bottom ash. 

3.4.2 IGCC 

The reference IGCC technology is based on an entrained flow, oxygen blown, dry feed 
slagging Shell gasifier. The adoption of a Shell gasifier among other technologies (i.e. GE) is 
justified by the highest efficiency as well as availability of gasification heat and mass balances 
provided by Shell within EBTF [13]. The assumed lay-out, shown in Figure 3-9, reflects Shell 
experience. 

The gasification pressure is 44 bar, high enough to feed the gas turbine without syngas 
compression. The choice of a dry feed gasifier with high carbon conversion (99%) gives a higher 
cold gas efficiency and consequently higher plant efficiency, compared to slurry fed gasifier. 
Due to the high gasification temperature, the gasifier wall must be water cooled; water pressure 
has to be higher than syngas. During the operation the main thermal barrier is provided by the 
ash layer, composed by a solidified part attached to the wall and a melted part which flows 
towards the bottom of the reactor; the slag layer also prevents corrosion of the wall. Before 
feeding, coal is pulverised and dried with an auxiliary fuel. 

One gasification train is assumed, generating syngas for one gas turbine. Oxygen is produced 
in an air separation unit (ASU) whose distillation column is assumed to work at 5.76 bar; N2 and 
O2 (95 mol% pure) are available at atmospheric pressure. An expander between the gas turbine 
compressor and the ASU is adopted to recover part of the compression work. The advantages 
obtained integrating the gas turbine compressor with the ASU main compressor are driven by the 
higher GT flexibility. The low LHV of the syngas feeding the gas turbine leads to lower air 
demand at compressor inlet with possible stall issues; GT integration with ASU partially 
balances this issue leading to a reduction of the air volumetric flow at the compressor inlet of 
about 8% compared to the reference case; this condition is in the range of Variable Guide Vanes 
(VGV) application. Concerning the compressor duty, no significant advantages exist when 
power and gasification island are integrated: the GT compressor features higher isentropic 
efficiency whilst the ASU main compressor is intercooled; this results in an overall equivalent 
compression work at different integration levels. N2 produced in the ASU is compressed and 
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used in (i) lock hoppers for coal feeding, (ii) periodic cleaning of candle filters and (iii) 
moderation of the gas turbine combustor stoichiometric temperature (in order to limit  the NOx 
formation). Only part of the N2 used for lock hopper operation (about 50%), reaches the gasifier, 
while the remaining is vented during feeding process1. Hot syngas exiting the gasifier at about 
1550°C, is quenched to 900°C with cold recycled syngas. Molten slag entrained by the gas 
stream solidifies and the syngas is cooled to 300°C in the syngas coolers, producing HP and IP 
steam. Some is then recycled back for syngas quench by means of a recycle fan. The remaining 
syngas is then sent to a scrubber where solids and soluble contaminants are removed. Liquid 
water from the scrubber is clarified in a sour water stripper by means of LP steam and 
subsequently recycled back to the scrubber. Syngas exits the scrubber at about 170°C and, after 
regenerative heat exchangers, is sent to a catalytic bed for COS hydrolysis. Low temperature 
heat is recovered producing hot water for the saturator. Syngas is then further cooled with 
cooling water and sent to acid gas removal (AGR) unit after condensate separation. 

H2S is removed in the AGR section by means of a Selexol cycle and sent to the sulphur 
recovery unit. Zero net steam is assumed from the sulphur recovery unit, i.e. the steam raised by 
H2S combustion in the Claus plant is balanced by the heat required to keep S molten and to 
regenerate the SCOT solvent. After the AGR unit, syngas is mixed with nitrogen from the ASU 
and then saturated in order to preheat GT fuel and limit NOx formation.  

Before being burnt, syngas is further preheated up to 200°C with saturated water taken from 
the HRSG IP drum. Assuming the gas turbine has the same air compressor, the same pressure 
ratio and TIT of the natural gas fired case are kept by regulating air mass flow rate by means of 
the VGVs.  This ensures a high gas turbine performance and maintains a sufficient stall margin. 
It must be outlined that the TIT is assumed to be constant recalculating the blade cooling flows 
which guarantee the same maximum metal temperature. 

Three pressure level heat recovery steam cycle (at 144, 54 bar and 4) is used to recover heat 
from gas turbine flue gas and syngas cooling. IP pressure is higher compared to natural gas 
application, which is in the range of 30 and 40 bar [12] [14], because it is adopted in the 
gasification island as reaction medium as well as coolant. In order to avoid sulphuric acid 
condensation, a higher stack temperature (115°C) is assumed compared to natural gas fired 
combined cycle. Because of the high stack temperature and large steam production outside 
HRSG, exhaust gas heat is not sufficient for a complete feed-water heating, thus low pressure 
regenerative pre-heaters must be adopted as also in [11].  

 

                                                 
1 The amount of nitrogen required for coal feeding was determined according to  [20], while all other assumptions as oxygen consumption 

or syngas composition at gasifier outlet are taken from EBTF document [12] 
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Figure 3-9: layout for the reference IGCC SHELL dry gasifier case 

The main flows and compositions from the IGCC simulation are shown in Table 3-18. 
Higher net plant LHV efficiencies are obtained compared to those previously reported in the 
literature for Shell gasifier-based IGCCs [15] [16] [17] [18], but these results were approved by 
Shell and consistent with EBTF test cases. 
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3.4.3 ASC WITH CO2 CAPTURE 

CO2 capture in the considered pulverized coal plant is based on post-combustion technology 
with conventional amine scrubbing process. The capture plant is designed to operate for the 
whole life of the plant capturing 90% of the CO2 contained in the flue gas. Operation of the plant 
at full load conditions is considered. The flue gas is initially cooled to 50ºC and fed to the 
absorber, where it is contacted with the 30% wt MEA solvent which is considered the 
benchmark technology thanks to the several industrial applications. Regeneration is carried out 
with steam from the IP/LP crossover, at about 5.2 bar, in order to take into account pressure drop 
from the power block to the stripper. Stripper working conditions are: temperature of 134°C, 
pressure 3.05 bar and specific heat duty for regeneration of 3.75 GJ/tCO2 [12] [19].The 
condensate is returned to the boiler feed water train. Detailed description of the CO2 capture 
island is reported in [12] [19].  

3.4.4 IGCC WITH CO2 CAPTURE 

The plant configuration for an IGCC plant with pre-combustion carbon capture is shown in 
Figure 3-10. Differences from the reference case without carbon capture start after scrubbing: 
before entering the shift section, syngas is mixed with steam bled from turbine in order to have 
the desired steam to carbon ratio for the shift reaction. Sour water gas shift reaction is performed 
in two reactors to convert as much CO as possible into CO2 and hydrogen. In the first reactor, 
the majority of CO is converted and the heat of reaction is recovered by producing high pressure 
saturated steam in a waste heat boiler; in the second one, the shift reaction is almost completed 
thanks to the lower equilibrium temperature which enhances products formation. A Steam-to-CO 
ratio of 1.9 is set at WGS inlet to control temperature along the reactor [12]. Compared to 
reference case without CO2 capture, COS hydrolysis is directly carried out in the WGS avoiding 
a dedicated reactor and thermal swing. Because of the higher water concentration in syngas at 
the shift section outlet, condensation occurs at higher temperature compared to the no-capture 
case; hence, condensation heat can be recovered for saturator and HP water pre-heating. 
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gasifier diameter, plane wall correlation is used to find an approximation of the natural 
convection term.   

4.7 SYNGAS QUENCH AND COOLING 

The Shell gasification process features several composition and temperature changes not only 
inside the gasifier but also in the syngas cooler, scrubbing and the COS hydrolysis. As 
mentioned before, the syngas quench is carried out by mixing hot syngas with cold recirculating 
syngas. Being at high temperature (syngas leaves the gasifier reactor at 1500-1600°C), cooling 
and quench are necessary for further reactions. Homogeneous chemical reactions during quench 
can contribute to hydrogen formation if the water-gas shift rate is sufficient. The WGS reaction 
inside the quench depends on the mixing rate: if the mixing rate is fast, the temperature gradient 
is high with a steep temperature drop at the inlet of the quench zone. In this case, since the 
uncatalyzed water-gas shift rate is sufficient at least above 1000-1100 °C, hydrogen production 
is negligible. On the other hand, if mixing is slow along the quench section, the temperature 
change of the incoming hot gases is slower allowing the WGS to remain reactive. In entrained 
flow gasifiers, a critical issue which must be addressed is ash sticking on the syngas cooler wall.  
Fly ash together with other solid particles leaving the gasifier must be cooled rapidly to values 
below the ash melting temperature, reaching the solid state before approaching the non-slagging 
wall. That is, mixing has to be vigorous enough to guarantee a high temperature gradient. 
Although hydrogen production is probably negligible inside the quench zone, kinetic simulation 
during gas mixing has been implemented in order to make the Shell ROM as flexible as possible. 

Under quench operating conditions, the syngas quench zone is modeled as a plug flow reactor 
with two different choices for the mixing of the fresh and recirculating syngas: (i) perfect mixing 
at the recirculation inlet, or (ii) progressive mixing along the duct using two discretization zones, 
ten nodes with user defined mixing ratios. Both cases are not adiabatic but feature the interaction 
with the wall, which is considered to be a membrane jacket as in the reactor zone.  

As carbon conversion is possible only inside the gasifier reactor, it is assumed that the solid 
particles are chemically frozen in the quench zone, i.e. no heterogeneous reactions are allowed 
during quench.  The particles are mainly composed by ash and unconverted carbon, which 
accounts for the carbon left in the particle at the end of gasification.  In this zone, particles 
interact with their environment only via heat and momentum exchange. Being below the melting 
temperature and having assigned composition, the particle structure is considered fixed along the 
quench duct.  

The primary role of the quench kinetics model is to assess whether the gas mixing is at 
equilibrium but not to evaluate change in particle composition. The considered conservation 
equations for this section of the model are reported in Table 4-6 
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4.9 RESULTS AND DISCUSSIONS 

The reference simulation was performed using the mass balance reported in Table 4-3, for a 
3000 ton per day of coal. Sensitivity analyses were used to investigate the effects of primary 
variables.  

4.9.1 SYNGAS, PARTICLES AND GASIFIER WALL TEMPERATURE 

Temperature profiles inside the gasifier are shown in Figure 4-11. The gas and particle 
temperatures are shown along the centerline whilst the slag temperature is shown at the wall. 
The gas and particles are in thermal equilibrium for almost all of the gasifier length except in the 
combustion zone where the volatiles are burnt to supply energy for char gasification. A 
temperature peak is observed in the combustion zone at the JEZ inlet. The temperature decreases 
sharply in the zone where gasification takes place. Following carbon conversion, the temperature 
changes due to the heat loss to the membrane wall. The temperature decreases a bit steeper in the 
DSZ than in the last part of the JEZ. Along the JEZ, convective heat transfer to the wall is 
computed using the gas temperature of the recirculation zone (ERZ) which, because it is 
modeled as a WSR, is spatially uniform. However this does not affect the radiation term and 
results in a negligible, although visible, variation. 

The computed temperature at the exit is 1588 °C, which is higher than the value assumed for 
the 0-D simulation reported in paragraph 4.3 (1550 °C) but still consistent with the temperature 
range generally provided by Shell (1550-1600 °C) [29] [30] and [31]. The slag temperature 
refers to the inner value of the slag layer; the corresponding variation along the gasifier is small 
thanks to the contact with the membrane wall which prevents high temperature peak. 

The steam quality and the two-phase heat transfer along the gasifier are shown in Figure 4-12. 
The heat transfer coefficient is strongly dependent on the heat flux at the wall; hence the highest 
value occurs in the combustion zone, decreasing smoothly in the rest of the gasifier. 
Consequently, steam quality features a steeper increase in the combustion zone where the heat 
transfer coefficient is higher while it increases in the rest of the gasifier. The outlet steam quality 
fraction is around 0.25 which is typical of the evaporative section inside large steam generator.  
This would also fit well with standalone gasifier steam plant. 
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4.11 CONCLUSIONS 

A reduced order model of the Shell-Prenflo entrained flow gasifier was developed; two well-
stirred and three plug flow reactors were used to reproduce each gasifier macro zone. The 
development of new simulation tools accounting for the wall heat transfer and the quench 
process allowed reproducing all the features of this gasifier family. The sensitivity analyses with 
respect to the recirculation level inside the reactor showed that the ROM provides interesting 
results even without the adoption of a CFD simulation.  

The fin-based heat transfer model yields to a peak in the two-phase flow heat transfer 
coefficient next to the combustion zone where the heat flow is the highest; the calculated steam 
quality shows the same trend as the heat transfer coefficient. Gas and solid particle outlet 
temperature is 1588 °C while ashes are around 1400 °C. Temperature variation is strongly non-
linear in the first part of the gasifier while it becomes linear when the gasification is almost 
completed. The tube temperature gradient is limited both along its circumference and axial 
direction. The ROM predicts quite accurately the syngas conditions at the scrubber outlet; the 
simulation of the quench mixing resulted to be the main source of difference with the actual 
process. The equilibrium simulation results are accurate when given gasifier compositions are 
available for tuning. The CGE predicted by both the ROM and the equilibrium modes are close 
to the Shell value; additionally, the ROM can be applied to a variety of coal or with different 
operating conditions. Sensitivity analyses showed that the ROM is able to accurately predict the 
chemical behavior such as a change in oxygen feed rate while limits arises when only the fluid 
dynamic is concerned. Finally, substitution of N2 with CO2 as transport gas was investigated 
highlighting the different gasification regimes for the two cases. 
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7 SEWGS INTEGRATION IN CO2 CAPTURE PLANTS 

Nomenclature and Acronyms 

ATR: Auto Thermal Reformer  
CAESAR:CArbon-free Electricity by SEWGS: 

Advanced Materials, Reactor and process 
design 

CCR: Carbon Capture Ratio 
CCS: Carbon Capture and Storage 
COT: Combustor Outlet Temperature 
E: CO2 specific emission rate 
EXP: Expansion 
GHR: Gas Heated Reformer 
HDS: Hydro De-Sulphurization Reactor  
HR: Heat Rate 
HRSC: Heat Recovery Steam Cycle 
HRSG: Heat Recovery Steam Generator 

HTS: High Temperature Shift reactor 
LP: Low Pressure 
 NG: Natural Gas 
NGCC: Natural Gas Combined Cycle 
PSA: Pressure Swing Adsorption 
SEWGS: Sorption Enhanced Water Gas Shift 
SPECCA: Specific Primary Energy Consumption for 
CO2 Avoided 
TIT: Turbine Inlet Temperature 
TITiso: Turbine Inlet Temperature (defined according 

to ISO standard) 
TOT: Turbine Outlet Temperature 
WGS: Water Gas Shift 
��: Efficiency 

7.1 SORPTION ENHANCED WATER GAS SHIFT REACTOR 

7.1.1 THE PRINCIPLE OF THE SEWGS PROCESS 

The combination of high temperature equilibrium reactions with pressure swing adsorption 
(PSA) processes was investigated in the 1990s by Air Products and Chemicals Inc. From this 
work, SEWGS evolved and has since been studied further within the CO2 Capture Project (CCP) 
[1] and in Cachet Framework Programme 6 (FP6) [2]. It was further developed in CAESAR FP7 
project [3] for natural gas, coal and blast furnace applications.  

SEWGS comprises of multiple fixed beds operating in parallel that adsorb CO2 at high 
temperature and pressure, and release it at low pressure. The combination of CO2 conversion and 
removal enhances the H2 production and the purity of the stream feeding the Gas Turbine (GT) 
combustor, whilst a separate CO2 by-product can be recovered from the adsorbent by 
regenerating the bed [4]. This stream can then be compressed and sequestered with further clean-
up. 
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The advantages of combining the water gas shift reaction with separation of CO2 are: 

�x Process simplification: CO2 conversion and separation at high temperature removes the 
need for low temperature shift reactor and potentially reduces the size or eliminates the 
high temperature shift reactor as well. 

�x High hydrogen and CO2 recovery: in conventional pre combustion CO2 capture, the 
WGS section leaves part of the CO unconverted, which results in lower hydrogen and 
CO2 recovery. In SEWGS, all the CO is converted and hydrogen recovery is maximized. 

�x Better heat integration: CO2 is captured at high temperature, while in conventional pre-
combustion systems the capture is performed at ambient or even sub-ambient 
temperatures with thermodynamic disadvantages.  

�x Lower steam usage in HTS/LTS: removal of CO2 in SEWGS requires lower steam usage 
than conventional HTS/LTS because equilibrium is moved towards products thanks to 
product subtraction rather than reactant concentration. 

7.1.2 DESCRIPTION OF THE SEWGS PROCESS 

The SEWGS process is based around a multi-bed PSA unit with each vessel filled with CO2 
adsorbent and WGS catalyst. These vessels are then subjected to a sequence of process steps, i.e. 
a process cycle that produces a decarbonized hydrogen stream during the sorption/reaction step 
which ends at a predeterminated level of CO2 breakthrough, and a CO2 rich stream during 
sorbent regeneration [5] [6]. A pressure swing cycle that reduces the gas phase partial pressure 
of CO2 is employed to regenerate the adsorbent and to produce a low-pressure stream rich in 
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CO2. This process is hence similar to pressure swing adsorption units commonly used for air 
separation, hydrogen purification, and other gas separations. The SEWGS cycle contains several 
different steps and is illustrated in Figure 7-2. 
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The process starts with the feed, where the syngas at high pressure and temperature (i.e. about 
30 bara and 400°C) goes through the SEWGS reactor, the CO2 is captured and a hydrogen-rich 
stream is produced. This yields a hydrogen-rich product at essentially feed pressure and higher 
temperature because of the WGS reaction taking place (450°C). When the sorbent is saturated by 
CO2, the feed gas is directed to another vessel while regeneration starts in the current vessel. The 
first step of regeneration is a rinse step, where steam is sent to the SEWGS reactor to sweep the 
hydrogen still present in the reactor and send it to feed of another vessel. Without this step, a 
significant quantity of fuel gas would end up in the CO2 product, reducing its purity and 
negatively affecting the system efficiency. The steam usage for the rinse step is a trade-off 
between the necessity to recover as much as H2-rich gas possible and the efficiency penalty for 
steam extraction. A different rinse gas such as nitrogen or CO2 itself can be adopted, but steam is 
preferred because of its availability and guarantees high CO2 purity. After rinse, co- or counter-
current pressure equalizations (EQ2-EQ3) start in order to limit the compression work. At the 
end of the last equalization step, the vessel contains only a mixture of CO2 and steam. 

Recovery of CO2 is achieved in the next two steps named depress and purge. The 
depressurization step is carried out counter-currently down to the pressure of CO2 recovery, then 
steam is used to counter-currently purge the bed. The purge steam pressure must be high enough 
to overcome the pressure drop of the adsorber/reactor; the steam can be either bled from the 
turbine or produced with a dedicated level in the HRSG. The effluent gas is a low pressure CO2 
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/steam mixture at around 400 °C. The final step of the process consists of vessel re-
pressurization, first by accepting gas from other vessels undergoing the pressure equalization 
EQ3, EQ2 and EQ1, and later by receiving counter-current product gas. Multiple beds are 
necessary in order to produce a continuous stream of hydrogen and CO2; the optimal number of 
beds is usually between six to eight reactors, all connected with valves, which is a good 
compromise between installed cost and efficiency. 

7.1.3 SORBENT CHARACTERIZATION 

The solid-phase high-temperature CO2 adsorbent is the heart of the SEWGS process. The 
material must efficiently adsorb and desorb CO2 via pressure swing cycles (between ~30 and 
~1.0 bar) at operating temperatures in the range of 350-550 °C. Sorbent must be characterized by 
some important features concerning the following aspects: 

�x High CO2 capacity and selectivity over H2 
�x Low H2O adsorption  
�x Low specific cost 
�x Mechanical stability under pressure and temperature variation  
�x Chemical stability in the presence of impurities 
�x Easily regenerated by steam (CAESAR target, 2 mol steam/ mol CO2) 

In particular, CO2 adsorption capacity is the key parameter to develop an efficient capture 
system with low efficiency penalties. By increasing the CO2 adsorption capacity, more CO2 can 
be captured in the same volume reducing the steam usage for rinse and purge with further 
benefits from energy perspective. 

The reference sorbent considered in this work for the SEWGS process was developed within 
CAESAR project and was named for simplicity Sorbent Alfa; Sorbent Alfa is a potassium 
carbonate hydrotalcite-based material and it was considered as reference [7]. This sorbent was 
tested under thousands of cycles in the multicolumn facility at ECN, showing similar 
performances but improved mechanical stability compared to the previous sorbent used in the 
CACHET project [8]. Finally, Sorbent Alfa showed the capability to adsorb H2S together with 
CO2; H2S is also desorbed during purge step. Hence, sulphur separation from the syngas is 
performed by SEWGS, and an additional purification process is required downstream to separate 
sulphur from carbon dioxide [9]. Section 7.6.2 is dedicated to solve this issue   

In addition to the cases developed for Sorbent Alfa, a more advanced solution based upon an 
improved sorbent (named Sorbent Beta) capable of enhancing the system performance was 
evaluated. Compared to Sorbent Alfa, the new sorbent showed a more advantageous isotherm 
shape and an adsorption capacity about 60% or 100% higher than the reference material, at 
design feed conditions for natural gas and coal respectively (CO2 partial pressure equal to 2.8 
bara for NG and 6 bara for coal). This performance reflects the behavior of a new type of sorbent 
recently tested in ECN laboratories based on different composition than Sorbent Alfa.  
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Depending on the adsorbent features, the SEWGS reactor may require the adoption of a 
common HTS catalyst which would be mixed with the adsorbent. Experiments at ECN 
demonstrated that the developed sorbent promotes WGS reaction making the catalyst pointless. 
Therefore, in this work, SEWGS is considered to be filled only with adsorbent. 

7.2 MODELING THE SEWGS PROCESS 

The SEWGS modeling activity was carried out exclusively by Air Products as part of the 
CAESAR project framework and is extensively discussed in [10]. Therefore, only a brief 
summary of [10] is here reported in order to facilitate the understanding of the following process 
modeling. 

The SEWGS model is based on PSA simulators already described in literature [11] with some 
additional complexity in the inclusion of WGS reaction terms. Assumptions made in the model 
include: 

(1) Radial gradients within the vessel are zero, so a one-dimensional model is acceptable. 
(2) The adsorbent bed can be treated as homogeneous with constant physical and geometric 

properties along its length. 
(3) Axial dispersion and pressure gradients are negligible. 
(4) Mass transfer can be described by linear driving force (LDF) with a single lumped 

coefficient. 
(5) Gas and solid are in local thermal equilibrium. 
(6) Ideal gas behavior. 
(7) The water-gas-shift reaction rate depends on the gas phase compositions. 

The SEWGS model is based on partial differential equations which resolve: i) the material 
balance of each individual component, ii) the energy balance for combined gas and sorbent and, 
iii) the wall energy balance. These equations were spatially discretised using a finite volume 
method and then solved in time using an implicit integration technique.  Grid sizing was refined 
until negligible numerical errors were obtained. 

The breakthrough test data were used to fit the parameters for the SEWGS model. With the 
model matched reasonably well with the experimental data, the tool was used to predict the 
performance of commercial size units to allow an estimate of sizing and operating cost.   

Figure 7-3 a) and b) show an example of what happens inside the SEWGS reactor: the CO2 
loaded on the sorbent in a) and the H2O molar fraction in b). The highest CO2 loading is not 
found during the feed stage, but at the end of rinsing. This is because CO2 is still at high pressure 
during this step and the sorbent is slowly taking it out of the gas phase as it reaches equilibrium.  
As the pressure is reduced through the equalisation and depressurisation steps, then the amount 
of CO2 on the sorbent is reduced.  This drops further during the purge step when low pressure 
steam is used to enhance desorption.  Due to the highly favorable shape of the isotherm, the H2-
product end of the bed always has a high loading, but this relates to only a small slip of CO2 
from the sorbent. 

Figure 7-3 b) shows how the molar fraction of steam varies over the course of the cycle. 
During the feed step there is a rise in steam concentration along the length of the bed as CO2 is 
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adsorbed, although this is countered in part as H2O is lost as it reacts with CO.  During the rinse 
step, steam is introduced at the product end of the bed, but this does not need to pass through the 
entire sorbent.  Instead, the equalisation steps are used to reduce the pressure causing the steam 
at the H2-product end of the bed to expand and push out void gas into a vessel being 
repressurised.  At the end of the equalisation steps, steam and CO2 alone are present in the voids. 
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7.3 APPROACH TO SEWGS INTEGRATION WITHIN POWER PLANTS 

As common to all pre-combustion systems, the SEWGS process significantly modifies the 
power plant layout. From a macroscopic point of view, both in natural gas, coal and blast 
furnace applications, the resulting overall plant can be ideally divided into three sections: 

�x Section 1: syngas production island. It consists of the chemical reactors and all the 
equipment required to convert the initial fuel feedstock into a CO rich syngas. In natural 
gas fired plants it comprises the GHR-ATR; in the coal plants it consists in the coal 
gasifier and air separation unit. Finally in steelworks it is represented by all the reactors 
which produce the blast furnace mixture. 

�x Section 2: CO2 separation and hydrogen rich mixture production island. In all the 
considered plants it is identified by: i) the WGS, ii) the SEWGS itself, iii) the CO2 
compression train and iv) all the heat exchangers following the syngas production.  

�x Section 3: power island. It comprises the gas turbine (GT) and all the equipment of the 
heat recovery steam cycle (HRSC). 

In a previous work [12] the level of integration between the three sections in case of natural 
gas plant was extensively studied. From a qualitative point of view, a tight integration between 
the syngas, hydrogen and power island reduces the efficiency penalty, but may lead to higher 
investment costs and lower operational flexibility. 

Three different levels of integration between the hydrogen and power islands were 
considered: 

�x Level of integration 0 
1. No interactions exist between the three areas: all the steam required by the SEWGS 

is produced inside sections 1 and 2. 
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2. Air for the ATR is taken from an electrically driven air compressor. 
�x Level of integration 1 

1. Syngas and hydrogen islands are close linked with the power island. 
2. Air for the ATR is taken from an electrically driven air compressor. 

�x Level of integration 2 
1. Syngas and hydrogen islands are close linked with the power island. 
2. Air for the ATR is taken from GT air compressor and sent to a blower (required to 

overcome the pressure drops). 

The integration between syngas, hydrogen and power islands enhances the heat recovery; the 
cooling of the GT exhausts contributes to meet the steam demand as much efficiently as 
possible. In particular, two different utilizations of the CO2-steam stream were investigated: in 
the first, the stream was cooled to ambient temperature recovering heat for the NG saturator and 
pre-heating, while in the second a sub-atmospheric expander was adopted to produce power 
while limiting heat rejection.  

The three different levels of integration were extensively discussed and compared at constant 
sorbent performances in [12]. The best case arisen featured the tighter integration between the 
different sections with the expansion of the CO2-steam stream. Therefore all the cases further 
developed and reported in this work are always based on tight integration of the sections. 

7.4 PROCESS PARAMETERS AND INVESTIGATED CASES 

The number of operating parameters that can be varied with respect to the SEWGS 
technology and the optimization of such a process is a complex task.  In order to establish which 
SEWGS working conditions maximize the plant efficiency (and the economics), the following 
parameters were investigated: 

�x CO2 purity: it was found that the CO2-product purity is a strong function of the 
amount of rinse steam introduced to the vessel [10]. The more steam that is added, the 
more voids gas is flushed out and the purer the CO2-product. As the penalty of losing 
H2 from the process into the CO2-product is significant and justifies the use of a high 
rinse quantity, a CO2 purity in the 98-99% were considered. 

�x SEWGS CCR: it accounts for the carbon recovery in the SEWGS (captured CO2 to 
total carbon input ratio). Even though carbon capture rates of 100% can be achieved in 
the SEWGS, the penalty in terms of purge steam requirement and/or adsorbent 
quantity pushes the carbon capture rate lower. Three values have been considered: 90, 
95 and 98%. 

�x Purge Pressure: the purge pressure fix the pressure of the tail gas released from the 
SEWGS. Differently from the common PSA, the tail gas must always be 
recompressed up to the CO2 capture pressure. Therefore the choice of purge pressure 
is not straightforward. Modelling showed that decreasing the purge pressure results in 
a reduction in the purge gas quantity as the equilibrium driving force for desorption is 
increased [10].  On the other hand, a lower purge pressure requires more power to 
compress the CO2 product. It was found from the SEWGS modelling that an 
additional penalty for operating at very low pressure is that it causes steam to desorb 
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from the sorbent [10].  This would be replaced by the steam content of the feed gas 
reducing the inert fraction in the hydrogen rich syngas and therefore requiring more  
N2 as diluent. Moreover, operating below atmospheric pressure also causes safety 
concerns on hydrogen plants. Taking into account all considerations, the optimum 
purge pressure for this sorbent material was found to be around atmospheric pressure. 

�x Size and quantity of vessels required: it is determined by the amount of sorbent used 
for the SEWGS process. Larger amounts of sorbent mean lower cyclic capacities can 
be used, so less purge steam is required [10].  On the other hand, the amount of rinse 
steam required increases as more void gas is present that must be flushed out.  A vice-
versa result is found when the sorbent quantity is decreased. Optimization of vessel 
size-quantity is also linked to the cycle time for the SEWGS process: short cycle times 
result in lower purge requirements as the cyclic capacity of the sorbent can be reduced 
due to the smaller quantity of CO2 introduced each cycle.  However, the vessel must 
be rinsed and the voids flushed out more often, increasing the amount of rinse steam 
required. When varying the sorbent quantity and the cycle time there is the need to 
cope with the fluidization limits: it constrains the smallest cycle time and the largest 
vessel size that can be adopted.  This limitation can be worked out by using more 
trains of SEWGS units with smaller vessels and shorter cycles, but with capital cost 
penalty.  

All the aforesaid parameters affect not only the SEWGS but also the power plant performance 
(first of all the purge/rinse steam demand). It results that the SEWGS optimization must be done 
together with the overall power plant simulation.  

The following paragraphs report therefore all the cases considered for the SEWGS 
optimization within a power plant either natural gas, coal or blast furnace fuelled. 

7.4.1 SEWGS WORKING CONDITIONS FOR NATURAL GAS PLANTS 

Table 7-1 summarizes the cases investigated in this work for natural gas plant and Sorbent 
Alfa. The investigated values range between 90 and 98% for CCR, fixing CO2 purity either equal 
to 98 or 99%. Other parameters that affect steam usage, such as number of trains, number of 
vessels per train and purge pressure, are kept constant at values of 8 x 9 and 1.1 bara 
respectively; all these parameters were deeply investigated within CAESAR project and the 
values adopted in this work are the best trade-off between efficiency-economics and feasibility 
of the SEWGS reactor. Vessel length is fixed at 34 ft (10.36 m) since shorter vessel would 
require too high steam flow-rate. In terms of purge pressure, sub-atmospheric conditions are 
challenging because of fluidization limits inside the bed (fluidization depends on volumetric 
flow and consequently, low pressure enhances fluidization phenomena). Cases with 99% CO2 
purity and 98% CO2 capture were not considered to avoid exceedingly high steam usage. 

The overall steam usage adopted in the previous work [12] was significantly lower (both 0.9 
for a carbon capture ratio of 98% and CO2 purity of 99%) than the values reported in Table 7-1, 
leading to different and more optimistic thermodynamic performances.  
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�6�R�U�E�H�Q�W���$�O�I�D�� 

 Case 1 Case 2 Case 3 Case 4 Case 5 
Purity (%) 98 98 98 99 99 
Carbon capture ratio (%) 90 95 98 90 95 
Rinse flow (S/C ratio) 0.73 0.74 0.75 0.85 0.86 
Purge flow (S/C ratio) 1.41 2.13 3.08 1.45 2.16 
 

The cases analyzed with Beta Sorbent are summarized in Table 7-2. Only the 99% purity 
cases were considered, since it resulted as the more interesting one. Moreover, the higher 
capacity allowed investigating also additional cases as 98% CCR and 99% purity, and different 
vessel numbers (six trains instead of eight); for reference sorbent, these cases were not allowed 
due to a fluidization constraint, and too high steam usage. When the vessel volume is the same 
as for Sorbent Alfa cases, the improved capacity of Sorbent Beta reduces significantly the 
amount of purge steam required (about 90%), and only slightly that of  rinse steam. This is 
because the rinse steam mainly depends on total sorbent volume and target CO2 purity, while 
purge steam is a function of sorbent capacity.  

When a lower number of vessels is considered, thus reducing total sorbent volume, rinse 
steam reduction occurs with penalties in terms of purge steam usage. It must be outlined that 
efficiency penalties related to rinse are significantly higher than purge ones (rinse is at about 30 
bara instead of 1.1 bara of purge). 

�7�D�E�O�H����-�������6�(�:�*�6���Z�R�U�N�L�Q�J���F�R�Q�G�L�W�L�R�Q�V���Z�L�W�K���6�R�U�E�H�Q�W���$�O�I�D���D�Q�G���6�R�U�E�H�Q�W���%�H�W�D�� 

 Case 4 Case 5 Case 6 Case 4 Case 5 Case 6 
Vessel n° 8 x 9 6 x 9 
Vessel length 34 ft 34 ft 
Purity, (%) 99 99 99 99 99 99 
CCR, (%) 90 95 98 90 95 98 

 Rinse Purge Rinse Purge Rinse Purge Rinse Purge Rinse Purge Rinse Purge 
Alfa Sorbent 0.85 1.45 0.86 2.16 - - - - - - - - 
Beta Sorbent 0.80 0.14 0.82 0.31 0.85 0.55 0.57 0.35 0.60 0.64 0.62 1.21 
Delta steam, (%) -6 -90 -5 -86 - - - - - - - - 

7.4.2 SEWGS WORKING CONDITIONS FOR COAL PLANTS 

Table 7-3 summarizes the cases investigated in this work for coal plant and Sorbent Alfa. 
Investigated values range between 90 and 98% for CCR, while CO2 purity is equal to 98%, 99% 
and 99.5%. Other parameters that affect steam usage, such as number of trains, number of 
vessels per train and purge pressure, were kept constant at values of 6x9 and 1.1 bar 
respectively; vessel length is fixed at 40 ft (12.2 m) since shorter vessel would require too high 
steam flowrate.  

It can be noted that the amount of rinse affects the CO2 purity, while purge influence CCR. In 
the previous work [13], rinse and purge S/C ratio were assumed equal to 0.65 for a carbon 
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capture ratio of 98% and CO2 purity of 99%, thus purge flows were significantly different 
compared to steam usages measured recently.   

Finally, a case with five trains instead of six, CO2 purity 99% and CCR 90%, was 
investigated. Resulting S/C ratio are equal to 0.35 and 1.49 for rinse and purge step respectively. 
Higher CCR cannot be considered because of the too large steam flow rate.  

�7�D�E�O�H����-�������6�(�:�*�6���Z�R�U�N�L�Q�J���F�R�Q�G�L�W�L�R�Q�V���L�Q�Y�H�V�W�L�J�D�W�H�G���I�R�U���F�R�D�O���S�O�D�Q�W���D�Q�G���6�R�U�E�H�Q�W���$�O�I�D�� 

Purity (%) 98.0 99.0 99.5 
CASE A,1 A,2 A,3 B,1 B,2 B,3 C,1 C,2 C,3 
Carbon capture ratio (%) 90 95 98 90 95 98 90 95 98 
Rinse flow (S/C ratio) 0.33 0.34 0.34 0.43 0.44 0.44 0.49 0.49 0.49 
Purge flow (S/C ratio) 0.60 0.96 1.40 0.68 1.06 1.49 0.72 1.11 1.54 

The cases analyzed with Sorbent Beta are summarized in Table 7-4 and are quite different 
from Sorbent Alfa ones since the higher capacity leads to: (i) more flexible solutions and, (ii) no 
fluidization constraints. For this reason, no direct comparison between these two sorbents is 
presented.  As far as Sorbent Beta is concerned, only 99% CO2 purity cases was considered, 
since it resulted as the most interesting one.  About CCR, 95% and 98% cases were investigated. 
Case at 90% CCR was not taken into account because for bed length of 34 ft, even with zero 
purge flow, the resulting CCR was higher and equal to 92%. 

�7�D�E�O�H����-�������6�(�:�*�6���Z�R�U�N�L�Q�J���F�R�Q�G�L�W�L�R�Q�V���L�Q�Y�H�V�W�L�J�D�W�H�G���I�R�U���F�R�D�O���S�O�D�Q�W���D�Q�G���6�R�U�E�H�Q�W���%�H�W�D�� 

Vessel n°  5 x 9 5 x 9 
CCR (%) 95 98 
Purity (%) 99 99 
Vessel length (ft/m) 22/6.7 28/8.5 34/10.4 22/6.7 28/8.5 34/10.4 
Rinse (S/C ratio) 0.23 0.29 0.36 0.24 0.30 0.38 
Purge (S/C ratio) 0.85 0.27 0.08 1.43 0.47 0.20 

Rinse steam increases with vessel length, but it is not significantly affected by CCR. On the 
contrary, purge flow depends on vessel length as well as total sorbent volume. This is because 
rinse is required to flush the syngas out of the bed once it is saturated by CO2, so it is a function 
of sorbent volume to be swept, while purge depends on sorbent capacity: higher CCR and lower 
sorbent volumes require a higher sorbent regeneration, hence steam flow. The same analysis 
could be carried out reducing vessel numbers instead of length. However, it will not change 
thermodynamic performances of the plant.  

7.4.3 SEWGS WORKING CONDITIONS FOR STEELWORKS PLANTS 

SEWGS operating conditions adopted in this case are reported in Table 7-5; values are 
presented in terms of the required kmols of steam relative to the kmols of total carbon in the 
feed. Values are reported for the two different sorbents, Alpha and Beta. The number of trains, 
vessels per train, the purge pressure and the CO2 purity were kept constant. 
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Sorbent type Sorbent Alpha Sorbent Beta 
SEWGS CCR % 95 95 
Train number 6 trains x 9 vessels 6 trains x 9 vessels 
Purge pressure [bar] 1.1 1.1 
CO2 purity [%] 99 99 
Steam demand  Rinse Purge Rinse Purge 
[molH2O/molCarbon] 0.52 0.89 0.20 0.26 
Temperature [°C] 400 400 
Pressure [bar] 28.0 1.25 28.0 1.25 

7.5 NATURAL GAS PLANT 

7.5.1 PLANT LAY-OUT 

The SEWGS lay-out, shown in Figure 7-4, is based on the advanced configuration developed 
in [12] which featured the tighter integration among the different sections and with CO2-steam 
stream expansion (formerly named Integration 2 EXP). It was selected in order to limit exergy 
losses, with advantages from an efficiency point of view, adding some interconnections between 
the hydrogen island and the HRSG. Moreover, air for the reforming is taken at the GT air 
compressor outlet: this solution enhances the compression efficiency as the air flow rate at the 
compressor inlet is close to the design conditions: no Variable Guide Vanes (VGV) control is 
necessary with increased surge margin and control range. The main drawback is the more 
complex start-up. Steam for reforming and SEWGS operation is taken from the HRSG allowing 
optimized heat management. Methane reforming and rinse steam demand is met by bleeding 
from cold reheat (RH) at 28 bara, while the purge steam is produced in a dedicated loop at 
400°C and 1.10 bara in the HRSG. Following the fuel feeding: NG, which is available at 70 bara 
and 10°C from the pipeline, is mixed with a small amount of hydrogen1 and preheated to 380°C, 
as required by the Hydro DeSulphurization reactor (HDS), through a recuperative and a syngas 
heat exchanger. The HDS process is assumed to be at about 29 bara which is set by the 
minimum fuel overpressure at the GT combustor inlet (NG throttling is considered as in the 
reference case [14]). NG is then saturated, heated to 300°C and mixed with steam bled from the 
steam turbine to reach the 1.1 Steam-to-Carbon (S/C) ratio required by the GHR-ATR reactor. 
Modeling of the GHR-ATR is calibrated using data available in open literature [15] [16] [17] 
and already discussed in chapter 3. After additional pre-heating, the NG-steam mixture enters 
the GHR-ATR reactor together with air; between the GT compressor and GHR-ATR, an 
electrically driven compressor is added to achieve the reforming pressure. The air flow rate is 
selected to achieve an equilibrium temperature of 950°C inside the reformer. 

After the GHR-ATR, the syngas is cooled down to about 410 °C producing HP saturated 
steam in a waste heat boiler: the saturated water is taken from the HP drum, evaporated and sent 
back to the HRSG. Adoption of a waste heat boiler instead of SH or RH heat exchangers 
prevents metal dusting as that maximum metal temperature is limited to 400 °C, which is 
considered the starting value of this phenomenon [18]. Then, syngas enters a preliminary high 

                                                 
1The hydrogen content is set at 2% in the stream as required by the desulphurization process. 
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temperature shift (HTS) reactor whose inlet and outlet temperatures are about 310 °C and 400 °C 
respectively. HTS is followed by SEWGS. The preliminary shift step upstream of the SEWGS is 
required to reduce the temperature rise inside the multiple beds which can be detrimental for 
sorbent capacity and stability. Indeed, this is a conservative solution which aims to preserve the 
sorbent integrity limiting at the same time the SEWGS reactor complexity, i.e. the cost. 

 The hydrogen rich stream produced by SEWGS is sent to the GT combustor after cooling to 
350°C producing HP steam for the HRSG. 

The CO2-steam stream regenerated from the SEWGS unit superheats rinse steam, and is 
then expanded in a multi-stage axial turbine, similar to the LP stages of a steam turbine, but 
without liquid phase issues. The expander outlet pressure and temperature depend on the steam 
content in the stream (a sensitivity analysis on this parameter is discussed in the results section). 
Then the stream is cooled, producing hot water for the saturator and NG pre-heating.  
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Point G T p  Composition, %mol. 
 kg/s °C bara CH4 C2H6+C3H8 CO CO2 H2 H2O Ar N2 O2 

1 16.7 10.0 70.0  Natural Gas as reported in chapter 3 
2 17.2 382.0 28.95 85.9 7.8 .02 1.9 2.00 0.1 .02 0.9 - 
3 17.2 123.2 28.66 85.9 7.8 .02 1.9 2.00 0.1 .02 0.9 - 
4 21.9 159.3 28.09 67.4 6.1 .02 1.5 1.6 21.6 .01 1.7 - 
5 21.9 300.0 27.53 67.4 6.1 .02 1.5 1.6 21.6 .01 1.7 - 
6 37.1 302.1 27.53 40.0 3.6 .01 .9 .9 53.5 .01 1.0 - 
7 105.3 950.0 25.64 0.5 - 12.7 4.0 34.7 16.1 0.4 31.60 - 
8 105.3 646.1 25.38 0.5 - 12.7 4.0 34.7 16.1 0.4 31.60 - 
9 105.3 409.8 25.13 0.5 - 12.7 4.0 34.7 16.1 0.4 31.60 - 

10 105.3 311.9 24.63 0.5 - 12.7 4.0 34.7 16.1 0.4 31.60 - 
11 105.3 402.4 23.64 0.5 - 5.0 11.6 42.4 8.4 0.4 31.60 - 
12 94.7 430.8 1.05 - - - 23.6 .1 76.1 - .1 - 
13 94.7 79.1 0.15 - - - 23.6 .1 76.1 - .1 - 
14 40.9 25.0 110.0 - - - 99.0 .6 - - .4 - 
15 63.1 350.0 23.17 0.6 - .7 .3 56.2 3.8 0.4 37.9 - 
16 33.7 190.0 110.3 - - - - - 100.0 - - - 
17 15.1 400.0 27.0 - - - - - 100.0 - - - 
18 15.2 335.5 27.5 - - - - - 100.0 - - - 
19 37.9 400.0 1.25 - - - - - 100.0 - - - 
20 46.7 337.1 130.0 - - - - - 100.0 - - - 
21 650.0 15.0 1.01 Air as reported in chapter 3 
22 514.6 COT   1440.0 17.61 - - - .4 - 16.3 .9 72.9 9.5 

  TIT    1360.1           
  TITISO 1258.8           

23 644.8 595.2 1.04 - - - 0.4 - 13.4 0.9 73.7 11.6 
24 644.8 70.0 1.01 - - - 0.4 - 13.4 0.9 73.7 11.6 
25 198.9 559.5 120.9 - - - - - 100.0 - - - 
26 151.1 561.0 22.55 - - - - - 100.0 - - - 
27 92.6 32.2 0.048 - - - - - 100.0 - - - 
28 37.2 338.0 131.3 - - - - - 100.0 - - - 

Net Power Output   425.20 MW Net Electric Efficiency 47.68 
 

7.5.2 RESULTS 

Figure 7-5 shows the influence of the CO2 avoided on plant net electrical efficiency and 
SPECCA. It can be seen that increasing CO2 capture above 90%2 leads to significant efficiency 
penalties because of the exponential increase of steam usage (see Table 7-1). The best 
compromise in terms of SPECCA leads to CO2 avoided values between 85-90%, however only 
the economic assessment discussed in chapter 9 will be able to confirm it. 

The curves in the figure demonstrate that there is negligible impact of CO2 purity on system 
performance (outlet expander pressure is set at 0.15 bara): the higher steam usage for rinsing (2 
kg/s out of 15.05 kg/s) is balanced by the lower amount of hydrogen captured with the CO2 and, 
consequently, lost (0.7 MWLHV for 99% purity vs 1.4 MWLHV for 98% purity). 

                                                 
2 Corresponding SEWGS CCR are lower, due to unconverted CH4 
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CO2-steam expander outlet pressure is another parameter to be optimized both in term of 
efficiency and economic point of view: lower exiting pressure might increase the power output 
and efficiency, but penalizes the economics due to the higher volumetric flow rate. The 
optimization was carried out for 99% of CO2 purity and CO2 capture ratio of 95%. (case5 
according to definition in Table 7-1). 

As shown in Figure 7-6, the highest efficiency (and lower SPECCA) is achieved for 
expander outlet pressure in the range of 0.15 bara. The optimal condition is a compromise 
between recovered condensation heat by the expander and higher CO2 compression work. It 
must be outlined that for higher outlet pressure, expander and CO2 compression work decrease 
together with investment costs.  
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