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ABSTRACT

The exploitation of the Canadian oil sands is extremely expensive in terms of energy and
cost. Alberta’s oil sands companies extract bitumen and upgrade most of it to synthetic
crude oil. During the upgrading, a large amount of petroleum coke is produced. Currently,
this waste product is stockpiled, causing concerns on the possible effects for public health.
In this work, petroleum coke gasification is evaluated as a source of energy for the
processes.

Steam assisted gravity drainage (SAGD) method was selected for bitumen extraction. The
technology considered for primary conversion of bitumen is thermal cracking and
specifically delayed coking.

Once the streams energy demand is estimated, an energy infrastructure is created. In
particular, a reference case (RC) and a gasification case (GC) are modeled with Aspen
Plus. For both RC and GC the external fuel required and the CO, emissions are calculated.
Additionally, a net energy analysis (NEA) was performed for each case.

The RC represents the current energy infrastructure of the oil sands industry. The results of
the RC are then compared with the results obtained in similar studies.

In the GC, a gasification plant has been integrated in the energy infrastructure. The

gasifier uses Shell’s technology and is fueled with the petroleum coke generated from the
bitumen upgrading. This plant produces electricity, steam and hydrogen for the processes.
The GC is modeled both in CO, venting and carbon capture and storage (CCS) scenarios.

Upon modeling these two different systems, a comparative analysis is conducted which
compares their performance and the emissions.

Keywords: Oil sands; Process modeling; Shell gasification; Polygeneration; Petroleum
coke; Aspen plus simulation;
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SOMMARIO

Lo sfruttamento delle sabbie bituminose canadesi risulta essere estremamente dispendioso
dal punto di vista energetico ed economico. Le compagnie operanti nel settore estraggono
il bitume dal sottosuolo e ne raffinano la maggior parte ad olio sintetico. Durante la
raffinazione, viene prodotta una grande quantita di coke di petrolio. Attualmente, questo
prodotto di scarto viene accatastato, causando preoccupazione per i possibili effetti
negativi sulla salute delle persone. In questo studio, la gassificazione del coke di petrolio
per la produzione di energia viene valutata come possibile alternativa al sistema attuale.

Sono stati considerati la tecnologia SAGD per I’estrazione del bitume dal sottosuolo ed il
coking ritardato come metodo di conversione primaria del bitume.

Dopo aver calcolato la domanda di energia, ¢ stato costruito un modello in grado di
soddisfarla. In particolare, tramite 1’utilizzo del software Aspen Plus, sono stati creati un
caso base (RC) e un caso con gassificazione (GC). Per entrambi i modelli, sono state
calcolate le emissioni di CO2. Sia per il RC sia per il GC inoltre, ¢ stata effettuata
un’analisi energetica chiamata Net energy analysis (NEA).

I1 RC ¢ rappresentativo dell’attuale situazione nell’industria delle sabbie bituminose. I
risultati ottenuti per il caso base sono stati confrontati con i risultati disponibili in
letteratura da altri studi simili.

Nel GC, ¢ stato integrato un impianto a gassificazione all’interno della struttura del RC,
sostituendo parte delle tecnologie adottate precedentemente. Il gassificatore usa la
tecnologia Shell ed ¢ alimentato con il coke petrolifero generato dalla raffineria. Questo
impianto produce elettricita, vapore e idrogeno per i vari processi. Per quanto riguarda il
GC, é stato simulato anche uno scenario con cattura della CO, che riduce notevolmente le
emissioni generate dall’impianto.

Infine, le prestazioni e le emissioni generate dai due scenari RC e GC sono state
confrontate tra di loro e analizzate.

Parole chiave: Sabbie bituminose; Process modeling; Gassificazione Shell;
Poligenerazione; Coke petrolifero; simulazione Aspen Plus;
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ESTRATTO

Le sabbie bituminose dell'Alberta sono, dopo Arabia Saudita e Venezuela, la terza piu
grande riserva di petrolio del mondo. Esse consistono in un miscuglio di bitume, sabbia,
argilla e acqua. Nonostante I’abbondanza nel sottosuolo, il recupero del bitume ¢
particolarmente arduo e dispendioso energeticamente. Uno dei metodi piu diffusi di
estrazione del bitume in Alberta ¢ la tecnologia di Steam Assisted Gravity Drainage
(SAGD). La tecnologia SAGD prevede la perforazione di due pozzi orizzontali nel
sottosuolo. Una gran quantita di vapore saturo ad alta pressione viene continuamente
iniettata attraverso il pozzo superiore. Il vapore acqueo forma una "camera di vapore" che
cresce orizzontalmente e verticalmente nella formazione. Il vapore scalda il bitume e ne
riduce la viscosita, condensando a propria volta e costringendo il bitume a defluire nel
pozzo inferiore per gravita. Nel pozzo inferiore sono installate delle pompe sommerse che
portano il bitume in superficie, assieme ai gas disciolti in esso e all’acqua condensata.

I diversi fluidi vengono in seguito separati attraverso un trattamento altrettanto dispendioso
energeticamente.

Per quanto detto dunque, 1’estrazione del bitume dal sottosuolo necessita di un input
energetico estremamente elevato dall’esterno, sotto forma di vapore ed energia elettrica..

Il bitume estratto ¢ un prodotto ancora estremamente grezzo e pesante. Le normali
raffinerie di petrolio non possiedono le caratteristiche necessarie per poterlo raffinare e per
produrre combustibili liquidi commerciali. Per rendere questo prodotto competitivo sul
mercato ¢ richiesta un raffinazione intermedia. Il risultato della raffinazione intermedia ¢
chiamato olio sintetico e possiede caratteristiche simili ai crudi leggeri.

La raffinazione intermedia consiste solitamente in un cracking termico ad alta temperatura
a cui segue un’idrogenazione dei prodotti liquidi in hydrotreaters per rimuovere solfo e
composti azotati.

La raffinazione intermedia richiede anch’essa grandi quantitativi di energia, sotto forma di
idrogeno, elettricita e vapore.

E’ chiaro dunque che il processo di estrazione del bitume e la sua raffinazione ad olio
sintetico consumino quantitativi di energia primaria estremamente elevati.

A causa delle altissime emissioni di anidride carbonica , le 0il sands da sole sono il pit
grande emettitore di gas serra di tutto il Canada. Per questo motivo il governo canadese da
tempo cerca di limitare le emissioni legate a questa attivita tramite penalita sulle emissioni.
Dal 2007 ¢ in vigore una norma che prevede la riduzione del 12% delle emissioni di CO,
rispetto ai valori del 2005.

Il coking ritardato ¢ il processo di cracking termico piu diffuso nell’industria delle oi/
sands. Ad onor del vero, questo processo non ¢ affatto il piu efficiente in commercio.
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Tuttavia, esso risulta di gran lunga il processo piu economico, ad oggi, per la raffinazione
del bitume in Nord America.

I1 principale problema legato a questo processo ¢ I’ingente quantita di coke di petrolio
generato. Il coke di petrolio delle 0il/ sands canadesi contiene grandi quantita di zolfo e
metalli pesanti. Per questo motivo, risulta impensabile una sua combustione diretta, che
causerebbe elevatissime emissioni di SO,. L’alto quantitativo di zolfo non rende attrattivo
nemmeno 1’uso del petcoke nell’industria elettrochimica. Come conseguenza, da anni il
petcoke delle oil sands viene stoccato in superficie. Recentemente, le immense montagne
di petcoke sono arrivate fino ad alcuni centri urbani, destando preoccupazione
nell’opinione pubblica.

In questo studio ¢ stata effettuata un’analisi approfondita dell’infrastruttura energetica
attuale delle oilsands, valutandone i consumi e le emissioni di CO,. Si ¢ cercato poi di
fornire una soluzione sostenibile dal punto di vista energetico e ambientale, che consenta in
modo efficiente lo smaltimento del petcoke, riducendo il consumo di gas naturale nonché
le emissioni di CO2 legate allo sfruttamento delle Oil Sands.

11 lavoro ¢ diviso in quattro capitoli:

Nel primo capitolo ¢ trattato lo stato attuale delle sabbie bituminose canadesi. In
particolare, gran parte di questo capitolo ¢ dedicata a una spiegazione di carattere generale
sulla tecnologia di estrazione e raffinazione del bitume.

Nel secondo capitalo ¢ stata calcolata la domanda energetica per i processi di estrazione e
raffinazione. Per quanto riguarda il processo SAGD, le equazioni necessarie a descrivere il
modello hanno una struttura piuttosto semplice, che prevede 1’utilizzo di pochi parametri
atti a calcolare la domanda energetica (SOR, EOR, GOR). Tuttavia, al fine di selezionare
un range di valori adeguato per questi parametri, sono stati usati studiati un gran numero di
impianti operativi in Alberta. Dopo aver analizzato i parametri di funzionamento dei
suddetti impianti, ¢ stato selezionato il range di valori opportuno.

La previsione della domanda per il processo di raffinazione ad olio sintetico ¢ stata invece
decisamente pitu complessa. Innanzitutto, ¢ stato necessario creare un modello semplificato
di raffineria costituito da diverse unita (separazione del diluente, coking ritardato e
hydrotreaters per le diverse frazioni liquide). In seguito, ¢ stato necessario 1’ausilio di
correlazioni presenti in letteratura per (i) calcolare le frazione idrocarburiche prodotte dalle
unita e poter stabilire i flussi di massa coinvolti nei processi (ii) calcolare la domanda di
elettricita, idrogeno, vapore e combustibile richiesta dalle diverse unita della raffineria.
Questo modello semplificato per la raffinazione del bitume ha portato alla produzione di
un flusso di olio sintetico con le specifiche solitamente richieste dalla raffineria a valle.

11 calcolo della domanda di energia ha evidenziato una grandissima richiesta di vapore da
parte dell’estrazione SAGD, che risulta di gran lunga il flusso energetico piu elevato. La
richiesta di idrogeno risulta consistente, specialmente a causa degli elevati contenuti di
zolfo nei prodotti liquidi del cracking. La domanda di elettricita risulta invece piu modesta
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rispetto agli altri flussi energetici. Infine, ¢ doveroso ricordare come le unita stesse della
raffineria richiedano una grande quantita di combustibile per riscaldare i flussi in ingresso
ai reattori.

Una volta che la domanda di energia ¢ stata calcolata, ¢ stato costruito un modello in grado
di soddisfarla. In particolare, sono stati creati un caso base e un caso con gassificazione di
petcoke petrolifero, tramite 1’utilizzo del software Aspen Plus.

Il capitolo 3 ¢ interamente dedicato alla descrizione del modello per il caso base.

Il caso base ¢ rappresentativo dell’attuale situazione nell’industria delle sabbie bituminose.
L’infrastruttura energetica ¢ stata costruita in rispetto alle particolarita delle imprese
operanti in Alberta. Il combustibile utilizzato nel caso base ¢ quasi esclusivamente gas
naturale prelevato dalla rete.

Nel caso base, sono state usate turbine a gas alimentate a gas naturale per la cogenerazione
di energia elettrica e vapore. Nell’impianto cogenerativo, ¢ stato creato un modello di
caldaia a recupero con postcombustione dei gas di scarico. La domanda di vapore ¢ stata
soddisfatta tramite 1’uso di due tecnologie: (i) evaporatori OTSGs alimentati a gas naturale
per il vapore richiesto dal processo SAGD e (ii) caldaie a corpo cilindrico alimentate a gas
naturale per il vapore richiesto dalla raffineria. Per produrre 1’idrogeno necessario, ¢ stato
creato un modello di impianto di Steam reforming di gas naturale, il quale produce anche
del vapore in eccesso utilizzabile nella raffineria. I risultati ottenuti per il caso base sono
stati confrontati con i risultati disponibili in letteratura da altri studi simili. Il caso base ha
fornito risultati del tutto comparabili con quelli dei modelli presenti in letteratura

Nel caso con gassificazione, ¢ stato integrato un impianto poligenerativo all’interno della
struttura del caso base, sostituendo parte delle tecnologie adottate precedentemente. Il
gassificatore usa la tecnologia Shell ed ¢ alimentato con il coke petrolifero generato dalla
raffineria. Il gassificatore produce gas di sintesi, che puo essere convertito ad idrogeno
puro o essere utilizzato come combustibile in turbine a gas. L impianto poligenerativo
inoltre, pud generare una discreta quantita di vapore, grazie al calore disponibile dal
raffreddamento del syngas.

Il modello di sistema poligenerativo soddisfa I’intera domanda di idrogeno e di vapore
della raffineria attraverso la conversione del syngas ed il calore disponibile dai syngas
coolers. 11 gas di sintesi rimanente viene invece utilizzato in turbine a gas per cogenerare
elettricita e vapore. L’elettricita viene utilizzata nei processi e dagli ausiliari, mentre il
vapore cogenerato viene iniettato nei pozzi SAGD.

Per il caso con gassificazione, sono stati effettuati due modelli differenti:

*  (Caso con emissioni di CO; in atmosfera
*  (Caso con cattura di CO; dal gas di sintesi e sequestro in giacimenti esausti
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L’obiettivo principale ¢ stato quello di creare un modello che utilizzasse in maniera
efficiente il petcoke prodotto dalla raffineria e allo stesso tempo permettesse una riduzione
delle emissioni di gas serra in atmosfera.

La comparazione dei due casi ha evidenziato che ¢ possibile fare un uso efficiente del
petcoke. Dal punto di vista energetico, questa soluzione si puo definire ideale, in quanto si
riducono di gran lunga gli input di energia primaria dall’esterno. L utilizzo del petcoke
come combustibile principale permette di ridurre in maniera importante I’utilizzo di gas
naturale.

Draltra parte, 1’alto contenuto di carbonio del coke di petrolio innalza notevolmente le
emissioni di CO,, rispetto al caso base. Per questo motivo, la cattura di CO; ¢
indispensabile per rendere accettabile questa tecnologia.

La gassificazione del petcoke con cattura di CO2 potrebbe essere una soluzione sostenibile
dal punto di vista energetico e ambientale. Inoltre, consentirebbe lo smaltimento del
petcoke in modo efficiente, riducendo anche il consumo di gas naturale nonché le
emissioni di CO2 legate allo sfruttamento delle Oil Sands.
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CHAPTER 1: Introduction

1.1 THE OIL SANDS INDUSTRY

Canada, with its 173 billion barrels, has the third largest oil reserves in the world, after
Saudi Arabia and Venezuela.

According to the latest reports [1], 170 billion of these barrels are located in Alberta and
168 billion of them are recovered from bitumen. This resource has always been well
known but is now gaining attention as conventional supplies continue to be depleted.
These numbers refer to the bitumen that is possible to extract economically with current
technology. With new technological improvements, the reserve estimate could be
significantly higher. In fact, the total reserves in place are estimated to be around 1.8
trillion barrels [1].

Accordingly to the Spring 2015 update of Alberta’s oil sands industry [1], more than 2
million bbls/d of bitumen were produced in September 2014 from the oil sands. These
numbers are impressive and make Canada the fifth largest producer of oil in the world [2].
Nevertheless, the extraction of bitumen from the oil sands industry is particularly energy
intensive. Bitumen is a very heavy form of petroleum with a very high viscosity. Alberta’s
oil sands companies extract bitumen and upgrade most of it to synthetic crude oil (SCO),
which has characteristics similar to the conventional light crudes. In the extraction and
upgrading processes, a large amount of energy in the form of steam, electricity and
hydrogen is consumed. This energy is produced using hydrocarbons, which contributes to
significant CO, emissions. The CO, emissions from energy production for bitumen
extraction and upgrading to SCO are estimated to be 18-41 gCO,eq/MJ SCO (comprising
direct and indirect emissions) [3]. Due to these very high emissions, Canadian oil sands are
by far the single largest contributor to greenhouse gases (GHG) emissions in Canada. [4]
The concerns about emissions, along with the low price of natural gas, switched the fuel
choice to lower carbon fuels.

However, in 2007 Alberta introduced reduction objectives of 12% on CO; emissions for all
the plants emitting more than 0.1 Mt CO,/year. New plants have a reduction target of 2%
from the fourth year of operation, which increases by 2% annually up to 12%. The
facilities can improve their performance or can pay carbon taxes for emissions beyond the
mandatory target [5]. Since all the plants in the oil sands industry use high efficiency
natural gas fueled facilities for energy production, it is very difficult to further reduce the
emissions of CO,. Because of that, rigorous investigation is being conducted on carbon
capture and storage (CCS) technology.

However, the CO; emissions are not the only environmental problem connected to the oil
sands industry. As mentioned, the bitumen extracted from the subsoil needs to be upgraded
to SCO in order to meet the characteristics of the conventional light crudes.
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Most of the companies upgrade the bitumen with thermal cracking. Although this
technology is very cost effective, it produces large amounts of petroleum coke as a by-
product.

The petroleum coke (petcoke) contains in high quantity practically all the environmental
negative components originally in the bitumen. Due to the presence of sulphur and heavy
metals, a direct combustion of the petcoke has always been considered impractical [6].
Despite its high heating value, the petcoke use as a fuel (fuel grade coke) has always been
considered very unattractive.

On the other hand, fine petcoke can be used as a source of carbon (anode grade coke) in
the electrochemical industry. In general, anode grade petcoke should have a molar fraction
lower than 3% [6]. Since the oil sands petcoke usually has a content of sulfur from 5-7 %
mol, it cannot be considered an ideal anode grade coke.

As a result, the petcoke produced in the oil sands is stockpiled. Over time, the petcoke
started to create real mountains in Alberta (Figure 1). In the recent period, petcoke from oil
sands bitumen refined in the US started to accumulate dangerously in big cities such as
Chicago and Detroit. These ‘petcoke emergencies’ have appeared in newspapers and
captured the public attention, causing big concerns on the possible effects for public health.
It is clear that stockpiling is not a solution to this problem.
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Figure 1: Mountain of petroleum coke in Alberta

The only possible use of the petcoke seems to be through a gasification process.
Gasification technologies have become a mature and reliable alternative for solid fuels
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exploitation. According to Furimsky [7], both Shell and Texaco guarantee that oil sands
petcoke can be an ideal feedstock in their entrained bed reactors.

A gasification based poligenerative plant can be used to produce steam, electricity, and
hydrogen for the processes of bitumen extraction and upgrading to SCO.

The idea of using the waste product of the oil sands as the main fuel for their exploitations
seems to be very interesting. Unfortunately, gasification of petcoke generates by far more
CO, emissions than natural gas combustion.

However, gasification also provides some of the least costly methods for large scale CO2
capture for sequestration in deep geologic formations away from the atmosphere. 8]
Petcoke gasification with CCS can combine the use of an undesirable and problematic
waste product with a reduction in GHG emissions to the level required by the government.

1.2 ALBERTA’s BITUMEN RECOVERY

The main ways to extract bitumen from the underground are surface mining and in situ
recovery.

The former method is mainly used to extract bitumen from shallow mines and it is limited
to areas where the total overburden does not exceed 75 m. With this technology, the
muskeg and the overburden are removed to expose the oil sand deposit and collect the
material with shovels and trucks.

The oil and sand mixture is then broken into small pieces and transported to extraction
facilities where is separated with hot water and soda or kerosene and chemicals [9].
Although surface mining is a simple process used to extract bitumen, it can only access
around 20% of the recoverable bitumen in Alberta because the remaining 80% is too deep
to be extracted with this technology.

The second extraction method, in situ (from Latin, in place), uses wells instead of trucks
and shovels to extract the bitumen from the underground.

Because of the characteristic of the bitumen (it is semi-solid with really high viscosity) it
needs to be heated and fluidized to be recovered.

The main commercial methods of in situ extraction are Cyclic steam simulation (CCS) and
steam assisted gravity drainage (SAGD).Both of these methods use high pressure steam to
enhance the oil recovery.

In CCS the steam is injected into wells drilled from pads for a period of time, then the
steam is left to soak and melt the bitumen in the reservoir and the same wells are switched
into production mode bringing the bitumen to the surface.

In SAGD two parallel horizontal wells are drilled from the surface for continuous steam
injection and fluid production. The steam is injected in the top well and forms a steam
chamber, heating the bitumen and melting it (Figure 2). The melted bitumen and the
condensed water are forming an emulsion that is artificially lifted to the surface and
properly treated

SAGD is the most important in sifu method used while CCS has just few applications in
the area of Cold Lake and Peace River deposits [1].
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Figure 2: Scheme of a SAGD process

Research is underway on a number of other methods or variations of in situ extraction such
as in situ combustion, polymer or CO, injection, Vapex or Thai methods, but none of them
is actually operative.

In this study, the SAGD technology is the only one considered, because it is the most
often employed method that has greater potential for the future.

In 2012 for the first time in sifu production exceeded surface mining in Alberta where 53%
of the oil sands production was provided by in situ technologies.

Because of the reliability and the maturity of SAGD technology, this percentage is
expected to grow in the future making SAGD the market leader in Alberta’s Oil sand
extraction.

1.3 STATUS OF THE MARKET

North Athabasca, South Athabasca, Cold Lake and Peace River are the arecas in Alberta
where bitumen is extracted with SAGD method ( Figure 3)

In North Athabasca, Suncor is the main leader with Firebag and Mckay River plants
(218500 bbl/day) with 92% of the market share.

In the comingyears, many companies will start to invest and operate in this region,
bringing the production levels to 1122500 bbl/day in 2020(a growth of almost 400%)
and making the market more heterogeneous and competitive.

In south Athabasca the production of bitumen is more mature and will almost double in
2020 from 666700 bbl/day to 1897400 bbl/days.
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The leading actor in this region is Cenovus Energy with plants in Foster Creek and
Christina Lake(304000 bbl/day) which are guaranteeing the 45% of the market share now
and 35% in 2020.

4/

Figure 3: Map of the Oil sands area

In North and South Athabasca many important companies like Conocophillips, Devon
Canada, Meg energy, Husky, Brion Energy and Canadian Natural Resources plan to have
more than 100000 bbl/days SAGD plants installed by 2020. This confirms the maturity of,
this technology and the high level of interest that it has garnered. [1]

The areas of Cold Lake and Peace River have a smaller production of bitumen mainly with
the CCS technology.

The Cold Lake area has a production of around 270000 bbl/day mainly from the Canada
Natural Resources and Imperial Oil CCS extraction plants installed in 1985 and still
operative. Those two plants are not planned to be expanded and will remain the main
market leader in this area although some small-medium size plants will be installed by
other companies in this area.

The Peace River area has a small production of bitumen (around 16000bbls/day).

In this area, Royal Dutch Shell will be the main actor in the future with its VSD (vertical
Steam Drive) plant of 92500 bbls/day.

Globally Alberta’s Oil sands are producing almost 1200 thousands of bbls/day with in situ
methods. In 2020 they are expected to produce around 3500 thousands of bbls/day with an
incredible growth of 190%.

The total scheduled capacity of installation will be 6200 thousands bbls/day which is more
than five times the current production.

These numbers are forecasting an impressive growth in the in sifu bitumen production that
will be a very important actor in the future economy of Canada.

The massive investments in this sector will bring improvements in the technology and an
overall reduction in costs.
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All these data are taken and then elaborated on a calculus sheet from the 2014 fall quarterly
update of Alberta oil sands industry [1].

The results are shown in Figure 4.

In the calculations, It has been assumed that the planned capacity expansion in the oil
sands industry will be concluded between 2020 and 2030.

The investment for which the specific capacity is not indicated in the report [1] are not
counted because are considered still in phase of evaluation.

Oil Sands Forecast Production
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Figure 4: Oil sands forecast production

1.4 SAGD PROCESS TECHNOLOGY

1.4.1 Steam injection

In a SAGD process a two pair of horizontal wells is drilled from the surface.

The lower one or production well is drilled just 1 or 2 m above the SAGD base while the
upper one or injection well is drilled on the top of the reservoir. The distance between the
two pipes is usually 5 meters.

The pair wells can reach a depth of 200-800m, depending on where is the target reservoir
located.

Steam injection generates a high temperature vapor chamber that heats the surrounding
bitumen, allowing it to drain by gravity into the lower well (the production well) [10]
The amount of high pressure steam injected in the reservoir vary widely from one project
to another and the parameter that synthesize better the amount of steam required is the
Steam Oil Ratio (SOR) that is measured in m3 water/m3 bitumen CWE (Cold Water
Equivalent)and will be explained in more details in the next sections.



Chapter 1

1.4.2 Enhanced lift

The steam, after rising and melting the bitumen, condenses and forms an emulsion with the
bitumen that is sent to the ground facilities with an artificial lift.

There are mainly two ways of lifting the emulsion. In gas lift, non-condensable gases are
compressed and injected in the underground with steam. The other way to lift artificially
the emulsion is using downhole electrical submersible pumps(ESPs) .

Gas lift has always been used because of its simplicity and reliability. In this configuration
the gas produced from the wells is compressed and injected into the steam chamber.

The main disadvantages of gas lift are the electricity consumption of the compressors and
the necessity of a high steam chamber pressure for the gas lift [11].

The benefits of using low pressures in the steam chamber are completely clear and the
advantages of ESPs are evident and demonstrated in the literature [12].

Although in the first SAGD plants gas lift was the most used technology, now most of the
companies (like Cenovus and Suncor) have almost totally replaced it with ESPs.

1.4.3 Separation and De-oiling

Once the emulsion arrives on the surface the separation of the different components takes
place at the central processing facility (CPF) of the SAGD plants.

The complete scheme of the CPS is shown in Figure 5.

The emulsion is generally composed of water, heavy bitumen and solution gas.

Not just the oil but all of these products are really important and precious into the SAGD
plant, each one for different reasons. The SAGD extraction is a water intensive process and
water is a scarce resource in Alberta; the reason why it should be recovered as much of
water as possible. The produced gas instead, can be used after proper treatment as a fuel
and can contribute to reducing the consumption of natural gas.

The first surface facility is called degasser and separates the solution gas from the rest of
the emulsion. This unit is a vessel that separates the gas from the liquid through a flash
separation.

After the degasser the emulsion enters into free-water knock outs (FWKOs).The FWKO is
a three phase separation system consisting of a horizontal vessel that separates the different
phases mainly by gravity. This unit is separating most of the water, which is sent to the de-
oiling. The emulsion separation general scheme is shown in Figure 6.

The bitumen, which still contains a consistent amount of water is fed into electrostatic
treaters to remove the remaining water.

The gas that is produced into these three units (degasser, FWKO and treaters) is sent to the
vapor recovery unit (VRU).

The emulsion coming out from the wells, thanks to presence of the water and to the
temperature has a lower viscosity than the bitumen itself. Before each of those
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Facility complete scheme from [13]
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separation steps, a certain amount of diluent is added ( typically naphtha) to make the
separation easier. This addition of diluent permits to lower the viscosity of the bitumen
when the stream is cooled down.

From VRU

.

SWEETENING UNIT

Figure 6: Emulsion separation

After the separations the water is de-oiled. The de-oiling process is shown in Figure 7.
De-oiling consists mainly of skim tanks, induced gas flotation (IGF) and oil removal filters
(ORFs) units.

The skim tank is a simple big tank that separates water from oil by gravity.
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Figure 7: Water de-oiling

The IGF is a horizontal tank where some gases (typically N,) are introduced into the
emulsion. The bubbles adhere to the suspended matter making it float on the water surface
where it can be easily removed. The ORFs are walnut shell filters.

All the oil and the gas that is recovered from those processes is sent respectively into the
oil recovery unit and the vapor recovery unit (VRU).
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1.4.4 Water Softening

Once the water is de-oiled it needs to be softened to reach the specification required from
the steam generators.

Warm lime softeners (WLS) and evaporators are the two main technologies used in water
softening.

In WLS, chemicals like lime and MagOx are introduced into the feed water. The chemicals
react with the harnesses of the water and remove most of the silica within it. The WLS
produces a water that still contains some harnesses. Because of this it is mandatory to use
once through steam generators (OTSGs). These boilers are more resistant to harnesses than
drum boilers, but produce steam with a maximum quality of 80%. This fact make the
OTSGs less efficient compared to drum boilers and requires a separator before the
injection in the produced wells.

A plant with WLS can hardly reach a rate of recycled water larger than 90%. The other
water should be sent to disposal.

Evaporators consists of big shell and tube towers. They work with the vapor compression
principle. The flowsheet scheme of evaporators is shown in Figure 8. The liquid is entering
into the evaporator tower from the top through a high number of pipes. Meanwhile the
water falls down into the pipes due to gravity, it is heated and starts to evaporate. The
vapor is dragged down to the bottom of the tower by the water. The steam then flows into a
compressor where there is enhanced pressure. Generally speaking, compression of steam
enhances both pressure and temperature.

The high pressure steam is then sent back to the evaporator shell where it heats the liquid
into the pipes. The high pressure steam, while it is exchanging heat is condensing,
producing a high quality distillate.

In this way no external heat is required. The external energy for the evaporation/distillation
is just the electricity consumed by the compressor.

The liquid not evaporated from the pipes, called brine, is recirculated to the top several
times. Part of the brine is sent to another unit called crystallizer that essentially evaporates
the liquid water content of the brine by using part of the heat of the high pressure steam
exiting the compressor. The waste product is almost solid and in some cases can be sold as
a byproduct. [14]

With evaporators it is possible to produce a water much more pure and to reach recycle
rates close to 100% achieving what is called zero liquid discharge (ZLD). Evaporators
furthermore make possible the use of drum boilers, that are more efficient and economic.
On the other hand, this technology is more energy intensive than WLS and results in
higher operating costs and higher emissions.

This happens primarily because the electricity required to operate the compressors is
superior than the other energy usage savings. [12].

Typically a solution like an evaporator can increase the emissions between 3 and 10% in
an overall SAGD plant [15].

10



Chapter 1

Feed Brine

mmm  Concentrated Brine
Steam Vapor

BN Distillate/Condensate

Deaerator |

..l &

Heot Distillate Reaction Brine Mechanical
Exchanger Tank Tank Evaporator Vapor
Compressor
Distillate Feed Rearculation
Pump Pump Pump

Figure 8: Evaporator general scheme from [14]

Although evaporators with drum boilers seems to be a more advanced solution to soften
water and to reach higher recycle rates, many studies have demonstrated that their
application is still not convenient and much more expensive than the WLS with OTSGs.
Nevertheless, there are situations where the saving of water can be more important than the
saving of energy( Section 2.1.5).A good configuration involves the installation of an
evaporator for the liquid product separated after the OTSGs maintaining WLS as the main
softening technology. This permits to achieve ZLD with a smaller unit or less units. With
that configuration the increase of electricity consumption can be limited, while nowadays
the installation of evaporators as the main softening technology seems to be impracticable.

The ZLD technology on blowdown has been successfully installed on Suncor Mckay
SAGD plant.

1.4.5 Vapor Recovery unit and Sweetening

During the process of separation there is a certain amount of vapors that is released and
recovered from a VRU.

Those vapors are mainly produced in the FWKO and in some tanks of the CPF.

The recovered vapors, together with the non-condensable gases of the solution gas
separated in the degasser, are mixed and sent to an Acid Gas Removal (AGR) Unit.
This happens because there is a certain concentration of H,S in the gas that can produce
SO, during the combustion.

11
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There is a certain requirement of purification depending on the SO, emissions of a plant
(Figure 9). For plants that emit less than 1 ton SO,/day desulphurization is not mandatory.

Sulphur Inlet Rate Design Sulphur Recovery Cricerin |  Clendar Quartes-Year Sulphur
(tonnesay) % B
<1 none required none required
1to5 70 69.7
>5 to 10 90 89.7
>10 to 50 96.2 95.9

Figure 9 : Sulphur recovery criteria in Alberta's Oil Sands from [16]

The produced gas and vapors are sent to a column where the acid gases are absorbed from
a solvent. The type of absorption can be chemical or physical.

One of the most used technology in gas de-sulphurization is the Shell Sulfinol process.
This process is used in Athabasca region for example by Suncor [17]. This technology is
combining the advantages of physical and chemical absorption and is using as a solvent a
mixture of sulfolan, water and MDEA (methyl-diethanolamine).

The solvent rich of acid gases is sent to a stripping column where the acid gases are
separated from the solvent with water. The acid gases are separated and sent to a Claus
facility while the solvent is regenerated in a reboiler and sent back to the absorption
column ( Figure 10).
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Figure 10: Flow diagram for a conventional AGR unit
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Once the gas has been cleaned up it is sent to a mixing unit where is mixed with low
pressure natural gas and sent to the mix-fuel OTSGs.

1.4.6 Steam generation

Once the water is softened and integrated with clean make up water it is sent to the boiler
feed water (BFW) tank and after to the steam generators.

As previously discussed, drum boilers can be used only with evaporators, and because of
that the most used steam generators are OTSGs.

This type of steam generator can be fueled either with solid or gaseous feeds, and to
evaporate water that is not necessarily very clean.

Because of the Canadian government’s severity on CO, emissions, only fuel gases are
typically used (natural gas and sweet produced gas).

Another way to generate steam that is becoming important in SAGD plants is cogeneration
in a once through heat recovery steam generator (OT-HRSG)

This solution is only possible if the plant is producing electricity with its own gas turbines
(GT). The exhaust gases of the GT are typically postired and used in a OT-HRSG to
produce steam with characteristics similar to the one of the OTSGS.

After the separation, the steam is finally sent to the wells while the liquid can either be
recycled in the water treatment, used in another stage of OTSG or sent to disposal.

1.4.7 Heat exchangers system

The process previously described uses an efficient system of heat exchangers.

The emulsion from the wells surfaces with a temperature of 170-180°C but needs to be
cooled down for water de-oiling.

The plant uses a complex system of heat exchangers that permits the recovery of almost all
the heat that would be lost in the de-oiling processes. The recovered heat preheats the
BFW.

Thanks to this exceptional system of heat exchangers, the water reaches a temperature of
around 160-170°C. This value is just 10-15 °C lower than the temperature of the emulsion
entering the CPF. The blow down of the OTSGs is at a high temperature that preheats the
BFW till a value around 200 °C.

There is a glycol system of heat exchangers that recovers heat from many parts of the CPS
and provides it where required. The main goal of the glycol system is to preheat the air of
the burners and to heat the offices of the employees.

If for any reason, the glycol system won’t reach the required temperature, a NG backup
boiler will be turned on.

1.5 UPGRADING PROCESS TECHNOLOGY

1.5.1 Bitumen, dilbit and SCO

13



Chapter 1

The bitumen of Alberta’s oil sands is a product with an extremely high density (8-10°API)
and very high viscosity.

The characteristic of oil-sands bitumen, compared with conventional light and medium
gravity oil, are provided by Meyers [18]:

* Extremely high viscosity at ambient temperatures that makes pipeline transportation
impossible without the addition of a substantial amount of diluent such as natural gas
condensate or naphtha.

* Deficiency of hydrogen compared with the hydrogen content of conventional light and
medium-gravity crude oils.

* Large percentage of high-boiling-point material which limits the volume of virgin
transportation fuels that may be recovered by simple separation processes.

* Substantial quantities of resins and asphaltenes which act as coke precursors in high-
temperature refining operations.

* High content of sulphur and/or nitrogen content, which requires severe
hydroprocessing of the distillate fractions to produce fuels or intermediate products for
refineries

Properties of Synthetic Crude Oil from Athabasca Bitumen

Property Bitumen Synthetic Crude Oil Crude Oil
Gravity, “API 8 32 35
Sulfur, % wiw 4.8 0.2 0.1
Nitrogen, % wiw 0.4 0.1 0.2
Viscosity. centipoise at 100°F 500.000 10 10

Distillation profile, % w/w (cumulative)

C F
0 30 0 5 5
30 85 0 30 30
220 430 1 60 40
345 650 17 90 70
550 1020 45 100 o0

Residuum 100 100

Figure 11: Comparison of Some properties of Bitumen, Synthetic Crude and Light
Crude

The comparison of some characteristics of bitumen, SCO, and a conventional light crude
oil are shown in Figure 11.

As was mentioned before, due to the high viscosity of the bitumen, it is impossible to
transport it in pipelines. Because of this reason, diluents is added to lower the density and
the viscosity. The product, called dilbit, can be easily transported in pipelines.
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The dilbit has two main ways of being refined. The first option is to send it directly to a
refinery, where the diluent is sent back to the SAGD plant and the bitumen is refined to
finished products for customers.

The second one is to upgrade it close to the SAGD plant to an intermediate product called
synthetic crude oil (SCO) and then send it to the refineries.

The last option is the preferred one, for a specific reason:

Most of the refineries used to handling light crude oil and are not equipped to refine such
heavy oils like Alberta’s bitumen. This happens especially in the US, which is one of the
main markets for oil sands companies.

During the processes of upgrading, most of the undesirable components of the bitumen,
like sulphur and heavy metals, are reduced.

Moreover, the SCO contains molecules with less atoms of carbon and less aromatics rings.
Those characteristics makes the SCO a competitive and desirable product for the refinery
market.

1.5.2 Types of Cracking

Coking and hydrocracking are the two main ways for cracking and upgrading the bitumen
to SCO.

Coking is a non catalytic thermal cracking process based on the concept of carbon
rejection. The heaviest and carbon deficient portions of the feed, like resins and asphaltens,
are rejected as coke. [9]

The coke contains the majority of the sulfur and nitrogen and almost the entire metals of
the feedstock.

Hydrocracking adds hydrogen to crack the molecules and make a lighter product.
Hydrocracking usually produces SCO with increased liquid fraction yields and lower-
sulphur products, but it is more expensive for the massive amount of hydrogen demanded.
Although many companies have started to use hydrocracking for the bitumen upgrading,
thermal cracking is principally used in the oil sands industry.

In the oil sands industry, there are some different processes for thermal cracking as delayed
coking, fluid coking and Flexxicoking.

The first technology has a lower conversion to SCO and produces less liquid and gas
products than the other two. This technology produces much more coke than any other
process. Despite these disadvantages it is simple and economical.

Suncor, the biggest producer in the SAGD oil sands industry, uses delayed coking.
Furthermore, as will be explained in the next sections, it is possible to use the petcoke as
the main fuel for the entire process with gasification. In that case, the massive presence of
petcoke will be a resource and not a problem.

Due to all these reasons, delayed coking is selected as the upgrading process for this study.
The general scheme for the bitumen upgrading is shown in Figure 12.

1.5.3 Diluent recovery Unit
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The first unit of the upgrading process is the diluent recovery unit (DRU).

The DRU is essentially a column of distillation where the diluent is separated from the
bitumen and sent back to the CPF of the SAGD process.

In this unit there is also a certain separation of light gas oil. In the DRU, although almost
all the diluent is recovered, there are a few losses that necessitate a small make up of
diluent. According to the work of Ordorica-Garcia [19], 98% of the diluent is recovered in
this unit.

The residue, called atmospheric topped bitumen (ATB) is sent to the delayed coker. Some
upgrading plants install also a vacuum distillation unit before the thermal cracking that can
handle all the ATB or part of it.

This configuration increases the production of lighter fractions (and consequently the
quality of the SCO), but at the same time enhances the consumption of energy. Because of
that, the installation of a VDU should be evaluated case by case.
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Figure 12: General Scheme for the Upgrading process

1.5.4 Delayed Coker
The delayed coking process is based on a semi-continuous batch bed.

The process consists of an empty drum where the thermal decomposition of hydrocarbons
occurs.
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The coke produced during the reaction is deposited into the drum; meanwhile, the light
hydrocarbons are sent to a fractioning column where they are separated into the different
products. The scheme of the process is shown in Figure 13.

The delayed coker process has at least two coke drums that are alternating in cycles of 24-
48 hours so that one drum is in its coking cycle while the other one is in the regenerating
cycle.

When one drum is filled with coke, it is switched to a cooling and decoking cycle and the
other drum is placed in coking service [9].

Most of the plants use a hydraulic system for decoking. This system consists in a number
of high pressure water jets which are lowered into the coke bed on a rotating drill stem
[20]. The coking process is totally insensitive to the feedstock quality and its content of
metals, sulphur, nitrogen and asphaltanes.

Thanks to that characteristic, it can perfectly handle the atmospheric topped residue that is
the feedstock of the process. According to Huc [9], typical reactor yield data are:

* 10-13 wt% gas product
*  60-70 wt% total liquid product
* 20-30 wt% reactor coke
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Figure 13: Delayed Coking scheme process from [9]

The feedstock is usually preheated and sent to the bottom of the fractioning tower, where it
is accumulated before the furnace.
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In the furnace the stream is heated by the combustion of fuel gas to around 480-515°C.
This is the temperature at which thermal cracking usually takes place.

It is very important to avoid coke deposition into the furnace, and because of that the
residence times in the furnace should be short and the velocity of the stream high.

In order to do that, high pressure superheated steam is injected. The steam injected
enhances the velocity and shortens the residence time of the feed into the furnace by
pushing it into the coke drum.

In the coke drum the endothermic cracking reaction occurs and the coke is deposited at
around 414-465°C.

The light hydrocarbons are sent into the fractioning tower that divides them into different
streams.

* Overhead sour gas, which needs to be de-sulfurized before use as a fuel

* Naphtha
* LGO
* HGO

The main residue is the petcoke, which contains a big amount of nitrogen and sulphur and
almost all the nickel, ash and vanadium.
The coke which falls from the drum is usually collected in trucks.

1.5.5 Hydrotreater

All the liquid distillates coming from the delayed coking are very high in diolefin, olefin,
nitrogen and sulphur content. Consequently, all the liquid products should be further
refined to meet the product demand.

In order to eliminate the impurities and reach the required specification a severe
hydrotreatment is mandatory.

During the hydrotreatment, the liquid distillates enter in a reactor where a significant
amount of hydrogen is provided, in order to hydrogenate some molecules.

The aim of the hydrotreatment is to:

* Reduce the concentration of impurities such as sulphur and nitrogen to levels suitable
for downstream refining to finished products

* Saturate olefins and diolephins into more stable paraffinic and naphtenic structures

* Saturate some aromatic rings to lower rings structures and to naphtene in order to
produce the required diesel cetane number for the diesel fraction and the required jet
fuel smoke point.

Three hydrotreating units should be considered in a bitumen upgrading plant:

* Naphtha hydrotreatment unit
* Diesel/jet hydrotreatment unit (aromatic saturation unit)
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* Heavy coker gasoil hydrotreatment or hydrocracking

1.5.6 Acid gas removal

The H,S rich off gas from hydroprocessing is combined with the off gas produced in the
other units and processed in an AGR, similar to the unit described in the SAGD process.
The hydrogen sulfide is removed and converted to elemental sulphur.

The sweet gas is available for use as a fuel in the furnaces or in the hydrogen production
plant burners.

1.5.7 Hydrogen production

In the hydrotreater, as previously explained, there is a big need for hydrogen.

The hydrogen requirements to produce refined petroleum products from bitumen are
estimated to be 5-10 times larger than those used to produce the equivalent refined
products from conventional crude [19].

In order to produce the hydrogen required from the hydrotreater there are always hydrogen
production plants.

The most used and economical hydrogen production plant is the natural gas steam
reforming (SR).

Currently, almost all the refineries are provided with this unit.

The scheme, the process, and the reaction of the SR will be better analyzed in the reference
case modeling section.

As an alternative for the SR unit, hydrogen can be produced with a gasification process.
This part will be analyzed in the gasifier model.
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CHAPTER 2 : Energy Demand Assessment

In this chapter, the demand of the main ‘energy streams’ related to the entire process of
production of SCO is calculated. In the first section, the demand and production of energy
related to the SAGD process is analyzed. In the second section a model will be developed
in order to calculate the main streams involved in the upgrading process.

The size selected for the plant is 150000 bbls/day. This capacity is associated to a big size
SAGD plant. Actually there are just three plants that are around this size (Firebag,
Christina Lake and Foster Creek).In the next years many plants are planning to expand to
reach this capacity [1].Therefore, 150000 bbls/day seems to be the most representative and
interesting size to simulate.

2.1 SAGD DEMAND

In all of the SAGD plants there is a certain demand of energy streams.
The main streams involved in the process are:

* Demand of high pressure steam by the wells

* Demand of electricity by the CPS and bottomhole pumps
* Production of gas from wells and VRU

* Production/demand of water

* Demand of diluent

The flowsheet scheme of SAGD energy demand is shown in Figure 14.

The first three streams are the most important and are the ones that largely affect the
energy consumption of a SAGD plant. The calculation of these streams is simple and can
be easily done with the knowledge of just one parameter for each stream (SOR, EOR,
PGOR). These parameters relate the streams to the bitumen production (BIT,yq). The
meaning of each parameter is explained and the factors that affect each of them are
analyzed. Furthermore, values of SOR and EOR of the main SAGD operating plants are
provided. The values of SOR and EOR are taken in ranges. Two different scenarios for the
demand, respectively (i) high energy scenario (HES) and (ii) low energy scenario (LES)
are calculated. The values were taken or calculated from the annual presentation that
operators of in situ oil sands schemes are required to present to the Alberta energy
regulator (AER) [21].

The last two streams don’t have a big impact on the energy consumption. Nevertheless, it
is important to consider them especially in certain situations as will be explained later on in
Section 2.1.4.
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Figure 14: Flowsheet Scheme of SAGD energy demand

2.1.1 High Pressure Steam

The steam required from the wells is without any doubt the most influential variable

of the entire process. The key parameter to measure the amount of steam required from the
process is the steam to oil ratio (SOR). The SOR is the volume of steam needed to produce
a volume unit of bitumen. SAGD processes with a low value of SOR are less energy
intensive, because of the big amount of energy related to the production of steam. On the
other hand processes with high value of SOR results in a more expensive operation.

The SOR can be cumulative (¢cSOR) or instantaneous (iISOR). The cSOR expresses the
average volume of steam required to produce a unit volume of water over all the life of the
project while the iISOR gives the instantaneous value in one specific moment. The cSOR
and the iSOR can be used to evaluate the performances either of a well pair, a pad, a phase
or an entire SAGD plant.

The SOR depends on many variables. The reservoir original properties combined with the
operating parameters are the main variables affecting the SOR value. The reservoir
properties involved are mainly porosity, initial pressure, initial temperature and initial
saturation. The operational parameters are mainly pressure and temperature of the steam
chambers that are dependent on the technology adopted for wells and artificial lift.
Generally operation with low steam chambers pressures requires lower values of SOR.
Because of that, as was mentioned earlier, ESPs are preferred to gas lift [22]. ESPs are
usually operating in a range of pressure between 18-40 bar with a maximum temperature of
250°C [23].

A single well during its whole life have different phases related with different values of
iSOR and c¢SOR. In the first few months the steam in injected to put in communication the
two wells without any production (start-up).Since the well is not producing yet, the values
of iISOR are enormous.
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In the second phase (ramp-up) the wells start to produce and the iSOR starts to decrease
(and consequently does the cSOR) until the steam chamber has reached its full vertical
dimension. This phase lasts between 0.5 and 1.5 years.

When the chamber is fully grown the conventional SAGD phase starts. The value of iSOR
are really low (between 2 and 2.5) and the cSOR starts to converge to the iSOR value. This
phase lasts between 3 and 6 years.

After this starts the steam ramp-down when the amount of steam injected is sharply
reduced while the production of bitumen is reduces gradually. This phase lasts less than 1.5
years and both the SORs continue to lower their value.

Then the steam stops to be injected and the chamber is maintained in pressure by injection
of non-condensable gases while a small amount of bitumen is still produced (blowdown).
The iSOR is zero while the cSOR continue to reduce [10]. The different phases of a well
pair are shown in Figure 15.

Because of the high number of well pairs operating at the same time in one SAGD plant it
is normal to refer to a unique value of cSOR and iSOR, which are representative of all the
well pairs of the plant. This value is more steady than the ones referred to the pads or the
phases but it is anyway variable during the lifetime of a SAGD plant. If a big expansion
with new pads ramping up is done in a SAGD plant with most of the wells in a
conventional phase , the values of the SORs increase. On the other hand if in one SAGD
plant some new pads start up while others are in the ramp down, the value of the SORs of
the plant won’t change very much.

In Table 1 the values of SOR of some plants in Alberta are summarized. The steam
injected in the wells should be produced in the steam generators at a pressure large enough
to win the pressure drops in the pipes until the reservoir and to maintain the target pressure
in the steam chamber.
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Figure 15:Wellpair type curve from [13]
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Typically the steam is produced at 70-110 bar and separated from the liquid water after the
steam generation (usually OTSGs produce steam with 78-80% quality).

A demand of pure saturated steam at 100bar and 311°C is considered. These values are
typical for a SAGD extraction plant with ESPs like the one in [24].

The equation to calculate the Steam Demand for the extraction (SD,,;) is:

SDSat@lOObar—ext = BITprod * ISOR (21)

Since the demand of steam depends just on the value of iSOR and since this value is
extremely changeable from one plant to another, a range of values for the iSOR is used.
Most of the values of iSOR are contained into the range between 2 and 3 [21]. The actual
iSOR values for Christina Lake and Firebag plants are considered related to a particular
situation and will probably enter soon in that range. Because of that, a range of iISOR of 2-
3 is taken.

Table 1: cSOR and iSOR of the most important SAGD plant actually operative.

First Well Last Nominal 2.

Company Plant Production' | Expansion Size ¢SOR" | ISOR

Suncor Firebag 2004 2012 190000 | 336 | 3.24

Suncor MacKay 2002 ; 33000 24 | 2.6
River

CNRL Kirby 2013 ] 40000 5 NS

Cenovus Foster 2001 2009 120000 | 236 | 2.68
Creek

Cenovus Christina 2002 2013 140000 2 1.75
Lake

CNOOC Lid, Long 2008 ; 72000 45 | NS
Lake

ConocoPhillips | Surmont 2007 - 30000 3.46 242

Devon Jackfish 1 2007 - 35000 2.5 2.19

Devon Jackfish 2 2011 - 35000 3 2.85

Husky Tucker 2006 ] 30000 583 | NS

1 The First well Production year , Last Expansion and Nominal size (2013) are taken from [1].
2 The values of cSOR and iSOR are taken from the 2014 presentations of the SAGD plant available from
[21]

2.1.2 Electricity

In a SAGD plant there is a certain consumption of electricity. The electricity is demanded
by all the electrical components of the SAGD plant.
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The main component that are using electricity are the bottom hole pumps, the surface
circulating pumps of the CPF, and the compressors of the vapor recovery unit.

As was mentioned, the softening of water can be done with warm line softeners (WLS) or
evaporators. The first option is the most used and, even if it produces water with more
impurities, has a lower consumption of electricity. The higher consumption of electricity of
evaporators is related to the presence of compressors.

In this study, the graphs of the electricity consumption of the main SAGD plants actually
operating were related to the mean bitumen production for the examined period. The result
is an index measured in kWh/bbl of bitumen. This index is calculated in order to make a
parameter similar to the SOR and to predict easily the demand of electricity of a SAGD
plant by the knowledge of the mean bitumen production. This index was called electricity
to oil ratio (EOR). The results are shown in Table 2. The EOR is usually varying in a range
between 8-15 KWh/bbl.

Table 2: EOR of the main operative SAGD plant

T BIT
Company Plant ype ,0 f Gas. prod iSOR | EOR
Softening sweetening (bbl/day)
Suncor Firebag WLS/EVA Yes 147508 324 | 15.23
Suncor | Mackay | w1 gEVA No 258233 26 | 1141
River
Fost
Cenovus oster WLS Yes 109414 268 | 10.01
Creek
hristi
Cenovus | Clristina WLS Yes 143800 175 | 6.78
Lake
Conoco | o mont WLS No 27135 242 | 837
Phillips
Devon Jackfish 1 WLS Yes 35000 2.19 8.03
Devon Jackfish 2 WLS Yes 26000 2.85 &.95

All the data are taken from the 2014 presentations of the SAGD plant available from [21]. The Bitumen
Production and the iSOR are related to one period. Every period considered is different depending on the data
available

Generally the plant with a smaller iSOR has also a smaller value of EOR. The main reason
for this is that both the bottom hole and the circulating pumps are working with a smaller
flow rate of liquid and therefore consume less electricity. It is important to refer to the
iSOR over the period of observation of the electricity consumption. In fact, the demand of
electricity is not related to the history of the steam demand of the plant (cSOR), but just to
its instantaneous value (iISOR).

SAGD plant with evaporators undergoes a bigger consumption of electricity.

Some plants do not have a sweetening unit for production gas. The sweetening unit
contributes to a higher demand of electricity because of the presence of additional electric
components. It’s important to say that just small plants can operate without a sweetening
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unit without exceeding the limits of SO2 emissions (Figure 9). All the large plants, if they
want to use or flare the production gas, need to install a proper sweetening unit to meet the
SO2 emissions requirements.

The equation to calculate the electricity demand for the extraction (ED,,;) is:

EDgy = BITyroq * EOR (2.2)

Where BIT),4q is the production of bitumen (bbl/days).

The EOR changes a lot between one plant and another. Consequently, the electricity
demand is variable for plants with the same size but different EOR. Because of that, a
range of values will be taken for our analysis. The value of EOR for the LES (low energy
scenario) is 7,5. This should correspond to a plant with SOR of 2 and just WLS. The value
of EOR for the HES is 14. This should indicate a plant with SOR of 3 and installation of
evaporators for ZLD.

2.1.3 Produced Gas

During the heavy oil bitumen recovery by SAGD there is a significant production of
solution gas.

The emulsion coming from the wells contains some gas which is properly separated in the
central process facility (CPS), desulphurized and used in the OTSGs.

The amount of solution gas from the wells is mainly quantified by the gas oil ratio (GOR)
parameter, which measures the Sm3 gas dissolved in one Sm3 of bitumen.

The produced gas is mainly composed of CH4 and CO; with a small amount of N,, H,
heavier hydrocarbons and H5S.

It is really important to predict the amount of solution gas from the wells and its
composition in order to estimate successfully the heat power that it could produce in the
OTSGs.

There have been a lot of attempts to estimate the amount of non-condensable gases
dissolved in the produced liquids and the phenomenon of dissolution. According to these
studies the main parameters involved in the process are the characteristics of the reservoir
(permeability, original conditions and property of bitumen) and the operating conditions of
the steam chamber (pressure and temperature).

The composition and the GOR can be really different from one area to another. In
Athabasca, GOR value can vary from 2-6, although occasionally can have bigger values in
some areas. Reasonable values for the composition can be [11]:

. 40-70 %mol C1
. 35-55 %mol CO,
. 1-1.5 %mol H,S
. 0.5-1.5 %mol N,
. < 1%mol H,
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The amount of heaver hydrocarbons is small and the methane to ethane ratio is usually
high.

The values indicated by Canadian oil sands innovative alliance (COSIA) [25] for a typical
produced gas are not far from Thimm’s indications (Figure 16). The gas produced from the
wells is not the only gas recovered in the SAGD process. There is some vapor that is
recovered during the process from the VRU, mostly coming from FWKOs and tanks.
These vapors are mainly composed of hydrocarbons (C1-C5+), CO, and H,S.

The total Produced gas of the plant is the sum of the solution gas and the vapors recovered
in the CPF. A typical composition is shown in Figure 16. The total amount of gas treated
by the AGR cannot be quantified just by the GOR parameter. In fact, the GOR estimates
only the non-condensable gases dissolved in the emulsion and does not consider the vapors
from the dilbit.

Produced Gas Sour CPF Produced Gas
Composition

Composition (Dry Basis)

H2 0.3 Mol% H2 0.2 Mol%
CO2 30.0 Mol% COo2 43.1 Mol%
N2 1.3 Mol% N2 0.9 Mol %
H2S 0.13 Mol% H2S 0.3 Mol%
C1  63.6 Mol% C1 48.9 Mol%
C2  1.63 Mol% Cc2 1.4 Mol%
C3  1.98 Mol% C3 2.0 Mol%
C4 0.3 Mol% C4 0.3 Mol%
C5+ 0.88 Mol% C5+ 6.7 Mol%

(comp at test separator)

Figure 16: Typical values of Produced gas composition and Sour CPF Produced gas
from [25]

In order to estimate the amount of produced gas from all the SAGD. This new parameter
created was named produced gas to oil ratio (PGOR).

As can be determined from the COSIA typical process [25], a correct value for this
parameter can be double the value of the GOR. Current values of the PGOR can be in a
range between 4 and 12.

It is important to remember that the PGOR is quantifying the amount of sour gas before the
AGR. After the AGR, the amount of sweet gas and its composition are different due to the
removal of Sulphur (and some CO2). On the other hand its heating value is more or less
the same before and after the sweetening.

The equation to calculate the sour produced gas for the extraction (SPG,,;) is:

SPGey = BITpyoq * PGOR (2.3)
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Since this stream is much smaller than some other parameters involved in the SAGD
process, it is taken just one value for the PGOR parameter. Accordingly to the COSIA
typical process [25] a GOR of 5 and a PGOR of 10 are taken.

2.1.4 Water and Diluent

The three streams previously described can represent properly the energy streams demand
and production of a SAGD plant. Nevertheless, energy is not the only important factor of a
plant.

A proper use of water in a SAGD plant is very important. In Athabasca, water is not an
abundant resource while all the processes involved are water intensive.

Generally speaking water can be produced or lost from the wells. The first case happens
when the reservoir contains an aquifer. The mass of liquid water produced therefore is
higher than the mass flow of steam water injected. On the other hand, if there is no
presence of water in the reservoir, some losses of water should be considered. In that case,
the mass of liquid water produced will be lower than the mass flow of steam water
injected. The parameter that is measuring this phenomenon is called produced water to
steam ratio (PWSR) and can be higher or lower than 1. Reasonable values of PWSR can be
between 0.9 and 1.2.

Since the water coming from the wells is full of harnesses and impurities, a makeup and a
disposal of water is always required and mandatory. Nevertheless, the
production/consumption of water from the wells can influence the plant design of the CPF.
A situation where water is not produced from the wells requires a bigger make up than a
situation where there is a PWSR bigger than one. If the location is particularly water
deficient a solution with evaporators can be mandatory in order to use less water. On the
other hand, if the reservoir is producing water there is no need to install evaporators and
have a bigger demand of electricity.

Another stream that is involved in a SAGD plant is the Stream of Diluent.

As was mentioned in Section 1.5.1, it is mandatory to add diluent in order to transport the
product in pipelines. The amount of diluent added and demanded from the SAGD plant is
different from case to case depending on the quality of the bitumen. A typical composition
of the dilbit can be around 30%vol of diluent and 70%vol of Bitumen. The diluent is then
recovered during the upgrading and sent back to the CPF. A small part of diluent is always
lost, and because of that a makeup of naphtha is always required.

Since the recovery rates are very high, the makeup of naphtha required is usually small.
However, the makeup can be easily taken from the products of the upgrading (Section
2.2).

Nevertheless, if the refinery is very far from the SAGD there can be a significant increase
of electricity consumption due to the transport of dilbit and diluent.

2.1.5 SAGD demand Result

In this section, the results for the demand of energy of a SAGD extraction plant is shown.
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The input parameters of SOR, EOR and PGOR and their ranges are the one selected in the
previous sections.

The results refer to a SAGD plant of BITy,.,q = 150000 bbls/day. The results are shown
in Table 3.

The amount of steam requested is enormous. Conversely, the amount of electricity
requested is not very big. Every medium size gas turbine can provide that electricity
without any problem. . The produced gas flow rate is very small.

Table 3: Energy Demand Streams for SAGD extraction

Parameter ID Description Units LES' HES?
. instantaneous steam to oil Sm3
iSOR ratio CWE/Sm3Bit 2,00 3,00
PGOR produced gas to oil ratio Sm3 g];i/ Sm3 10,00 10,00
EOR electricity oil ratio kWh/bbl bit 7,50 14,00
PBIT bitumen density kg/m3 1003,00 1003,00
standard liquid water
PH20 density Kg/m3 999,54 999,54
density of sour produced
Pspa Y vas P Kg/m2 1.31 131
BIT)r04 bitumen production bbl/d 150000,00 | 150000,00
kg/s 276,85 276,85
Sm3/d 23848,10 | 23848,10
MW 11813,09° | 11813,09°

sour produced gas from

SPG oyt SAGD extrastion Sm3/d 238480,95 | 238480,95
Sm3/s 2,76 2,76
Kg/s 3,61 3,61
MW 73,36 73,36

demand of high pressure

saturated steam at 100 bar m3/d CWE 47696,19 | 71544,29

SDSat@lOObar—ext

kg/s 551,79 827,68
MW 1210,29" | 1815,43'
ED,y¢ electricity demand MWh/year 410625,00 | 766500,00
MWh/day 1125,00 2100,00
MW 46,88 87,5

1 LES refers to low energy scenario with iSOR=2 and EOR=7.5

2 HES refers to high energy scenario with iSOR=2 ans EOR=14

3 The Lower heating values and specific enthalpies parameters used for the conversion from flow rate and
power are shown in Table 15.
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2.2 UPGRADING DEMAND

In all units of the upgrading process there is a certain demand of energy streams.
The main streams involved in the process are:

. Demand of heat/fuel in the furnaces
. Demand of MP Steam
. Demand of electricity
. Demand of hydrogen
. Production of fuel gas from the units
. Production of petcoke
5 1
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Figure 17: Flowsheet scheme of upgrading process demand

The analysis of the energy demand from the utilities is not as simple as the one made for
the SAGD extraction model. In order to predict the demand and production of energy
streams, it is necessary to model and simulate the upgrading process. The general model
consists of these units:
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¢ Diluent recovery unit (DRU)
* Delayed coker (DC)
* 3 hydrotreaters (HTRs) for naphtha, light gas oil and heavy gas oil

The flow sheet scheme of the upgrading demand is shown in Figure 17.

A model with the presence of a vacuum distillation unit was also considered, but was
eliminated because was not bringing significant benefits.

The first step for the prediction of the energy demand is the calculation of all the streams
involved in the processes. In order to do that, many equations available in the literature
were used to model the units [26] [27]. Then, other correlations to calculate the demand of
energy flows were used [20]. These correlations link the demand of energy vectors to some
of the streams previously calculated.

2.2.1 Calculation of the main streams involved

In this section, the main streams involved in the process are calculated.

For the streams described, this notation is used:

STREAMfeed/prod—UNIT

Where the possible streams and their acronyms are:

DB = diluted bitumen

BIT = bitumen

ATB = atmospheric topped bitumen
NPH = naphtha

LGO = light gas oil

HGO = heavy gas oil

PCK = petroleum coke

FG = fuel gas

While the acronyms for the units are:

DRU = diluent recovery unit

DC = delayed coking
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NPH HTR = naphtha hydrotreater
LGO HTR = light Gas oil hydrotreater
HGO HTR = heavy gas oil hydrotreater

At the end of each group of equations introduced, a table will be provided with the
description of the parameters involved in the equations and their values.
In Table 8 then, the results of the main streams involved are illustrated.

Diluent Recovery Unit:

The streams involved in the DRU are:

DBfeed—DRU = BITprod * (1 + DR)

LGOproa-pru = DBfeea-pru * YLD 1Go-prU

NPHy,roq-pru = BlTproq * DR * RFypy_pRry
NPHMakeUp = BITprod * DR * (1 - RFNPH)

ATBprod—DRU = DBfeed—DRU - LGOprod—DRU - NPHprod—DRU

(2.4)
(2.5)
(2.6)
(2.7)
(2.8)

The values and the descriptions of the parameters mentioned above are shown in Table
4.Theparameters used for the DRU are actually experimental data of the DRU of Syncrude

upgrading plant that have been published in [28].

Table 4: Parameters of DRU

Parameter-1D Description Units Value
DR Diluent requi.rements of SAGD KgDIL/kgBIT 0.23
bitumen
RFypu_pru | Recovery factor of naphtha in DRU % of feed 0,98
YLD;co_pru LGO yield in DRU % of feed 0,14
APl co_pru API Gravity LGO API 25,99

Delayed coker:

The equation used to calculate the products and yields of the delayed coker are based on

three parameter [26]:

* Conradson carbon ratio (CCRyrg)
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e Sulphur yield of the feed (YLDsypryr—ars)
* Specific Gravity (SGurg)

These values are referred to the ATB,,.,q produced by the DRU and entering the coker.

The equation used to calculate the yields, the densities and the sulphur contents of the
products were taken from HPI [26]:

YLro—pe = 3.5 + 0.01 * CCR,rp (2.9)
YLD¢s—cape = 4.3 + 0.044 % CCR,rp (2.10)
YLDypy—pc = 11.38 + 0.335 * CCR,75 2.11)
YLDpck—pc = 1.6 x CCRurg (2.12)

YLDgasoi-pc = 100 = YLDgg-pc — YLDc3-ca-pc = YLDnpu-pc = YLDpck-pc  (2.13)

LGO

=038+ 0.011 % CCRups — 0.0003 * CCRyr5"2 (2.14)
YLD1Go-pc = YLDgasoit-DC * Gacaity v (2.15)
YLDygo-pc = YLDgasoit-pc — YLDygo-pc (2.16)
APlypy = 55 2.17)
APl g0 = 36 (2.18)
APlygo = 0.528*S;:1§+0.4053 — 1315 (2.19)
YLDg_ypy = 0.14 * YLDg_4rp (2.20)
YLDg_,go = 0.45 * YLDs_ 47 2.21)
YLDs_pgo = 0.82 * YLDs_4rp (2.22)

The equations receives as an input the three parameters (CCRyrg, SGarg, YLDs_47p) taken
from [28]. The results are shown in Table 5.

According to Gary [20], the values calculated from these equations are accurate enough for
primary economic study. The actual yields can be determined just by the pilot plant
operation.

Table 5: Yields, Density and Sulfur content of the products of the Delayed Coker

Parameter-1D Description Units Value
CCRyrp Feed Conradson carbon residue of ATB 13,5
APly7rp API gravity ATB API 6,7

SGurp Specific gravity ATB 1,024
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YLDs_ 415 Feed sulfur content of ATB Yowt 4,78
YLDg:_pc refinery gas yield in delayed coker Yowt 4,85
YLD;3_ca—pc LPG yield in delayed coker Yowt 4,894
YLDr¢_pc fuel gas yield in delayed coker Yowt 9,744
YLDypy—-pe naphtha yield in delayed coker Yowt 15,90
YLDpck—_pc coke yield in delayed coker Yowt 21,6
YLD us0ii-pc total gasoil yield in delayed coker Yowt 52,75
GLaigi Lo weight ratio (LGO over total gasoil) % 0,47
YLD, co-pc LGO yield in delayed coker Yowt 25,00
YLDyco-pc HGO yield in delayed coker Yowt 27,76
APIlypy—_pc API gravity naphtha delayed coker API 55,00
APl co_pc API Gravity LGO delayed coker API 36,00
APlyco-pc API gravity HGO delayed coker API 18,09
YLDs_npy naphtha product sulfur content Yowt 0,67
YLDs_;co LGO product sulfur content Yowt 2,15
YLDs_yco HGO product sulfur content Yowt 3,92
Once these values are calculated it is possible to calculate the main stream:
FGproa-pc = ATBfeeq—pc * YLDpg_pc (2.23)
NPHproa-pc = ATBfeea-pc * YLDnpy-pc (2.24)
LGOproa-pc = ATBfeea—pc * YLDigo-pc (2.25)
HGOproqg-pc = ATBfeea—pc * YLDygo-pc (2.26)
PCKproa = ATBfeeqa-pc * YLDpck—pc (2.27)
Hydrotreating:
In our scheme three Hydrotreaters are in operation. Each one has a different feed:
NPered—NPH utR = NPHproq_pc (2.28)
LGOfeeq-16o utr = LGOprog-pru + LGOproa—pc (2.29)
HGOfeed—HGO R = HGOproa_pc (2.30)
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The density and the sulphur contents of the feeds are shown in Table 6. Since the LGO
produced in the DC has different values of density (0proq-pc) than the LGO produced in
the DRU (pproa-pru). the density of the mixture of the two streams (pfeeq—rconTr) has to
be calculated:

1
Pfeed-LGO HTR = IGO0, 0q-prU 1 “LG0prea—nC 1 (2.31)

* + *
LGOfeed—HTR Pprod—DRU LGOfeed—HTR Pprod—DC

141.5

APl peq = ~1315 2.32
feed—LGO HTR o.szs*WﬁLo-‘*OR ( :

Where py.0 = 999,12 kg /m3is the density of water in standard conditions.

Regarding the sulfur content, the values of the delayed coker product were assumed for the
LGO hydrotreater. This assumption is not affecting the results.

The density and the sulphur content of the feed are important in order to calculate the
hydrogen requirements (HR) of the HTRs. The HR of the three HTRs are probably ones of
the most difficult parameters to calculate. The value of these parameters depend not just on
the sulphur content but also on many other variables such as nitrogen content and olefin
and aromatics specifications in the product.

The hydrogen consumption is therefore related to the desired specifications of the SCO and
can vary a lot from case to case.
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Figure 18 : Hydrogen request Vs sulphur % in feed (naphtha)
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Unfortunately there are no mathematical correlations used to predict the HR of the HTRs.
Maples [27] has collected a large number of experimental data that were represented in two
types of graphs that were used for the calculations.

The first graph represents the hydrogen required as a function of the sulphur feed
percentage. The second one relates the hydrogen inlet to the increase in API gravity of the
product. The graphs are available for naphtha (Figure 18 and 19) and heavier fractions
feeds (Figure 20 and 21).

The graphs are be used in this way:

The Sulphur yield is entered into the first graph to get the hydrogen required to remove all
the sulfur. This value is entered into the second graph in order to take the API gravity
increase. This operation is repeated for all the HTRs feed. The SCO product has to meet
some minimum specifications. If the final product meets these specification, the
methodology used prove to be adequate, as it will be explained. The results of this process
are shown into Table 7.

Table 6: Main parameters for the HTRs

Parameter-1D Description Units | Value
YLDs_pnpy Naphtha sulfur content %wt 0,67
YLDs_;co LGO sulfur content Y%owt 2,15
YLDs_yco HGO sulfur content Yowt 3,92
HRypy TR H, required in hydrotreatment - naphtha | SCF/bbl | 100
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feed
HRico utr H; required in hydrotreatment - LGO S(éngl 620
HRyco urr H; required in hydrotreatment - LGO | SCF/bbl | 805
APlfeeq—NnpH HTR density naphtha feed API 55
APlfeeq—160o HTR density LGO feed API 31,78
APlfeeq—nGo HTR density HGO feed API 18,09
APlprod—npPH HTR density naphtha product API 55,2
APIproa-1Go HTR density LGO product API 35,78
APlproa—HGo HTR density HGO product API 24
YLDyos_npH HTR H,S yield in naphtha ht Y%wt 0.71
YLDgp¢_npH HTR offgas yield in naphtha ht Yowt 0.69
YLDyys 160 HTR H,S yield in LGO ht Yowt 2.17
YLDyss_nco Hrr H,S yield in HGO ht Yowt 3.75
YLDynpy—_npu HTR liquid yield in naphtha ht Y%wt 98.6
YLD, ¢o-1co uTR liquid yield in LGO ht Yowt 97.83
YLDyco-nco urr liquid yield in HGO ht Yowt 96.25
The Hydrogen Demand (HD) is therefore:
HDypy yrr = NPHpeeqa-npH nTR * HRNPH HTR (2.33)
HDyco urr = LGOfeeqa-1co nrr * HRigo HTR (2.34)
HDygo nrr = HGOfeea-nco nrr * HRugo nrr (2.35)

In order to calculate the products streams, the conversion yields in the hydrotreater

should be estimated.

According to Maples [27], when a large increase in API is reported for a stock, there is

significant conversion of some of the feed into lower boiling materials.

In our case, for instance, the HGO’s API has a significant increment, which means that part
of the feed has been converted into LGO (and a small part into naphtha). These lower
boiling materials are already included into the product. Because of that, a unique value for

the liquid yield is taken for each hydrotreater.

In order to calculate the liquid yield, the gas yields have to be determined.

In this regard, the correlations of HPI are used [26]:

YLDyys-npy nrr = 1.063 * YLDs_ypy

(2.36)
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YLDFG—NPH HTR = 0.25 + 0.66 * YLDS—NPH
YLDyss-16o nrr = 1.01 % YLDs_ o
YLDyys_ngo urr = 0.957 * YLDg_pco

(2.37)
(2.38)
(2.39)

The yield of refinery gases from the gasoil HTRs was so small that can be neglected. The

NH3 off gas was not considered because his flowrate is small and his analysis is not part of

this work. The results are shown in Table 6.
The liquid yields are:

YLDypy-npuurr = 1 — YLDyss_npu wrr — YLDrg-npH HTR
YLD, Go-16ontr = 1 — YLDyzs_160 nrr

YLDyGo-nGontr = 1 — YLDy2s_neo nrr

The product streams are:

NPHyroa-npH aTR = NPHfeea-npH urr * (1 + HDyph prr) * YLDypy npunTR
FGproa-npu uTR = NPHfeeq—nph uTR * YLDEG-NPH HTR

LGOproa-Lco urr = LGOfeea-r6o nrr * (1 + HDigo nrr) * YLDigo-Lco HTR
HGOproa-n6o nrr = HGOfeea-nco nrr * (1 + HDygo nrr) * YLDygo-Heo nrr
H2Sproa-nrRs = NPHfeeq—npu urr * (1 + HDypy prr) * YLDpos—npw urr +

LGOfeeq-1G60 HTR * (1+ HDygo urr) * YLDy2s—16o nrr + HGOfeeq—nGo HTR *

(1 + HDHGO HTR) * YLDHZS—HGO HTR

(2.47)

Product SCO

The resulted upgraded SCO stream is:

(2.40)
(2.41)
(2.42)

(2.43)
(2.44)
(2.45)
(2.46)

SCOproq = NPHproa—-npu uTR + LGOprod—160 TR + HGOproa—nco ntrR — NPHyakeup (2.48)

The characteristics of the product are resumed in Table 7.

Table 7: Characteristic of The SCO product

Parameter-ID Description Units

Value

YLDypy-sco Naphtha yield in SCO % wt

0,18
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YLDLGO—SCO LGO y1€1d in SCO % wt 0,50
YLDHGO—SCO HGO yleld in SCO % wt 0,32
Total % 1,00

APIgqp API density of SCO API 35,64

The SCO should achieve some characteristics with the upgrading process. The main goal

of the upgrading to SCO is the production of a product with similar characteristic of a
light crude oil. Otherwise, the refineries won’t be interested in buying a product very
complicated to refine with their equipment.
The target set for the upgrading process was to produce a SCO with an almost complete
removal of Sulphur and an API grade higher than 31.1 °API (lower limit for a light oil).
The API gravity calculated has a value much higher than the minimum limit set (Table 7).

This basically means that the product has a high standard quality and will be very
competitive on the market.

The main streams involved in the upgrading process are then shown in Table 8.

Table 8: Main streams involved in the upgrading process

Parameter-1D Description Units Value
BIT,r04 bitumen production bbl/d | 150000,00
bbl/h 6250,00
kg/s 276,85
DBfecq—pru dilbit feed of DRU kg/s 339,91
bbl/h 8134,05
LGOproa-prU LGO product from DRU bbl/h 1098,10
kg/s 43,55
NPH,pcou naphtha recovered kg/s 61,80
NPHuakeup naphtha makeup kg/s 1,26
ATBproa-prU ATB produced in DRU kg/s 234,56
TOTALproa-pru total product of DRU Kg/s 339,91
ATBfeea-pc atmospheric topped bitumen feed of DC kg/s 234,56
bbl/h 5192,47
NPHp,oa-pc Naphtha produced in DC kg/s 37,30
LGOproq—pc LGO produced in DC kg/s 58,63
HGOproa—pc HGO produced in DC kg/s 65,11
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PCRproa-pc petcoke produced in DC kg/s 50,66
FGproa-pc sour fuel gas produced in DC kg/s 22,86
TOTALproa-pc total product of DC Kg/s 234,56
NPHfeeq—npu HTR naphtha hydrotreater feed kg/s 37,30
LGOfeea-160 HTR LGO hydrotreater feed kg/s 102,18
HGOfeeqa-nGo HTR HGO hydrotreater feed kg/s 65,11
HDypy urr hydrogen demand naphtha hydrotreater kg/s 0,08
HD;¢o urr Hydrogen demand LGO Hydrotreater kg/s 1,34
HDyco urr Hydrogen Demand HGO Hydrotreater kg/s 1,24
HDyper Total Hydrogen Demand kg/s 2,65
TOTALfeeq—nrrs Total HTRs feed kg/s 207,24
bbl/h 5229,71
NPH,04-NPH HTR Naphtha Hydrotreater product kg/s 36,86
LGOproa-160 HTR LGO Hydrotreater product kg/s 101,27
HGOproq-nGo HTR HGO Hydrotreater product kg/s 63,86
H2Sp,,0q-HTRs H2S produced kg/s 5,00
FGproa—nr nt Off-gas kgs | 026
TOTALproa—ntrs Total HTRs product kg/s 207,24
NPHyakeup Make up naphtha kg/s 1,26
SCOpypqg Synthetic Crude Oil Produced kg/s 200,72

2.2.2 Heat/Fuel Demand

In the upgrading process there is a certain demand of heat/fuel from the different units.
This fuel is used in furnaces to heat the feed to the operating temperature, in order to make
the desired reactions.

The fuel requirements (FR) of every unit are taken from Gary [20] and shown in Table 9.
According to Gary [20], the FRs already take into account the heater efficiency. In the
upgrading plants, the fuel gas adopted in the furnaces is usually the sweet offgas from the
units or natural gas. The fuel demand (FD) of the upgrading process is described by these

equations:
FDpry = DBfeea—pru * FRpry (2.49)
FDpc = ATBfeeq-pc * FRpc (2.50)
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FDyrgrs = TOTALfeeq—nrrs * FRuTR (2.51)
FDUPGR == FDDRU + FDDC + FDHTR (2.52)

The equations show that the demand of heat/fuel is proportional to the feed flow rate.

Table 9: Fuel Requirements of the Units from (13)

Parameter-1D Description Units Value
FRpry Fuel requirements - DRU MlJ/bblfeed 52,75

FRy, Fuel requirements - DC MJ/bblfeed 147,00

FRyrr Fuel requirements - HTR MlJ/bblfeed 211,00

2.2.3 Steam Demand

All the units of the upgrading process have a certain steam demand.

The characteristic of the steam demanded are different from unit to unit. The DC requires
high pressure superheated steam. This request of steam is in order to avoid the coke
deposition into the furnace. The steam shouldn’t cool down the feed into the furnace.
Consequently. its temperature should be at least the same as that of the furnace
temperature. Since the operational range temperature of DC is 480-515 °C, a temperature
of 500°C and a pressure of 38.5 bar for the steam were selected.

The DRU and the HTRs require steam mainly for stripping. This steam should be
saturated. Accordingly to Gary [20], saturated steam at 20 bar was selected. Differently
from the steam of the DC, this stream comes out after stripping as a saturated liquid, and
just needs the heat of evaporation to be provided.

The steam demands (SD) of the upgrading process are described by the following
equations as a function of the Steam requirements (SR) of the units. The SR of the units are
taken from Gary [20] and shown in Table 10.

SDsat@20par-pru = DBfeea—pru * SRpru (2.53)
SD@3s.spar,500°c-pc = PCKproa-pc * SRpc (2.54)
SDsat@20par—HTRs = TOTALfeeq_prrs * SRyTRS (2.55)
SD@3sspar,500°c-vpr = SD@3s spar,500°c-DcC (2.56)
SDsat@zopar-vrer = SATSDsat@zobar-pru + SATSDsat@20par-HTRs (2.57)

The steam demand is generally proportional to the feed flow rate. The DC demand instead,
is proportional to the Petcoke production.
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Table 10: Steam Requirements from (13)

Parameter-1D Description Units Value
SRpru Steam consumption - DRU kg/bblfeed 4,50

SRpc Steam consumption - DC kg/tcoke 318,00
SRyTRs Steam consumption - HTR kg/bblfeed 4,50

2.2.4 Electricity Demand

All of the units of the upgrading process have a consumption of electricity.
The electricity is mainly used to pump the fluids into the units by circulating pumps.

In the DC, electricity requirements (ERp) include the motor drive electricity consumption
for the hydraulic decoking pump.
The HTRs are by far the units with the highest consumption of electricity, due to the
presence of compressors for the hydrogen.

The electricity demand (ED) of the upgrading process is calculated from the electricity
requirements of every unit, shown in Table 11 and taken from Gary [20].
These are the equations that describes the ED:

EDpry = DBfeea—pru *

ERDRU

EDp¢ = PCKprog—pc * ERpc
EDyrrs = TOTALfeeq—nrrs * ERpTRS

EDgo = (EDpry + EDpc + EDyrgs) * ERgo
EDypgr = EDpry + EDpc + EDyrrs + EDgo

(2.58)
(2.59)
(2.60)

2.61)
(2.62)

The electricity demand is generally proportional to the feed flow rate. The DC demand

instead, is proportional to

the petcoke production.

Table 11: Electricity requirements from (13)

Parameter-1D Description Units Value
ERpry Electricity requirements -DRU kWh/bblfeed 0,90
ERpc Electricity requirements - DC kWh/tcoke 30,00
ERyrgrs Electricity requirements - HTR Kwh/bblfeed 6,00
ER;o Electriciy for general Operations % 0,10

2.2.5 Hydrogen demand
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In the upgrading process of bitumen there is a large demand of hydrogen. The hydrogen
request (HR) and demand (HD) for every HTR were already calculated in Section 2.2.1.
The total hydrogen demand for the upgrading process is the sum of the demand of every
unit.

The HR parameters calculated previously are reported again in Table 12.

HDUPGR = HDNPH HTR + HDLGO HTR + HDHGO HTR (263)

Table 12: Hydrogen requirements of HTRs

Parameter-1D Description Units Value
HRypy TR H; required in NPH HTR SCF/bbl feed 100
HR; ;o uTR H, required in LGO HTR SCF/bbl feed 620
HRyco TR H, required in HGO HTR SCF/bbl 805

2.2.6 Fuel gas production

In the upgrading of bitumen to SCO, there is a certain production of fuel gas. This gas
contains the lighter hydrocarbons of the bitumen (C1-C4) and can be used as a fuel in the
furnaces, in the natural gas steam reformer or in steam generations. The fuel gas is
produced mainly in the DC and in the HTRs. The equations for the fuel gas production
(FGproq) are:

FGproa-pc = ATBfeeq—pc * YLDpg_pc (2.64)
FGpTOd—NAPHTHA HTR — NPered—NPH HTR * YLDCI—C4—NPH HTR (265)
FGproa-upcr = FGpc + FGproa—npH HTR (2.66)

Since the offgas produced in the naphtha HTRs is almost two orders of magnitude lower
than the offgas in the DC, the composition of the total offgas is considered equivalent to
the one of the DC. The gas composition considered is provided by HPI [26] and shown in
Table 13.

Table 13: Composition of the offgas produced in the upgrading

Parameter-1D Name Yield (%owt)
H2 Hydrogen 0.8
Cl Methane 26.7
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C2- Ethylene 3.0
C2 Ethane 18.7
C3- Propylene 8.3
C3 Propane 17.9
C4- Butenes 10.1
1C4 Isobutane 3.8
nC4 N-butane 9.5
H,S Hydrogen sulfide 1.2

2.2.7 upgrading demand results

In this Section the results for the demand of energy vectors of the upgrading process are

shown in Table 14.

Table 14: Results of upgrading demand

Parameter-1D Description Units Value
BITyr04 Bitumen input bbl/d 150000,00
bbl/h 6250,00
kg/s 276,85
MW 11813,09
SCOpyoq SCO produced kg/s 133035,53
bbl/h 5543,15
bbl/d 207,24
MW 9645,08
HDyper Hydrogen demand upgrading kg/s 2,65
MW 318,42
PCKproa-pc Petcoke produced kg/s 50,66
FGproa-pc Sour fuel gas produced in DC kg/s 22,86
FGproa-npm HTR Sour If;lllazl) ﬁ?qsa pﬁf}cglsed in ke/s 0.26
FGproa-upr Fuel %a;grr);(c)i?:ll;ed in ke/s 23,11
MW 1098.84
FDpry Fuel demand DRU MW 119,19
FDpc Fuel demand for DC MW 212,03
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FDyrrs Fuel Demand HTR MW 306,52
FDyper Total fuel demand MW 637,73
SDsat@20par—DRU Steam demand DRU kg/s 10,17
SD@38.5par,500°c—DC Steam demand DC kg/s 16,11
SDsat@20par—HTRs Steam demand HTR kg/s 6,54
SD@38.5par,500°C-UPGR Superheated steam kg/s 16,11
MW 55,42
SDsqt@20bar—UPGR Saturated Steam kg/s 16,70
MW 32,74
EDpru Electricity demand - DRU Mwh/year | 64128,82
EDpc Electricity demand in the DC | Mwh/year | 47933,14
EDyrrs Electricity demand in the HTR | Mwh/year | 274873,60
EDg, EleCtriCitgpii:tli;i for plant Mwh/year | 38693,56
EDypex Total eiﬁ?ﬁ;gfagigand for | N whiyear | 425629,11
MW 48,59

1 The Lower Heating values and specific enthalpies parameters used for the conversion from flow rate and
power are shown in Table 15.

Table 15: LHVs and differences of enthalpies of the main streams involved

Parameter-1D Description Units | Value
LHVspe' lower heating value of sour produced gas MlJ/kg | 20,33
LHVy,' lower heating value of hydrogen MJ/kg | 119,96
LHV,;' lower heating value of sour fuel gas from Mike | 47,54

upgrading
LHVg,;* lower heating value of bitumen Ml/kg | 42,67
LHVso* lower heating value of synthetic crude oil MlJ/kg | 46,54
variation of specific enthalpy between the inlet'
Ahsgr@100 bar- and outlet condition of high pressure saturated MlJ/kg | 2,19
steam
variation of specific enthalpy between the inlet and
Ahgsgs bar,500°C3 outlet condition of superheated steam at 38.5 bar | MJ/kg | 3,44
and 500°c
A hSat@ZObar3 variation of specific enthalpy between the inlet and Mike | 1,96

outlet condition of saturated steam at 20 bar

1 The LHV of these streams have been calculated with the software Aspen Plus [29] with as an input the

composition of the streams and their thermodynamic conditions
2 Values from National Energy Board website as mean values for Athabasca bitumen and SCO [30]
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3 The inlet conditions for every stream are the one used in Chapter 3 for the energy facilities.

2.3 TOTAL DEMAND

In order to build the energy infrastructure, the total requirements of the processes have to
be calculated. These requirements are the sum of the demands of the SAGD extraction

process and of the upgrading to SCO.
The steam required by the extraction has different characteristics from the steam demanded
by the upgrading. Likewise, the produced gas from the wells has different characteristics

and use than the off gas produced from the upgrading process.

The only streams that can be actually added are the demands of electricity.

Here are the main calculation for the total demand:

SCOproq = SCOproa-uvprcr

SPGiot = SPGexir

FGprod—tot = FGprod—UPGR

PCKProd—tot = PCKProd—UPGR

SDSat@lOObar = SDSat@lOObar—ext

SD@38.5bar,500°C = SD@38.5bar,500°C—ext

SDSat@ZObar = SDSat@ZObar—ext

FD¢ot = FDypgr
HD;o; = HDypgr

EDtot = EDext + EDUPGR

The results of these equations are shown in Table 16.
The flowsheet of the total demand of energy streams associated to the process is shown in
Figure 22.

(2.67)
(2.68)
(2.69)
(2.70)
(2.71)
(2.72)
(2.73)
(2.74)
(2.75)
(2.76)

Table 16: Total result of Energy stream demand related to extraction and upgrading

Parameter ID Description Units LES' HES?

BlTyr04 bitumen production bbl/d 150000,00 | 150000,00
kg/s 276,85 276,85
MW 11813,09 | 11813,09

SCOproa SCO produced Bbl/d 133035,53 | 133035,53
kg/s 207,24 207,24
MW 9645,08 9645,08

SPGiot total sour produced gas Kg/s 3,61 3,61
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MW 73,37 73,37
FGproa-tot fuel gas produced kg/s 23,11 23,11
MW 1098.84 1098.84
PCKproda—tot petcoke produced kg/s 50,66 50,66
demand of high pressure
SDsat@100bar saturated steam at 100 kg/s 551,79 827,68
bar
MW 1210,29 1815,43
demand of superheated
SD@3g.5par,500°C steam at 38.5bar and kg/s 16,11 16,11
500°¢
MW 55,42 55,42
demand of saturated
SDsat@20par steam at 20bar kg/s 16,70 16,70
MW 32,74 32,74
FD,y, fuel demapd for MW 637.73 637.73
upgrading
HD,,, total hydrqgen ke/s 2,65 2,65
consumption
MW 318,42' 318,42
EDyy: elecm‘:“?g;mand per MWh/yr 836254,11 | 1192129,11
MW 95,46 136,09
ST/PWR Steam/power MWieanMWooner | 13.6 13.99
Ratio

1 LES refers to low energy scenario with iSOR=2 and EOR=7.5
2 HES refers to high energy scenario with iSOR=2 ans EOR=14
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Figure 22: Flowsheet of the total demand of the process
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CHAPTER 3: Reference Case Model

In the previous chapter the total demand of energy streams related to the entire SAGD
extraction and upgrading process has been calculated.

In this chapter a reference case (RC) model will be generated in order to satisfy the
demand of all the energy streams previously calculated.

Furthermore, this model will calculate the fuel consumption of the energy facilities and the
related CO2 emissions. The model will be provided and simulated with the software Aspen
Plus from Aspentech [29].

In the reference case the main fuel used to satisfy the demand of energy vectors is natural
gas from the pipeline. The average composition of western Canadian natural gas is taken
from Uniongas website [31] and shown in Table 18.

3.1 STRUCTURE OF THE ENERGY FACILITIES

The structure of the energy facilities has been selected from the experience and the
knowledge of the real facilities operating in the bitumen extraction and upgrading
processes. The study of the major operative plants has been taken from the performance
presentation available from the AER [21].

Regarding the commercial energy facilities used by the companies, some observations can
be made:

* Some plants are buying electricity from the grid while others are producing their own
electricity.

* The plants that have gas turbines usually have OT-HRSG for cogeneration [21].

* [tis possible to export electricity to the grid, although there are some limits (usually less
than 100 MW due to the limit of the current electric grid)

* In SAGD plants, companies prefer to modularize and use small-medium size gas
turbines. In operating plants, it is difficult to find a unit bigger than 70-80 MWe. The
main reason is that Alberta’s severe climate conditions create problems in transport,
installation and maintenance of large size units.

* Due to the use of warm lime softeners for softening, the use of OTSGs is mandatory.
Nevertheless, some plants are using evaporators on the blowdown of the OTSGs in
order to maximize the water recycling.

* The fuel used by the OTSGs is mainly natural gas bought from the pipeline. The
produced gas can be used in the plant after sweetening as co-fuel in OTSGs. No plants
are burning solid/liquid fuels in OTSGs.

* The SAGD extraction and upgrading plants are usually separated by several kilometers.
That makes the transport of gaseous fluids impossible (as the offgas from the
upgrading) from one area to another. Electricity can be transported without any
problem.
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* The main technology used for hydrogen production is the natural gas steam reforming
in tubular furnaces. This technology co-produces steam.

* The supplementary steam requirements of the upgrading can be generated with drum
Boilers or with cogenerative steam cycles.

¢ The direct combustion of petcoke is possible but strongly discouraged because of its
sulphur content. There are severe limits to sulphur emissions.

* The gas generated in the upgrading area can be used in burners and furnaces after a
proper desulphurization and/or sold as a product.

The RC model is structured in order to represent the best available technologies (BATSs).
The flowsheet scheme of the RC model is shown in Figure 23. Accordingly to the
considerations above, some decisions were taken for for the model:

Cogeneration

Although some plants still import electricity, this case was not considered. In fact, the
benefits of cogeneration for this application are so evident that there is no reason not to
install it in big plants.

The cogeneration unit is installed in the SAGD area and produces electricity for both
extraction/processing and upgrading. The electricity is transported to the upgrading area
via grid. The decision to place the cogeneration system in the SAGD area is due to the
necessity of remaining close to the wells for steam production.

The cogeneration system will consist of gas turbines with once through heat recovery
steam generators (OT-HRSGs). These particular systems produce steam with around 80%
quality. Due to the impurities in the water, which is coming from the CPF, is not possible
to use drum evaporators. In order to keep the liquid in contact to the pipes, it is mandatory
to maintain low steam quality. If a complete evaporation occurs, the harnesses in the water
could deposit over the surface of the pipes, creating fouling and several problems related.
The power output selected for each unit is around 50 MW. As we mentioned, due to the
severe climate in Alberta, it is generally preferred to use small size turbines.

Steam generation

All the steam generated is generated close to the users. The steam for the extraction is
generated into the extraction area and the steam for the upgrading in the upgrading area.
The HP steam for the wells, except the one from the cogeneration unit, is generated via
OTSGs.

The superheated steam requested by the delayed coker is generated by the natural gas
steam reformer used in the hydrogen production.

The saturated steam required by the stripping units is generated by drum boilers.
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Use of fuel products

All the gaseous hydrocarbons produced in the processes are desulphurized and used as
fuels. The gas produced in the wells is used into the OTSGs as co-fuel with natural gas and
in the post-firing system. The gas produced during the upgrading process is used in the
drum boilers, in the steam reformers burners, and in the furnaces that provide heat to the
upgrading units.

The extra gas is sold to the market. It is inconvenient to transport the extra gas from the
upgrading to the extraction area due to the usual distance between them.

There is no use for the petcoke produced from the delayed coking, which is the actual
situation of all the plants. A small amount of the petcoke produced is sold in the Asian
market, while most of it is stockpiled.

3.2 FLOW SHEET MODEL

The calculation for the model has been done with the software Aspen Plus version 7.3 from
Aspentech [29].

The main sheet of the Aspen Plus model of the SAGD extraction utilities consists in two
main macro-areas:

*  SAGD Extraction area
*  Bitumen upgrading to SCO area

The first one is divided into:

*  Cogeneration (COGEN)
*  Mixed fuel OTSGs (OTSGs)

The upgrading is divided into:

¢ Steam reformers (SREF)
*  Drum boilers (DB)
*  Furnaces (FURN)

The main sheet of the Aspen RC model is shown in Figure 24. The inputs for the model
are:

* Electricity demand

* Produced gas from wells and fuel gas from upgrading production
* HP steam required from wells of SAGD

* Hydrogen required

* Superheated steam required from upgrading

* Saturated steam required from upgrading

* Heat/fuel gas demand for furnaces
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All these quantities were defined and calculated in Chapter 3.
The outputs of the model are:

Natural gas consumption

Electricity export

Fuel gas to sell

CO2 emissions

3.3 COGENERATION MODEL
3.3.1 Gas Turbine performance data corrections

In SAGD plants it is usually preferred to modularize the Electricity production using more
small/medium size units than only one big unit.

This approach permits more flexibility in the case of change of production of bitumen, or
to stop for maintenance of the units.

The gas turbines have been selected from the large number of machines available on the
market. The final decision was to take the commercial 47.5 Mwe SGT-800 model from
Siemens [32]. This model was selected mainly for two reasons. The first one is that the
turbine output is the perfect size of the turbines usually used in SAGD plants. The second
reason is that this specific model combines high efficiency with the high temperature of the
exhaust gases, which is a good parameter for cogeneration use. The technical specifications
for this machine are taken from the database of the software GT-PRO Version 18 from
Thermoflow [33]. Since the new version of the gas-turbine is not available in the database
the model of 2008 was used, which is very similar. A first simulation with GT-PRO was
run and the results shown in Table 17 were obtained. The results of this simulation are
referred to ISO conditions (15°C, 1 Atm) and do not consider pressure drops in aspiration
and exhaust. Since the climate conditions in the Athabasca region of Alberta are extremely
severe, and since some pressure losses are inescapable, another simulation for the
‘Corrected site’ conditions was done. These values were assumed for temperature and
pressure drops:

*  Annual average temperature 0°C
e  Aspiration pressure drop Apgsp = Smbar

o  Exhaust pressure drop Apexh= 20mbar

These values were used as an input in GTPRO for a new simulation. The results shown in
Table 17 demonstrate that the corrections of the performance data are mandatory when the
turbine is working in extreme temperature conditions like in Alberta.
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Table 17: ISO conditions and Corrected site conditions for a Gas turbine SIEMENS SGT-

800 in Alberta

Parameter Unit ISO conditions Corrected site conditions
Power MW 46.43 48.93
Efficiency % 37.54 37.36
Air mass flow rate kg/s 128.5 134.35
Fuel mass flow rate Kg/s 2.5 2.65
Flue gas mass flow kg/s 131.1 137
TIT °C 1287.8 1292.9
Turbine outlet (TOT) °C 551,82 540.8

3.3.2 Cogeneration Unit model

The cogeneration unit has been modeled with Aspen plus.

For the gas turbine, since all the data are already available, an equivalent model has been
used. This model is used just to provide the composition of the flue gases in order to
simulate a correct exchange in the OT-HRSG.
Those streams are sent to an RStoic block that simulates the combustion and its products.
RStoic block is modeling a reactor when the stoichiometry is known.

Table 18: Natural Gas composition from (23)

Parameter-1D Name Yield (%wt)
Cl Methane 95
C2 Ethane 3.2
C3 Propane 0.2
iC4 Iso-butane 0.03
nC4 N-butane 0.03
C5+ Pentane + 0.02
02 Oxygen 0.02
N2 Nitrogen 1
CO2 Carbon Dioxide 0.5

This block is modeled as an adiabatic reactor with no pressure drops. Furthermore, the
option within the block to simulate combustion reactions was selected.

The exhaust gases are cooled down with a cooler block till the temperature EXT calculated
in the former section (511.82 °C).
The exhaust gases are then post fired. The postfiring system has been modeled with
another RStoic reactor that is receiving another inlet stream of fuel. Since the combustion
in a gas turbine occurs with a large excess of air, the gases are still full of oxygen and can
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handle another combustion. The limit to the amount of fuel injected for the postfiring is the
maximum temperature tolerable by the materials. The amount of fuel injected for
postfiring was calculated with an iterative Design-Spec calculation, fixing 750 °C as
maximum temperature. A mixed fuel, which is a mixture of natural and produced gas, was
used in the postfiring unit.

The posfired stream is then sent to a heat exchanger that is simulating the OT-HRSG.

The OT-HRSG is producing saturated steam at 100 bar with a vapour fraction of 78%
[24].The heat exchange process has been simulated with a minimum temperature approach
of 20°C and thermal losses of 1%.

The water and the steam produced by the OT-HRSG are then separated into a separator
block. The steam is sent to the wells while the water is preheating the Boiling feed water.
The Boiling feed water has a temperature of 166°C [24].

This steam is preheated with the water blow down from the separator until a temperature of
200°C. This heat exchanger has been modeled with a minimum temperature approach of
10°C.

The cogeneration unit is shown in Figure 25, while the Aspen cogeneration model is
shown in Figure 26.

The input received by this unit is essentially the total electricity demand. The electricity
demand profile of this process is not known. Since many similar industrial process have a
constant demand profile, the plant was considered operative 24 hours a day. Therefore, the
mean power demand results:

1

PD = Power Demand = ED * [MW] (3.1)
24%1000

NUMGT = NUMber of Gas Turbines = INTSUP(%) (3.2)

with NP = Nominal Power of SGT-800 = 51.27 [MW] (3.3)

Nevertheless, Gas Turbines have some inescapable stoppages due to maintenance and
failures. The entire system won’t be oversized basing on availability factors. When there is
a shutdown of the gas turbine, the electricity will be bought from the grid. Hopefully,
thanks to the modularization of the units, just a small part of the electricity required will be
integrated in these situations. The steam produced by cogeneration will be reduced, and
therefore, there will be an increase in the OTSGs load during the temporary stop.

During normal operations the extra electricity, if any, will be exported to the grid.

The cogeneration model is based on a single gas turbine but can easily handle more units.
In fact, in the main sheet there is a multiplier block that can receive as an input the number
of turbines that are operating in the SAGD plant. This unit multiplies the flow of gases for
the number of machines. With this modification the air in the burners will be regulated by
a calculator block. The OT-HRSG will be simulated as a single big unit that is receiving all
the flue gases from the turbines and that is perfectly equivalent to the simulation of more
OT-HRSGs. All the parameters used in the Aspen Model are displayed in Table 19.
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3.4 OTSGs MODEL

The OTSGs were modeled with an RStoic block and a heat exchanger.
The RStoic block is receiving air and fuel and is simulating an adiabatic combustion
without pressure drops. The air flow rate is set with a design spec in order to have 3% of
oxygen in dry flue gases.
The heat exchanger receives the gases at the flame temperature and produces water at 100
bar and 78% quality.
The minimum approach temperature is 20°C. The losses are set to be 0.5% of LHV for
unburned and 0,5 of LHV for radiation and convection losses.
As for the cogeneration unit, the stream exiting the OTSG is separated into steam and
water, which is preheating the feedwater of the boiler.
The heat exchanger for the boiler feedwater is identical to the one described in the former
section for cogeneration. The pure steam produced at 100bar is sent to the wells and it is
used for the extraction.
The OTSGs model is shown in Figure 27.

Table 19: Parameters for Steam Generation

Parameter Unit Value
Natural gas consumption for each Turbine Kg/s 2.734
Mass of air for each turbine Kg/s 136.01
Turbine Exhaust temperature °C 551.82
Postfire Temperature °C 750
Temperature Water Preheat inlet °C 166
Pressure water preheater inlet bar 135
Minimum Temperature Approach in Water preaheater °C 10
OT-HRSGs Heat Losses % 1
Quality of OT-HRSG % 78
Outlet Steam pressure Bar 100
Minimum Temperature Approach OT-HRSG °C 25
Air Inlet temperature Burners OTSGs °C 25
Oxygen Mole fraction in Dry gases % 3
Losses for unburnt % of LHV 0.5
Losses for radiation % of LHV 0.5
Quality of OTSGs % 78
Outlet Steam pressure Bar 100
Minimum Temperature Approach OTSG °C 25
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3.5 STEAM REFORMERS

For the hydrogen production, a natural gas steam reformer unit was modeled with Aspen
Plus. Particular effort was dedicated in order to make a proper model of this unit. The
model consists in a pre-reforming unit, a steam reformer unit, two stages of water gas shift
(WGS) and a pressure swing adsorber (PSA) for hydrogen purification. The flow diagram
of the steam reformer modeled in this section is shown in Figure 28.

Since the natural gas considered in the models doesn’t contain H,S, no desulphurization
was included before the reactors.

Nevertheless, in commercial plants a desulfurization unit with a zinc oxide bed is always
required because of the low tolerance of catalysts for sulphur.

The main reactions involved in the Natural gas Steam reforming are [34]:

e CH,+ H,0 — CO + 3H, AH%4= 206 KJ/kmol
« CO+H,0— CO,+H, AH%4= - 41 KJ/kmol
e CH,+ CO, — 2C0 + 2H, AH%4= 247 KJ/kmol
e CH,+ 2H,0 — CO, + 4H, AH%4= 165 KJ/kmol
e CH, + 3C0, — 4CO + 2H,0 AH%4= 330 KJ/kmol

All the reactions are taking place in the steam reformer reactor, except the second, the
WGS reaction, which is happening in the WGS Reactor.

The reactions taking place in the Steam reformer reactor are overall endothermic.
Because of that, burners are required in order to supply external heat to the reactor.

The main goal of this process is to convert as much as possible the inlet Natural gas into
Hydrogen. The reactions are promoted at a high temperature and low pressure.

In order to do that, the temperature of the reactors should be as high as possible. A general
limit is represented by the resistance of materials to 900-920°C [35]. Although a low
pressure is positive for the thermodynamic, it is mandatory to limit the dimensions of the
reactors. In addition, the final product is required to be pressurized, and it is absolutely
inconvenient to compress the gaseous products.

The usual range of pressure of these units is between 20 and 40 bars.

Another parameter that is positively affecting the conversion of methane is the Steam to
CH4 rate. Generally it is recommended to operate with rates between 2.5 and 4. A higher
amount of Steam is reducing the Methane slip and is also preventing the accumulation of
solid carbon that is negative for the catalyst and the pipes.

The parameters used for the steam reformer reactor are an outlet temperature of 900 °C, a
pressure of 38.5 bar and a steam to CH4 ratio of 2.7.

The refinery requires pure hydrogen while the Syngas produced in the reforming reactor
has a discrete content of CO.
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Because of that, WGS reactors are installed in order to convert the CO to H2 and CO2 with
the remaining Steam water in the syngas flux.

Typically two shift reactors are used: The first one is operating with high temperature
catalysts, while the second operates with low temperature catalysts.

The first reactor is operating with iron oxide— chromium oxide catalysts with a usual inlet
temperature of 300-450 °C. The second reactor uses Cu-ZnO-Al203 catalysts that usually
operates in a range of 190-250 °C [36].

The inlet temperatures for HTS and LTS reactors are respectively 400 and 200 ° C (Figure
30).

4}
o
1] TN
- Equilibrium
> Inter-bed cooling
z
R
o} 2F
o 1
= LT shift
w
1
0 L | 1 L |
200 300 400 500 600

Temperature/°C
Figure 30: Temperature vs Exit CO %

Since the reaction is exothermic, the flux of syngas out of the high temperature shift (HTS)
has a higher temperature than the one entering the reactor.

The syngas flux is then cooled down in a heat exchanger until the desired temperature for
the low temperature shift reactor (LTS) has been reached.

The main sheet of the steam reformer model is shown in Figure 29.

For the steam reforming and WSG reactors an RGibbs block has been used.

RGibbs models single-phase chemical equilibrium, or simultaneous phase and chemical
equilibria. It must be specified the reactor temperature and pressure, or pressure and
enthalpy. RGibbs minimizes Gibbs free energy, subject to atom balance constraints. This
model does not require reaction stoichiometry. RGibbs can determine phase equilibrium
without chemical reaction.

For the Steam reformer unit, all the components were selected as possible products. No
components were considered inerts.
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In the case of the WGSs, all the components were considered inerts except the ones
involved in the shift reaction. The shift reactor is simulated as adiabatic.

An adiabatic pre-reformer unit is also included in the scheme. This unit is not mandatory in
the case of usage of natural gas as a feed, although it is mandatory when heavier
hydrocarbons are processed.

The reactions involved are the same described above plus the generic reforming reaction:

C,Hypyo + nH,0 — nCO + (2n + 1)H,

The use of the pre-reformer can also have a positive impact when the feed is natural gas. In
fact, the pre-reformer can reduce the thermal load of the steam reformer, the steam to CH4
ratio and increase the overall efficiency of the process [35].

This unit was simulated as an adiabatic RGibbs block with the same characteristics of the
Steam reformer.

After the second shift the syngas is cooled down and sent to the purification units.

The hydrogen in the syngas should be separated from the other components in order to
obtain the desired purity.

After the separation of the water, the syngas is sent to a pressure swing absorber
(PSA).The PSA has been modelled as a simple separator block set to recover 90% of
hydrogen with 99.99% of purity. This block has been used on the basis that hydrogen
purity and recovery are not sensitive to the changes in pressure and composition of the feed
[37]. The hydrogen produced is sent to the hydrotreates while the Offgas of the PSA,
which is mainly composed of CO2, H2, CH4, CO and H2O, is sent to the burners of the
SRR.

The burners of the steam reforming are modeled in a separate model that is shown in
Figure 31.

The Steam reformer burners are using as a fuel the offgas from the PSA and some gas
produced in the Upgrading Process.

The burners were modeled with an adiabatic RStoic unit that generates the combustion
reactions. After the burner there is a control model that verifies the concentration of O2 in
the exhaust gases. A concentration of 3% O2 in dry gases was fixed.

The exhaust gases are then cooled down, providing heat not just to the steam reformer
reactor but also to other streams. In fact, a system of heat exchangers was created. This
system is similar to the scheme illustrated in [35]

The exhaust gases are therefore preheating the feed of the steam reformer, the natural gas
feed, and the air of the burners. There is also some steam generation with the heat of the
exhaust gases. The heat exchangers are set with 0.5 % heat losses and minimum
temperature approach depending on the different currents. The heat for steam production is
also provided from the syngas coolers after the reforming reactors and the WGS reactors.
The heat at high temperature is used to produce steam while the heat at low temperature is
used for water preheating.
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The steam is produced at 38.5 bar and 500°C. Some of this steam is used for the reactor

while the remaining is exported to the delayed coker.

The steam production model is shown in Figure 32.

The parameters used for simulating the plant are displayed in Table 20 while the
performances of the plant are shown in Table 21.

Table 20: Parameters for the Steam Reformer

Parameter Unit Value
Natural gas Pre-heater outlet temperature °C 500
Superheated Steam Temperature at mixer °C 500
Inlet pressure bar 38,5
Steam to Methane Ratio Mol/Mol 2,7
Pre Reformer feed temperature °C 500
Pre Reformer Heat Duty MW 0
Pre Reformer Pressure Drop bar 1
Steam Reformer Feed Temperature °C 650
Steam Reformer Outlet Temperature °C 900
Steam Reformer Pressure Drops bar 1
High Temperature Shift inlet Temperature °C 400
HTS Heat Duty MW 0
HTS pressure Drops bar 0.5
Low Temperature Shift inlet Temperature °C 200
LTS Heat Duty MW 0
LTS pressure Drops bar 0.5
HTS/LTS reactor approach temperatures °C 10
Condenser Temperature °C 40
PSA inlet Temperature °C 40
PSA Hydrogen Split fraction % 0.9
PSA hydrogen Quality % 1
Combustion Air Temperature °C 425
02 Concentration in Dry Gases % 3
Minimum Approach temperature Exhaust Gases/Syngas oC 100
Exchangers
Minimum Approach Temperature Syngas/water exchangers °C 25
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Exhaust Gases Outlet temperature °C 215
Heat Losses from heat exchangers % 0.5
Pressure Drops in Heat exchangers Gas side % 0.05

The efficiency is calculated with these equations:

mHz*LHVHZ

m = (3.4)

myG*LHV NG+ MpypL*LHV FyEL

N, = My *LHV go+ MsTEAM—EXP*AH@38.5bar,500°C (3.5)
2 = - - .
myg*LHV NG+ MpyEL*LHVFUEL

Where :

My, , LHVy, = Mass Flow rate and LHV of Hydrogen

MpygL, LHV ey, = Mass Flow rate and LHV of the fuel of the burners

My, LHVye = Mass Flow rate and LHV of Natural Gas

Msream—-exp AH@3g 5par,500°c = Mass flow rate and specific variation of enthalpy of the
steam produced for the export

n, = Efficiency of the Steam Reformer

n, = Efficiency of the Steam Reformer (Steam Export included)

The inputs for the steam reforming unit were essentially the demand of natural gas from
the HTRs and the amount of steam required from the delayed coking unit. This ‘type’ of
steam was selected because it has characteristics similar to the steam required from the
steam reforming.

In order to reach exactly the values required by the demand, a design spec flowsheeting
option was used.

In the case of hydrogen production, the flowsheeting option is varying iteratively the input
of natural Gas in order to produce the hydrogen required.

The values of steam produced by the steam reformer have been reached working on the
heat exchangers flows.

Table 21: Performances of the Steam Reforming Unit

Parameter Unit Value

Natural gas Steam reforming consumption Kg/s 8.23

MW 404.72

68




Chapter 3

Fuel Gas Consumption Kg/s 0.49
MW 23.68
H2 produced Kg/s 2.65
MW 317.89
Superheated Steam at 500°C and 38.5 bar exported Kg/s 16.11
MW 55.71
Efficiency ny % 74.19
Efficiency 7, ( Steam Production included) % 87.19
e :

5 Steam Reformer:
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Figure 32:Steam Reformer Steam Generation Model

3.6 DRUM BOILERS AND FURNACES

The drum boilers and furnaces hierarchies complete the upgrading area.

drum boilers are producing the steam required for stripping in the DRU and hydrotreating.
They essentially receive saturated liquid at 20 bar and produce a complete evaporation of
the liquid flow by burning fuel gas produced by upgrading.

The simplified drum boilers model in Aspen is not very different than the one made for
OTSGs (while in reality those units are extremely different from each other). The main
difference is that these units, thanks to their structure, are producing saturated steam with
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around 100% quality. Thus, they don’t require a flash separator as OTSGs do in order to
produce pure saturated steam.

Therefore, their results are more economical and efficient than OTSGs.

The furnaces are producing the heat required by the heaters in the different upgrading
units. Since Gary’s [20] value for fuel requirements is already comprehensive of the
combustion efficiency, the modeling of furnaces is not required. The fuel requirements can
be calculated with only one simple equation:

FD

MrpyEL = LAV roBL (3.6)

Where FD is the Fuel demand, mgy g, and LHVpyy, are the mass flow rate and LHV of the
fuel of the furnaces.

Nevertheless, an equivalent model has been simulated in order to predict the CO,
emissions. An RStoic combustor has been modeled with an input of fuel equal to mzyg; .
After the combustion, the heat exchange has been simulated without any loss in order to
produce exactly the heat demand FD. Although this model box does not provide us with
any additional information, it is required to maintain the structure of the model and
calculate additional streams. These additional streams are the CO, emissions and the extra
fuel which is not used in the upgrading burners and is available for sale.

The parameters of the drum boilers model are shown in Table 22.

Table 22: Drum Boilers Parameters

Parameter Unit Value

Air inlet temperature burners DB °C 25
Oxygen mole fraction in dry gases % 3

Losses for unburnt % of LHV 0.5

Losses for radiation % of LHV 0.5

Quality of DB % 100

Outlet steam pressure Bar 20

Minimum temperature approach DB °C 20

3.7 OTHER UNITS

There are a few more units in the main sheet that haven’t been described yet.

In both SAGD extraction and upgrading area there is a sweetening unit.

For desulphurization, a Sulfinol process was selected. This process is the one used by
Suncor in Athabasca region [17]. The sweetening units have been modeled in Aspen Plus
as a simple separator block that separates all the H,S and part of the CO, from the inlet
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feed. The solvent should then be regenerated with reboiling/stripping with steam. There is
a certain heat required for the reboiling and a certain amount of electricity required for the
AGR. However, since these values are extremely low compared to the other streams
involved in the model, they are considered negligible. The H,S is sent to the Claus facility,
where elemental sulphur is produced while the CO; is vented in the atmosphere.

The mixing unit blends natural and sweet produced gas. That operation is done mainly
because the sweet produced gas has a lower heating value than the natural gas. A feed with
just sweet produced gas could require some modification to the conventional burners of the
OTSG, which is undesirable.

The mixed gas then enters into a split unit that divides the fluxes between postfiring and
OTSGs. This unit is controlled by a design spec that sends to the cogeneration model the
mix-fuel necessary for the postfiring system in order to respect the temperature limits
(Section 3.3.2).

3.8 RESULTS

In this section, the main results of the model for the reference case are discussed.

First of all, the specific consumption of energy of the various units was calculated and
compared. With these data a net energy analysis (NEA) of the energy system was
performed. In order to do that, some parameters called energy return ratio (ERRs) have
been used.

In the end, the CO2 emission of the RC were calculated. These results have been compared
to the ones of other studies available in the literature.

The flowsheet with results for the RC model is shown in Figure 33.

3.8.1 Energy consumption in the RC model

In the RC model the energy is provided to the energy facilities with gaseous fuels. The
gaseous fuels used in the SCO life cycle (LC) are natural gas (NG), produced gas from
wells (PG) and fuel gas (FG) from coker.

A specific consumption of fuel was attributed to every unit. In most of the cases the
attribution of fuel consumption to each unit was easy, but for the cogeneration unit the
process was not so simple. In fact this unit produces energy streams for different purposes:

Electricity for SAGD
Electricity for upgrading

Electricity for export
* Steam generation for SAGD

It has been decided that the natural gas consumption for electricity generation is the fuel
used in the simple cycle of the gas turbine. Therefore, each electricity stream has a
consumption of natural gas proportional to its electricity production.
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The stream of steam generated for SAGD is associated with the fuel used for the postfiring
in the OT-HRSGs.

As described in Chapter 3, two scenarios for the SAGD extraction were performed. The
first scenario corresponds to a low energy Scenario (LES), with a SOR of 2 and EOR of
7.5. The second scenario corresponds to a high energy scenario (HES), with SOR of 3 and
EOR of 14.

The results of the two different simulations with Aspen Plus are shown in Table 23.

As can noticed from the results, the SAGD area relies majorly on natural gas use, while in
the upgrading area the fuel gas produced gives a significant contribution.

The units that consume more energy are without any doubt the OTSGs followed by the
furnaces of the upgrader reactors and the steam reformer. In the LES the energy
consumption is almost equally divided between extraction and upgrading. In this case the
consumption of OTSGs is almost the same of the sum of furnaces and steam reformers.
Moreover, the natural gas consumption for electricity generation is equally ascribable to
SAGD and upgrading.

However, in the HES the results are very different. In this case the SAGD area is
consuming 70% more energy than the upgrading area. This is attributable mainly to the
high increase of steam demand from the wells, which is definitely the most influent
parameter on the entire process.

3.8.2 Net energy analysis

Net Energy Analysis (NEA) is a class of methods used to calculate the effectiveness of
energy systems [38] .These methods are particularly effective whenever there is the
extraction or the exploitation of natural resources.

In these cases, it’s not just important to find a parameter who measures the thermodynamic
efficiency of the energy conversion. In fact, it does matter to evaluate in terms of energy
how profitable it is to exploit a natural resource (as for example are hydrocarbons).

The result of a NEA is usually an energy return ratio (ERR), a parameter which compares
the amount of energy consumed in exploitation of an energy resource to the amount of
valuable energy provided to society.

Interesting considerations can be made through the analysis of the ERRs parameters. These
parameters, contrary to the thermodynamic efficiencies, should be always bigger than one.
If not, it means that it costs us more energy to extract a resource than the energy this
resource provides to users.

There are a lot of formulations of ERRs. Each of these formulations provides different
information, depending also on the boundaries used.

Since ERRS are often poorly defined in the literature, it was decided to refer to the work of
Brandt and Dale [39], who brilliantly defined some ERRS.

The Net Energy Ratio (NER) considers all the energy input for the process, and its general
formulation is:
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Net Output of Primary Ener,
NER = put of y 9y

(3.7)

External Primary Energy+Self Consumption Primary Energy

The net external energy ratio (NEER) considers only those inputs that are ‘consumed from
the existing industrial energy system, excluding any self use (e.g. produced oil burned on
site to power oil producing operations)’. Its general formulation is:

Net OutputofPrimary Energy

NEER = (3.8)

External Primary Energy

The ERR type ‘external’ with the ‘flow’ formulation defined by Brandt and Dale [39] was
selected for this analysis. This ERR type, contrary to the ‘Life Cycle’ type, does not
consider any indirect energy use. Indirect energy uses are, for example, the energy
consumption associated to natural gas bought from plants or the energy used in order to
build the energy facilities.

Generally speaking, the NER parameter is a measure of the total return from a certain
production process. This parameter is closely correlated with the environmental impacts of
a process (like greenhouse gas emissions).

Conversely, the NEER can measure the potential growth in energy supply to society
because it only counts those inputs that must be produced and delivered externally to the
process through the existing energy supply system.

Therefore it is useful to compare these parameters in order to have a complete overview on
the energy profitability of the process. This comparison indicates to what extent a certain
process is energetically independent. The ERRs and streams used for their calculation are
shown in Table 24. The SCO production, the fuel and the electricity export have been
considered as energy outputs. Since the electricity is not a primary energy, we have to
convert it. The benefit that this exported electricity is providing to society is saving in fuel,
that otherwise would have been consumed from electricity grid producers. In order to make
a fair calculation, the mean efficiency of conversion of Alberta’s electric grid was taken
from [40]. The conversion in terms of primary energy for the electricity is:

__ Electricity export

Prlmary energyelectricity exp — Nel—ALBERTA (38)
el—

Where 1o1_argerra = 0.4 is the mean electric efficiency in Alberta

The only external energy input is natural gas bought from the pipeline. The self
consumption of energy refers to the gases produced during the processes.

A range of values of 3.02-3.9 was obtained for the NER and a range of 3.85-5.42 for the
NEER. In another study applied on the oil sands industry, Brandt [41] calculated the values
of NER and NEER over the years for in situ extraction process. The values for in situ
calculated by Brandt are around 3.3 for NER and 4.5 for NEER.
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This data refers only to the extraction process and doesn’t take into account the upgrading
to SCO of in situ bitumen. The upgrading of bitumen consumes a significant amount of
energy but most of it occurs within the process (self consumption). This means that the
value of NER should decrease sharply, while the NEER should maintain a similar value.
Because of that, Brandt calculates a measure significantly lower than us of the NER. A
possible explanation is that, within the period of interest that he considered, the values of
SOR he had used were higher than the values used in the demand prediction model.

Table 24: Main energy streams and ERRs of SCO production for the reference case

Parameter Unit LES' HES?
SCO Production kg/s 204,24 204,24
MW 9505,47 9505,47
Fuel gas export kg/s 8,28 8,28
MW 396,89 396,89
Electricity export MW 2.39 10.7
Electricity export in primary energy MW 597 26.75
Natural gas consumption kg/s 37,61 53,02
MW 1829,67 2576,99
Produced gas consumption Kg/s 3,61 3,61
MW 73,36 73,36
Fuel gas consumption Kg/s 14.55 14.55
MW 637,73 637,73
NER Glout/Glin 3,90 3,02
NEER Glout/Glin 5,42 3,85

1 LES refers to low energy scenario, with SOR of 2 and EOR of 7.5
2 HES refers to high energy scenario, with SOR of 3 and EOR of 14
3 An efficiency of 0.4 has been taken for Alberta’s electric grid

The result of Brandt would have probably been close to the one obtained in this study, if
similar values of SOR had been used.

However, these values are very far from the values of NER of conventional oil resources.
According to Brandt, conventional oil NER ranges from 15 to 30 GJ/GJ [41].

Generally speaking, it means that a use of 1 GJ of energy produces around 5 GJ of SCO.
Likewise, with the same input of energy it could be produced more than 15 GJ of
conventional crude.

These numbers are showing how energy intensive this process is and how it is less
profitable than the conventional extraction.

76




Chapter 3

3.8.3 CO2 emissions

In this section, the CO, emissions for the reference case are calculated. The emissions
calculated are specific for every unit. For the cogeneration unit, the same criteria used for
energy consumption were used: The CO, emissions for electricity production are related to
the gas turbine simple cycle combustion. The CO, emissions related to the steam co-
generation are ascribable to the postfiring.

However, the export of electricity shouldn’t be counted totally into the emissions of CO».
In fact, the export of electricity contributes to a reduction in the electricity production of
Alberta’s electrical grid. The reduction in CO, emissions is equivalent to the electrical grid
emissions to produce this amount of electricity. The value of mean CO, emission of the
electrical grid is 750 kg CO,/MWh and has been taken from [40]. This value has been
subtracted from the total emissions.

The results obtained are shown in Table 25.

The same comments made for energy consumption can be made for CO; emissions. In the
LES the emissions produced in the SAGD and in the upgrading are similar. In the HES the
emissions produced from the SAGD area are far superior (+65%).

As can be seen from Table 23 and 25, the utilities that consume more energy also produce
more emissions. This result derives from the fact that the fuels used in the processes have a
similar carbon content (The FG has a slightly higher carbon content) and tendency to
produce CO..

The model calculates only the direct emissions associated to the energy production of the
unit. There are no emissions calculated for the transport between SAGD and upgrading of
electricity and dilbit.

The results in Table 25 are expressed in absolute flow (kg/s) or relatively to the product
generated (bitumen or SCO).

The results are then compared with Charpenter’s GHOST model [3]. The comparison of
values obtained by the two models is shown in Table 26.

The CO; emissions values are very similar between the two models. The GHOST range
values for the SAGD extraction are slightly higher than the on of this model. This is
explainable mainly because in the GHOST model, the range of SOR is 2.3-3.3 (Here, a
range of 2-3 was used). The GHOST model also simulates two scenarios (low and high
energy use) for the upgrading. The wide range of values obtained for the upgrading
emissions is mainly due to the uncertainty of the author about the hydrogen consumption
of the HTRs [3]. However, the value obtained fits perfectly in the range calculated by
GHOST model.
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Table 25: CO2 Emissions of the RC Model

UNIT LES' | HES’ LES HES LES HES
kg/s kg/s g/MIgit g/MIgit g/Msco g/Msco
SWEET 0.61 0.61 0.05 0.05
COGEN 18.86 28.24 0.98 1.68 0.73 0.73
EleSAGD 6.83 12.75 0.58 1.08
Eleupgr 7.08 7.079 0.73 0.73
Eleexp 1.03 2.58
Sgcogen 3.92 5.84 0.41 0.61
OTSGs 66.36 98.61 6.88 10.22
SR 23.57 23.57 2.44 2.44
DB 2.21 2.21 0.23 0.23
FURNACES 39.03 39.03 4.05 4.05
CO, AVOIDED 1.47 3.69
SAGD 77.5 117.26 7.92 11.96 8.06 12.21
UPGRADING 71.67 71.33 7.45 7.45
TOTLC 149.17 | 188.59 15.48 19.57
1 LES refers to low energy scenario, with SOR of 2 and EOR of 7.5
2 HES refers to high energy scenario, with SOR of 3 and EOR of 14
Table 26: Comparison between the RC and GHOST model (29)
Stage Unit RC GHOST
LES' | HES® | MIN | MAX
SAGD recovery and extraction gCO2/MIJgir 7.92 11.96 12.3
Upgrading gCO2/MJsco 7.45 7.45 11.1
Total gCO2/MJsco 1548 | 19.57 | 152 | 234

1 LES refers to low energy scenario, with SOR of 2 and EOR of 7.5
2 HES refers to high energy scenario, with SOR of 3 and EOR of 14
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CHAPTER 4: Modeling the gasification case

In this chapter, a model is simulated in order to satisfy the demand of energy calculated in
Chapter 3.

The model simulated in this chapter, unlike the model developed in Chapter 3, consists in a
gasification based polygeneration plant. The petcoke produced from the delayed coking is
used as the fuel for the gasifier.

The gasification case (GC) was modeled with the software Aspen Plus from Aspentech
[29]. The gasification solution selected, as it will be explained in Section 4.2.2 is the
Shell/Prenflo technology of entrained flow gasifier.

Two gasification-based solutions are proposed:

* GC-VS (venting scenario): without CO2 capture (all CO2 is vented to the atmosphere)
* GC-CS (capture scenario): with CO; capture from syngas

4.1 STRUCTURE OF THE GASIFICATION CASE (GC)

In the GC, a polygeneration infrastructure is created. The gasification based polygeneration
plant produces electricity, steam and hydrogen for the process.

The main product of the gasifier is the syngas, which is a mixture of CO, H; and traces of
other incondensable gases. The syngas can be used in a gas turbine (with some
modifications) for cogeneration. Furthermore, the syngas can be converted into H, through
a shift reaction and the separation of the other components.

The gasification based polygeneration plant will provide all the pure hydrogen required
from the hydrotreaters. Moreover, it will produce electricity for the processes and for the
auxiliary components.

The steam required from the upgrading process will be generated from the syngas coolers.
Some of the steam for the SAGD injection is produced by the OT-HRSGs of the gas
turbines. In the GC-VS then, some high pressure steam for the wells is generated into the
syngas coolers. Since this amount of steam will not be enough to satisfy the demand of the
wells, some steam will be produced through OTSGs. The OTSGs will be fueled with sweet
produced gas, natural gas and fuel gas produced in the upgrading.

Just in the GC-CS then, a natural gas fueled cogeneration plant is installed. This additional
unit is required because the polygeneration plant cannot produce enough electricity for the
processes.

The gasifier plant will use all the petcoke produced from delayed coking. This petcoke, in
the RC (Chapter 4), was stockpiled without any use.
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In the GC, the heat required by the furnaces is produced by the fuel gas generated into the
upgrading area. It is important to specify that in the GC the SAGD and upgrading areas
cannot be very far one from the other.

This condition, which would also guarantee significant benefits in the RC, is absolutely
mandatory in the GC.

The gasifier should be located close to the delayed coker, where the petcoke is produced.
On the other hand, the high pressure steam for the extraction should be generated close to
the SAGD wells. Thus, the turbines and the OTSGs have to be in the SAGD area. In the
venting scenario then, a small amount of high pressure steam is generated into the syngas
coolers. In the case of big distances between the two areas, the transport of the syngas from
the upgrading to the SAGD would be very expensive. These factors could make the
process less effective and anti-economical. Because of that, it is assumed that the
upgrading is done close to the SAGD extraction and processing. This assumption leads to
some other advantages. For example, the fuel gas produced during the upgrading can be
used as a fuel for OTSGs.

This configuration is effectively adopted by CNOOC plant of Long Lake. This plant is
installing a Shell gasifier alimented with asphaltanes. The configuration of the GC is very
similar to the one adopted by CNOOC.

The flowsheet of the GC is shown in Figure 34, while the Aspen model’s flowsheet in
Figure 35.

4.2 SELECTION OF THE GASIFIER

In this Section, a proper gasification technology is selected for the GC.

In order to do that, the characteristics of the Athabasca bitumen petcoke will be analyzed in
Section 4.2.1. The selection of the proper gasifier should be dependent on the bitumen
characteristics.

Further, in Section 4.2.2, it will be explained why a Shell/Prenflo entrained flow gasifier
was selected for this study. In this Section, a quick overview of this technology will be
conducted.

4.2.1 Petcoke Characteristics

In order to select the appropriate technology of gasification, it is very important to analyze
the properties of the oil sands petcoke.

In Furimsky’s review [7], there is a complete analysis of the petcoke produced in the oil
sands industry. The analysis includes the petcoke produced by delayed coking of Suncor
and fluid coking of Syncrude.

The chemical properties of the petcokes are similar.

Essentially, the petcoke has a graphite-like structure, resulting from prolonged exposure to
high temperatures. Compared to some coals used in commercial units, petcoke presents
some differences:
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* Higher level of fixed carbon, usually between 80 and 90% (same rank as anthracite
coal)

* Lower levels of ash (between 3 and 8% for petcoke, much higher than 10% for Coal)

* Higher content of sulphur (usually around 2%, but for oil sands petcoke 5-7%)

* Moisture content is negligible compared to commercial coal

The characteristics of Suncor’s petcoke are described in Table 27.
The high content of fixed carbon and the low content of ash raise the lower heating value

of the petcoke to values similar to the highest rank anthracites.

Table 27: Composition of Suncor's petcoke from [42]

Element Value (%wt)
Proximate Analysis
Moisture 0.4
Volatile 12.45
Fixed carbon 83.37
Ash 3.78
Ultimate Analysis
Carbon 83.7
Hydrogen 3.7
Nitrogen 1.8
Chlorine 0
Sulphur 5.7
Oxygen 1.3

Ash fusion temperature is another important parameter of the coke behavior during
gasification. The gross heating value of Suncor petcoke along with the ash fusion
temperatures is shown in Table 28.

Table 28: Heating values and ash fusion temperatures of Suncor's coke [7]

Parameter Unit Value

Gross heating value MJ/kg 35.157

Ash fusion temperatures

Initial °C 1074
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Softening °C 1285
Hemispherical °C 1338
Fluid °C 1446

The physical characteristics of the petcoke product are a very important parameter for

preparing a good feedstock for the gasifi

Cr.

In this case, the products of fluid coking and delayed coking are very different from each

other.

The produced coke from fluid coking is in powder form while the product of delayed

coking is in the form of large lumps.

The particle size distribution of Suncor’s delayed coking is shown in Table 29.
According to Furimsky [7], the reactivity of the coke of oil sands for gasification is low,

and similar to the one of high rank coals

Table 29 : Particle size distribution

such as anthracite.

Sieve range' Diameter range’ Content of fraction
(Wt%)
+4 d>4.76 mm 2.5
-4to+14 1.4 mm <d <4.7 mm 1
-14 to +20 841 ym<d < 1.4 mm 4
-20 to +60 250 pm <d < 841 pm 27.6
-60 to +100 149 um <d <250 um 51
-100 d <149 pm 12.9

1 Data taken from [42].
2 Conversion made from [43]

4.2.2Selection of Shell/Prenflo gasifier

In the literature, it is commonly agreed upon that entrained bed gasifiers are the best choice

for oil sands petcoke [7].

Moving bed and fluid bed does not seem to be a good option for this case. According to

Furimsky [7], the main limits for moving and fluid bed gasifiers are:

* The physical characteristics of oil sands petcoke do not seem to be suitable for those
types of gasifiers. Some of the particles of Suncor’s delayed coking are very small and

contain fines (Table 29).

* Petroleum coke has relatively low reactivity. Because of that, high temperatures are

required in order to achieve high gasi
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* Petroleum coke has a very high content of sulphur. In fluid bed gasifiers, limestone is
usually used for in situ sulfur capture. However, in this case an amount of limestone up
to 4 times the amount used for conventional coke should be used.

* It is uncertain whether the solids produced could meet the requirements for non-
hazardous wastes

Although maybe fluid or moving bed gasifiers could be used with some modifications, the
performances may not be as good as those of entrained bed gasifiers. Regarding the
problems listed above, entrained bed gasifiers seem to be the best option because of these
reasons:

* Although the particle size needs to be reduced to less than 100 um for entrained flow
gasifiers, this can be done easily in a grinding system.

* Entrained bed gasifiers are operating with very high temperatures (approaching
1500°C). This parameter ensures a very high gasification rate.

* Sulphur removal is done in the syngas treatment, after the gasification, and is absolutely
not problematic.

* Entrained flow gasifiers then produce a syngas of exceptional quality, clean and tar-free.

However, for entrained bed gasifiers it is mandatory to use pure oxygen instead of air.
Thus, a cryogenic air separation unit (ASU) has to be installed. Although this unit is well-
known and mature, it is also very expensive in terms of capital cost and auxiliary power
required.(Section 4.9)

According to Furimsky [7], both Shell and Texaco indicate Suncor coke as an ideal
feedstock for their technology.

The GEE process (previously Texaco) uses slurry feed downflow entrained flow gasifiers.
The reactor shell is an uncooled refractory lined vessel.

The solution for the syngas cooling can be a radiant boiler, a water complete quench or a
combination of the two.

Accordingly to Higman [44], the GEE process is without any doubt the least expensive
technology on the market. Furthermore, the water quench is particularly suitable for
chemical applications such as the making of ammonia and hydrogen.

However, steam is the most influential energy vector in the process and it is desirable to
maximize its production. Although the GEE process could have been a good selection,
choosing a solution that produces more steam was preferred, as the Shell/Prenflo does.
The Shell/ Prenflo (pressurized entrained flow) solution consists of a dry feed upflow
reactor with a membrane wall vessel. The syngas is cooled to 900 °C with a recycled cold
syngas quench. After the syngas quench, which recycles almost 50% of the syngas, the
syngas is cooled to around 250-280°C, producing steam.

A variant of the syngas coolers recently introduced for this reactor is the water quench. The
Shell/Prenflo solution technology is more expensive than the GEE one, because of the
higher capital cost of the membrane wall, the syngas quench and the syngas coolers.
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Nevertheless, since the Shell solution is a dry coal feed gasifier, it has a consumption of
oxygen 20-25 % lower than the slurry feed gasifier [44]. Since the auxiliary power request
of the ASU is proportional to the oxygen consumption, a reduction of the oxygen
consumption leads to a consistent increase in efficiency.

4.3 FLOW SHEET MODEL

The main sheet of the Aspen Plus gasification model essentially consists in four facilities:

* Qasification based polygeneration plant

* Additional natural gas fueled cogenerations (For capture scenario GC-CS only)
* OTSGs

* Furnaces

As mentioned, due to the larger request of auxiliary power for CO, capture, the GC-CS
requires an additional natural gas fueled cogeneration unit. Instead, the GC-VS doesn’t use
this unit. The electricity production of the GC-VS can satisfy the demand of the processes.
The last three facilities are identical to the one described in Chapter 4 and are not
particularly complicated in comparison to the gasification based polygeneration plant.

The gasification based polygeneration plant is divided into 5 main hierarchies:

* Coal selection and milling
* Qasifier island

* Syngas treatment

* Cogeneration

* Steam generation

The main sheet of the Aspen gasification based polygeneration plant model is shown in
Figure 36. The inputs for the model are:

¢ Petcoke produced

* Electricity demand

* Sour produced gas production

* HP Steam required

* Hydrogen required

* Superheated steam required

¢ Saturated steam required

* Heat/fuel gas demand for furnaces
* Fuel gas production

All these quantities were defined and calculated in Chapter 2.
The outputs of the model are:
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* Natural gas consumption
* Electricity export
* (CO2 emissions

4.4 COAL SELECTION AND DECOMPOSITION MODEL

This model derives from the fact that there are some difficulties in defining a solid fuel
such as petcoke.

The coal selection and decomposing model is shown in Figure 37.

Aspen Plus permits the definition of non-conventional streams for solid fuels. In order to
define a non-conventional stream and its properties, a property model should be selected.
The non-conventional stream ‘coal’ was created for the petcoke and the property method
HCOALGEN was selected. This model requires as an input the proximate, ultimate and
sulphur analysis. For the petcoke, it was decided to not use any model for the prediction of
the lower heating value. Rather, it has been entered manually. The input values for the
petcoke are the ones shown in Table 27 (composition) and Table 28 (LHV).

A non-conventional stream for the ash (‘ash’) was also created. This stream in the
proximate and ultimate analysis is solely composed from ash.

The gasifier reactor cannot handle non-conventional streams. Therefore, there is a
necessity to convert the non-conventional stream ‘coal’ into a conventional stream. In
order to do that, the block ‘DCOMP’ was used. The block ‘DCOMP’ is modeled with an
RYield block. RYield models a reactor by specifying reaction yields of each component.
The reactor is governed by a calculator block. This calculator block uses the moisture
content in the proximate analysis (wet coal basis in Aspen) to convert the coal’s ultimate
analysis (dry coal basis in Aspen) to a wet coal basis ultimate analysis. This yield is what
RYield uses to ‘convert’ the incoming mass into outgoing mass. The equations used in the
calculator block are:

__ (100—Moistureproximate)

Factor = 4.1)
100
Water = He=rbroxinate (4.2)

Where Moisturep,oximate 15 the % of moisture in the proximate analysis and Factor is a
parameter to convert the dry ultimate analysis into wet ultimate analysis. Water is the mole
fraction of water of the outlet steam of the ‘DCOMP’ unit.

And for each component i of the ultimate analysis:

WETultimate; = DRYultimate; * Factor (4.3)
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Where WETultimate; is the component i in the wet ultimate analysis, while
DRYultimate; refers to the component i in the dry ultimate analysis (Aspen input).

The components of the wet ultimate analysis are defined as Aspen conventional
components. The carbon and sulphur are associated with CSOLID components. The H2,
N2, 02 and CI2 are associated with MIXED components.

The Ash passes from the non-conventional stream ‘coal’ to the non-conventional stream
‘ash’.

The outlet temperature of the block should be the same as the input temperature:

Tout =Tin (4.4)

Since the moisture content of the fuel is very low, no drying unit is required. This unit is
always included when commercial coal is used.

Before the gasifier, additional ash is added to the petcoke in a mixing unit. The amount of
ash added is the same of the flyslag separated by the ceramic filter (Section 4.5).

Hierarchy Block : CSD

. . FS-RESYC
Coal Selection & Decomposing

SELECT . RECYCLE
DC-COAL “HE—— bccoarz |—— oc-coaLiou) p

MIGER

HIERARCHY RYEELD

Coal selection

Figure 37: Coal selection and decomposing model

The main reason for this operation is that the petcoke has a low content of ash, which is
essential for the correct working conditions of the membrane wall (but also for refractory
liners). Accordingly to Higman [44], it is essential to add ash when petcoke is gasified in
slagging gasifiers with a membrane wall.

It has been assumed that the recirculation of the flyslag creates the correct working
conditions for the membrane wall. If not, additional slag should be added or the petcoke
should be mixed with high ash content coal.

The stream produced is then sent to the gasification model.
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4.5 GASIFIER MODEL

The gasifier island has been modeled according to the general scheme of the Shell/Prenflo
gasifier indicated by Higman [44] . Most of the operative parameters used for the Aspen
model have been taken from the literature [44] [8].

The gasifier model is shown in Figure 38.

The gasifier has been modeled with an RGibbs reactor. The gasifier receives as an input
the outlet temperature and the pressure drops. The streams entering the gasifier are steam,
oxygen and nitrogen from the lock hoppers.

Since 100% of carbon conversion does not occur in the gasifier, a split unit before the
reactor was introduced. The unconverted carbon bypasses the gasifier and is mixed with
the syngas after the RGibbs unit. According to Higman [44], a value of carbon conversion
of 99.5 % was taken.

There are three parameters that should be selected in order to produce the highest possible
quality of syngas:

* Flowrate of oxygen
* Flowrate of steam
* Qutlet temperature of the gasifier

One parameter that measures the ‘quality’ of the gasification is the cold gas efficiency
(CGE):

Thgg*LHVsg

CGE = 4.5)

mfuel*LHVfuel

Where m,, and LHV are respectively the mass flow rate and the LHV of the syngas,
while sy and LHVfyq are the mass flow rate and LHV of the gasified fuel.

In this simulation, the three parameters listed above vary in order to maximize the CGE.
There are some constraints that should also be taken into account:

¢ The heat losses to the membrane wall have a fixed value
¢ The amount of CHy in the reaction should be minimized
* There is a CO; content in the syngas in the operative conditions

This problem can be easily solved with the optimization model analysis tool of Aspen Plus.
The values for the oxygen and steam consumption are suggested by Higman [44].

The temperature cannot be lower than the ash fusion temperature for the correct operation
of the membrane wall (see Table 28). The heat losses value for the membrane wall has
been taken from [8].The mole fraction values of CO, and CHy4 in the syngas have been
taken from Higman [44].The results of the optimization process are shown in Table 30.
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The value of the CGE obtained, which is measured before the scrubber, is slightly lower
than the values obtained with commercial coal (>80%).This is primarily due to the quality
of the fuel.

The petcoke is hydrogen deficient and the syngas obtained is richer in CO and poorer in H,
than the syngas generated from conventional coal. The composition of the syngas
generated by conventional coal in a Shell gasifier is usually around one third H, and two
thirds CO. In this case, the percentage of H, in the syngas is around 27%. Therefore, the
heating value of the syngas and the CGE are lower. The membrane wall has been modeled
as a steam generator that receives the heat fixed by the optimization and produces medium

pressure steam. The pipes receive saturated steam at 42 bar and evaporate it. The amount

of steam generated is regulated by a design spec block.
After the gasifier, a separator mixes the unconverted carbon and separates the coarse slag.
This block simulates what occurs at the bottom of the Shell gasifier, where the coarse slag
is collected and removed. According to Martelli [8], around 35 % of the input mineral

matter exits the bottom of the gasifier.

After the separator a mixer simulates the syngas quench. Part of the cold syngas is

recirculated by a blower.. The amount of syngas recirculated is regulated by a design spec
block that fixes the quench temperature to 900 °C.

Table 30: Variables ranges and constraints for the optimization of the Gasifier

Parameter Unit Value Result
Variables
Oxygen kgO2/kgFuel 0.8-1.1 0.991
Steam kgSteam/kgFuel 0-0.36 0.196
Temperature °C 1480-1600 1480
Constraints
Heat Membrane Wall MW/mhgyer * LHV e 0.015 0.015
Mole fraction CO2 Syngas % 0.5-4 0.5
Mole fraction CH4 Syngas % <0.1 0.089
Objective function
CGE % 75

The syngas cooler is simulated as a simple cooler block with an outlet heat stream. The

steam generation will be better explained in Section 4.7.
The flyslag is then separated into another separator block that simulates the candle filters.
In that block all the ash is removed from the syngas. After the filter, a small part of the ash
is disposed (5% bleed) and the rest is recirculated.

The input parameters of the gasifier are shown in Table 31.
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Table 31: Gasifier input parameters

Parameter Unit Value
Gasification pressure bar 38.5
Carbon conversion % 99.5
Oxygen inlet pressure bar 46
Oxygen inlet temperature °C 100
Oxygen purity % 95
Steam inlet temperature °C 320
Steam inlet pressure bar 42
Hp N2 into syngas/dried coal Wt% 0.103
N2 pressure bar 68
Heat to membrane wall %o of fuel 1.5
power
Water membrane wall pipes pressure bar 42
Water membrane wall pipes inlet temperature °C 250
Water membrane wall pipes outlet temperature °C 320
Coarse slag percentage (%owt of total ash) % 35
Fly slag percentage (%wt of total ash) % 65
Syngas quench temperature °C 900
Flyslag bleed % 5
Syngas coolers outlet temperature °C 250
Syngas recycle (Result from Design spec) % 49.25

4.6 SYNGAS TREATMENT MODEL

For the gasification based polygeneration plant, as was mentioned, a CO, venting scenario
(VS) and a CO2 capture scenarios (CS) are simulated.

In the VS the CO; produced is released in the atmosphere. In the capture scenarios a large
part of the CO, contained in the syngas is separated, compressed and stored in
extinguished reservoirs.

While the unit described in previous Sections is common, the syngas treatment is very
different between the two scenarios. The flowsheet schemes for the VS and CS are shown
respectively in Figure 39 and 44.The parameters used for the model are shown in Table 32.

93




Chapter 4

4.6.1 Venting scenario (GC-VYS)

The syngas treatment for the VS consists in several hierarchies. The main processes
involved, in this order, are:

* Wet scrubbing
¢ COS hydrolysis
* Acid gas removal (H,S only)

The syngas generated is then split into 2 different flows:

® Syngas used in gas turbines for cogeneration
* Syngas further treated for pure hydrogen generation

The last flow is sent to a water gas shift model where the syngas is transformed into a
hydrogen rich flow. The syngas is then sent to a pressure swing adsorber (PSA) where
hydrogen with a high level of purity and offgas is generated. The offgas generated is then
used for the postfiring in the cogeneration system. The Aspen scheme of the syngas
treatment in the VS is shown in Figure 40.

Wet Scrubbing

This unit has the goal of removing the last solids remaining after the candle filter. In most
of the existing plants, the solids are washed out with water in this unit.

The scrubbing takes place below the dew point of the gas. The finest particles act as nuclei
for condensation, thus ensuring the complete removal of solids.

In Aspen plus, there are many difficulties in modeling the solid removal. Moreover, in this
model, all solids have been previously removed in the ceramic filter. However, a
representation of the scrubber is not useless.

In fact, a large amount of water is injected into the scrubber to remove the solids. The
scrubbing process changes the temperature of the syngas as well as its composition.
Because of that, it is important to take account of this process and simulate it, even if the
solid removal is not included. The scrubber model is shown in Figure 41

The scrubber is simulated as RadFrac column. RadFrac is a rigorous model for simulating
all types of multistage vapor-liquid fractionation operations.

This unit was simulated with 5 stages, no reboiler and no condenser. The syngas enters at
the bottom of the column (stage 5), while the water enters at the top (stage 1). The pressure
selected for the process is 37 bar. The amount of water used for the scrubbing is equal to
the flowrate of syngas. The water inlet temperature of the scrubber is 166 °C.
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Figure 41: Wet scrubber Aspen model

MAKE-UP

The RadFrac column works according to Henry’s law. The Peng-Robinson model, which
was used as the default property method for the syngas stream, does not allow Henry’s
law.

Because of that, the stream is switched to another property method that allows Henry’s
law. The ELECNRTL property method was selected.

After that, a Henry's component group was defined using the Henry Comps forms.

After the scrubbing, a switch block turns back to the Peng-Robinson property method.
The water outlet of the scrubber is then purified from the acid components and recycled to
the scrubber. Since some water evaporates into the syngas, a make up of water is required.
The recycled water, along with the make up, needs to be heated again to 166°C before
being reintegrated into the column. The heat required is taken from cooling after the shift
process of the hydrogen production.

The syngas exiting from the scrubber has a temperature of 148°C. All the parameters used
for this unit are shown in Table 32.

COS hydrolysis

In the syngas produced by gasification, sulphur is not present only as H2S, but also as
COS. While some sulphur removal washes (such as Rectisol) can remove COS along with
H2S, amine washes do not remove COS. If the desulphurization has to be complete COS
should be converted into H,S before the AGR.

The COS can be selectively converted into H,S through catalytic hydrolysis reaction:

COS + H,0 — H,S + CO, AHS55=-30 KJ/kmol
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According to Higman [44] , the optimum operating temperature is in the range of 150-
200°C. The catalyst also promotes the hydrolysis of HCN.

The Aspen model of the COS hydrolisis is shown in Figure 42.

The syngas is preheated by the outlet flux of the hydrolysis reactor. For this heat
exchanger, an approach difference of temperature of 25 K has been used.

The syngas is then heated to 200 °C with some of the heat from the syngas coolers. The
hydrolysis reactor has been modeled as an RGibbs reactor where all the components are
inert except the one involved in the COS hydrolysis reaction (Equation 4.6).

The syngas is then cooled to 38 °C and the water is condensed and removed. Some of the
heat exchanged is recovered and used to preheat the sweet syngas, while some is lost in the
process. All the parameters used for this unit are shown in Table 32.

I QSGCOOL(IN) b """"

OSG(I?OO‘.

COS Hydrolysis and
HCN Removal
'Venting' scenario

YDROLY$

| scrusouTm) p— sG-
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| SOUR-SG(OUT) I

FUELGAS(OUT)

Figure 42 : COS and HCN hydrolysis Aspen model
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Acid Gas Removal (AGR)

After the COS hydrolysis there is the AGR unit. The SULFINOL-M was used as a process
for the absorption of the H,S. The separation of the H,S has been done with a simple
separator block.

The data for this block has been taken from [8].

The heat for the reboiling of the water is taken from the syngas coolers after the shift
process of the hydrogen production.

The AGR model is shown in Figure 43. All the parameters used for this unit are shown in
Table 32.

The mass of the water for the stripping has been calculated by a calculator block with the
equation:

. Heatstripping*MH2s
Myater = AH (46)
eva—7.5 bar
) Acid Gas
AGR Hierarchy Removal
CO2 '"Venting' Scenario (AGR)
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Figure 43: AGR Aspen model for VS
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Where Heatssyipping is the specific heat (kJ/kg) required for the stripping, my,s is the
mass flow rate of H2S and AH,,,_7 5 par 1 the specific enthalpy for evaporation.
AH,,q_75 par = 2056.63 KJ /kg has been taken from the water properties tables of Spirax
Sarco website [45].

The syngas for the Gas turbine is then preheated with some heat from the syngas coolers
and used for electricity generation.

The syngas for the Hydrogen production is then sent to the WGS model.

Water Gas Shift (WGS)

For the shift reaction, the same two-stage configuration showed in Section 3.5 for the
natural gas steam reforming was used. The catalysts used in this case are different from the
ones used in the methane steam reforming process. The amount of CO in the syngas
produced by gasification is much higher than the one from the steam reforming process.
Furthermore, the catalysts used in Section 3.5 are not tolerant to sulphur, even in very
minimal amounts.

The syngas feed of both shift reactors is at 250 °C. The Steam to CO molar ratio for the
process is 2.5.

The heat from syngas cooling after the shift reactors is used to produce steam and to
preheat water.

The shifted syngas is then sent to a PSA where pure hydrogen is produced. The PSA has
been modeled as the one of Section 3.5.

The parameters used in the syngas treatment model are shown in Table 32.

4.6.2 Capture scenario (GC-CS)

The Syngas Treatment for the GC-CS itself consists in some hierarchies. The main
processes involved, in this order, are:

* Wet scrubbing
* Water gas shift
® Acid Gas Removal (H2S and CO2)

The syngas generated is then split into 2 different flows:

® Syngas used in gas turbines for cogeneration
* Syngas further treated for pure hydrogen generation

The last flow is sent to a pressure swing adsorber (PSA) where hydrogen with a high level
of purity and offgas is generated.

The offgas generated is then used for the postfiring in the cogeneration system.

The Aspen scheme of the syngas treatment in the CS is shown in Figure 45.
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Models

Since the design of most of the hierarchies used in the CS is the same of the ones used in
the VS, their description will not be repeated.
Nevertheless, some considerations can be made:

* In the CS, the WGS involves all the syngas produced, not just a part of it (like in the
VS). The WGS process requires a high amount of medium pressure superheated steam,
which has to be produced in the ploygeneration plant. The amount of steam required is
proportional to the syngas processed. Because of that, the need for steam in the CS is
much higher than in the VS.

* The WGS process takes place before the AGR and in the presence of sulphur. This
makes the use of sulphur-tolerant Co-Mo alumina catalysts absolutely mandatory.

* In the CS there is no need for a COS hydrolysis reactor. This is because the COS
hydrolysis takes place in the WGS reactors, where the abundance of water and the
thermodynamic conditions promote the COS hydrolysis reaction.

* The WGS converts almost all of the CO (around 98%) during the shift process.
Therefore, after the CO2 removal, the syngas produced is mainly composed of H2 (94
%mol). The characteristics of the syngas produced in the two ‘scenarios’ are completely
different. The syngas produced in the VS is mainly composed of CO (with around
25%mol of H2) and has a low LHV. The syngas produced in the CS, due to the high
presence of H2, has a very high LHV.

After the shift, the syngas is cooled to the proper conditions for water condensation and
acid gas removal.

The SELEXOL process was used for the absorption of the H2S and the CO2. The
separation in this case has also been done with a simple separator block.

The calculation for the mass of water required for the stripping has been done according to
Equation 4.7. Although the simplified Aspen Plus scheme for the AGR is similar in both
scenarios, the energy requirements involved in the process are very different. In fact, the
CO2 absorption process requires much more heat and electricity than the simple
separation of the H2S. After the AGR the syngas is preheated to around 60°C and sent to a
separator block. All the parameters used for the units in the CS are shown in Table 32.
Some of the syngas is then sent to the hydrogen production, while another part is sent to
the cogeneration model.
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Table 32: Parameters for the Syngas Treatment

Parameter Unit Value
Wet Scrubber
Scrubber water inlet temperature °C 166
L/G ratio in Scrubber 0.25
COS hydrolysis reactor
COS hydrolysis reactor inlet temperature °C 200
Reactor heat duty MW 0
wGS
Steam to CO ratio mol steam/mol CO 2.5
Steam temperature °C 270
High Temperature Shift inlet Temperature °C 250
HTS Heat Duty MW 0
HTS pressure Drops bar 0.5
Low Temperature Shift inlet Temperature °C 250
Pre Reformer Heat Duty MW 0
LTS pressure Drops bar 0.5
HTS/LTS reactor approach temperatures °C 10
Condenser Temperature °C 38
PSA inlet Temperature °C 38
PSA Hydrogen Split fraction % 0.9
PSA hydrogen Quality % 1
Sulfinol-M for removal of H2S
LT heat for stripping MJ per kﬁzoé stripped 13.4
CO co-absorbed % 0.265
H2 co-absorbed % 0.268
CO2 co-adsorbed % 16

Selexol for selective removal of CO2 & H2S
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LT heat for stripping MJ per kﬁzoé stripped 44.7
CO2 adsorbed % 96.54
CO co-absorbed % 0.44
H2 co-absorbed % 0.553

Heat exchange parameters

Syngas coolers & wet scrubber pressure drop % 4
Heat exchangers pressure drops, gas side % 0.05
Heat loss from heat exchangers % 0.5

Syngas coolers: pinch point temp. diff. HT/LT

K 50/20
coolers

4.7 STEAM GENERATION MODEL

In the gasification based poligenerative plant there is a certain production of steam. The
steam is produced with the heat from the cooling of the syngas.
The heat is available from these units:

Membrane wall
* Syngas coolers
HTS coolers
LTS coolers

Furthermore, some units have a certain requirement for steam:

* Medium pressure steam for the gasification
* Medium pressure steam for the WGS
* Low pressure steam for the AGR stipping

The fact that the steam required from the gasification plant should be at a higher pressure
than the syngas one (38.5 bar) prompts us to take 42 bar as a value for the medium
pressure steam. This value of pressure is also optimal for the delayed coker, which
demands steam at around 40 bar.

The system of heat exchangers is quite complex and is shown in Figure 46.

Generally speaking, the LTS coolers preheat the water for medium pressure steam
generation. They also produce hot water for the scrubber and low pressure steam for the
AGR. The evaporation of the medium pressure steam is done mainly in the HTS coolers,
the syngas coolers, and the membrane wall.

The evaporation of the low pressure steam required for the upgrading is done in the syngas
coolers.

105




Chapter 4

In the VS, the syngas coolers also produce some high pressure steam for the wells.
However, in the CS, , no high pressure steam is produced from the syngas cooling.
Furthermore, the superheating of the medium pressure steam takes place at the entrance of
the OT-HRSG. This occurs because there is a much higher demand of steam from the
WGS unit and there is no more heat available for the superheating.

The parameters used for the Aspen model are shown in Table 32.

4.8 COGENERATION MODEL

4.8.1 Syngas fueled gas turbines performances
The syngas produced is then sent to the cogeneration model. As mentioned, the

composition of the syngas is very different in the two cases. The syngas composition after
the AGR is shown in Table 33.

Table 33: Composition (%mol) of the syngas

Component VS CS
H2 27.98 94.15
CO 69.83 1.35
CO, 0.02 2.34
AR 1.07 1.05
H,O 0.01 0.01
CH4 0.08 0.08
Na 1.01 1.02

A decision was made to maintain the same gas turbine for the GC, the 47.5 MW Siemens
SGT-800 [32] used in the reference case.

This decision was made for two reasons. First of all, the comparison between the different
cases should be ‘fair’. There are a lot of large size machines successfully working with
syngas. Nonetheless, these units are more efficient than the small size turbine selected for
the reference case. For this reason, the GC will be advantaged compared to the RC.
Secondly, the oil sands companies prefer to use small/medium size gas turbines.
Unfortunately, commercial gas turbines are designed for natural gas and their use with
syngas leads to some issues.
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The most important concern is the mitigation of NOx emissions, which becomes critical
due to the very high H2 flame temperature.

Accordingly to Gazzani [46], two different methods can be proposed to control NOx
emissions from gas turbines:

* Premixed lean combustor
* Diffusive flame dilution with inert species (steam, water or nitrogen)

The second technology is mature and fully developed. In fact, throughout a saturator
and/or the addition of the nitrogen available from the Air Separation Unit (ASU) a dilution
of the syngas is possible, which leads to a lower flame temperature and lower NOx
emissions. However, the addition of inert gases for diffusive combustion is conducive to a
penalty concerning efficiency. Furthermore, this technology can require even more
modifications on the gas turbine design than the one required by simple syngas use. In fact,
the addition of inerts leads to an increment of gases at the turbine inlet turbine which cause
off-design operation problems.. If water is added to the fuel, then the heat transfer rate on
the turbine blades will be more likely to cause problems on the blades cooling.

The premixed lean combustors are not available on the market yet. The main challenge in
the development of this technology is that, due to the high reactivity of the hydrogen, it is
very difficult to premix air and hydrogen with acceptable pressure drops.

Nevertheless, there is significant investigation on this matter, with discrete results. [47]
[48]. Chen [48] asserts that Dry Low NOx (DLN) combustors with swirl premixers
operating in pilot scale will soon be available on a large scale for syngas fueled gas
turbines.

Because of these reasons, a DLN combustor design was selected for the syngas-fueled
SIEMENS SGT-800 gas turbine.

The performances of the SGT-800 machine were simulated with the software GT-PRO.
The composition of the syngas shown in Table 33 has been used as fuel input for the GT-
PRO simulation. The parameters used for the corrected site conditions have also been
inserted as inputs for both VS and CS, shown in Section 3.3.1. The results of these
simulations are shown in Table 34

Table 34: Performances of the syngas fueled 2008 SIEMENS SGT-800 in the
Corrected site conditions simulated with GTPRO

Parameter Unit Natural VS CS
Gas
Power MW 48.93 50.17 52.25
Efficiency % 37.36 37.5 38.36
Air mass flow rate kg/s 134.35 134.31 134.3
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Fuel mass flow rate Kg/s 2.65 10.61 2.37
Flue gas mass flow rate | kg/s 137 144.92 136.7
TIT °C 1292.9 1278.3 1298
Turbine outlet (TOT) °C 540.8 535.5 538.62

Furthermore, it was assumed that the shaft and the generator of the turbine have a power
limit superior to the one produced by the turbine.

4.8.2 Cogeneration unit model

The cogeneration model in Aspen plus and its parameters are identical to the one designed
in the reference case in Section 3.3.2.

The turbine, as in the reference case, has been designed with an equivalent model that
produces the output of the GT-PRO simulation (Table 34).

The number of turbines installed has been selected with these equations:

Mg _cogen = msg—.prod — Mgg_naprod 4.7)

NUMGT = INTINF (2s8=c0seny (4.8)
Mgy _1turb

Msg tury = Msg_1eurp * NUMGT (4.9)

Mgy prire = Msg—cog — Msg—turb (4.10)

Where mgg 104 18 the total mass flowrate of sweet syngas produced after the AGR,
Msg—_h2proa 1 the mass flow rate of syngas for the hydrogen production, mgy_cogen is
syngas mass flow rate to the cogeneration unit. NUMGT indicates the number of gas
turbines installed.mgg ;¢ rprepresent the amount of syngas used in one turbine, Mg 1y,rp
is the total mass flow rate to gas turbines and mg;_r,re is the syngas burned for postfiring.
A maximum temperature of 750 °C has been selected for the postfire, as in Section 3.3.2.
Since the amount of syngas allocated for the postfiring is not sufficient to reach the desired
temperature (750 °C), a small amount of natural gas is used. The composition of the
natural gas used is equal to the one used for the reference case (Table 18).

The results of the equations 4.6-4.9 are shown in Table 35.

Table 35: Syngas use in power island and hydrogen production

Parameter Unit VS CS

Mg prod ke/s 102.36 20.16
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Msg-h2prod kg/s 31.73 6.26
Msg—cogen kg/s 70.63 13.91

GT nominal net power MW 50.17 52.25
Mg 1turb kg/s 10.61 2.37
NUMGT 6.00 5.00

Msg turp kg/s 63.66 11.85
Msg-pfire kg/s 6.97 2.06

4.9 GASIFICATION BASED POLIGENERATIVE PLANT
PERFORMANCE

In this Section, the performances of the gasification based poligenerative plant model are
analyzed. The performances analyzed in this section are just referred to the gasification
based poligenerative plant, which is a part of the gasification case. Instead, the results of
the overall GC are studied in Section 4.10.

In Table 36 the plant power production and consumption are shown. The parameters used
to calculate the consumption of the auxiliary units are taken from Martelli’s work [8].
Generally speaking, the ASU power consumption is proportional to the flow rate of oxygen
(2.482 MJ/kg O2). The coal handling consumption is proportional to the amount of coal
used as a feedstock for the gasifier instead (1% of thermal power in).

The CO2 drying and compression power consumption is proportional to the CO2 captured
(222.7 kJ/kgCO2)

As is evident in the results, the electricity consumption of the ASU is, by far, the largest of
the auxiliary units.

Table 36: Plant power performances, with breakdown of power consumption by unit

Parameter Unit VS CS

ASU, O, & Nrcompressors MW 124.60 124.60
Coal handling MW 17.81 17.81

AGR, Claus, SCOT units MW 0.19 18.11
CO2 drying and compression MW 0 32.26
Total auxiliary power MW 142.6 192.77
GTs net power MW 301.02 261.25

Net electric power MW 158.42 68.48
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As aresult, the auxiliary consumption in the CS is around 35% superior to that of the VS.
Because of that, the net electric power in the CS is much lower.

The results for the steam generation are shown in Table 37.

As was mentioned before, the steam demands of the WGS are much larger in the CS than
in the VS. Because of this reason, the CS produces around 25 % less high pressure steam.
The overall performances of the gasification based poligenerative plant are shown in Table
38. As was mentioned before, some natural gas has been used in the postfiring system in
order to heat the flue gases to 750 °C.

Table 37: Steam production performances, with breakdown of steam consumption

Parameter Unit VS CS
HP-MP-LP pressures bar 100-42-20 100-42-20
LP steam Produced kg/s 16.7 16.7
LP steam from SG coolers kg/s 16.7 16.7
MP steam Produced kg/s 73.88 170.86
Mp steam into gasifier kg/s 9.94 9.94
MP steam bleed into WGS kg/s 47.84 144.81
MP steam to upgrading kg/s 16.11 16.11
HP steam produced for SAGD extraction kg/s 240.86 182.62
HP steam from SG coolers kg/s 38.13 0
HP steam from OT-HRSG kg/s 202.72 182.62

1 “‘Capture 60’ scenario is identical to CS, with an input of petcoke of 60 kg/s instead of 50.66 kg/s

The efficiency calculated in Table 38 are referred to this equations:

_ Mpy*LAV g+ myps*AHpyps+tmyps*AHyps+ Myps*AHyps+PWRpet (4.11)

Mnet = myG*LHV NG+ Mpcg*LHV pcy

Where :
My, , LHVy, = Mass Flow rate and LHV of hydrogen
m;ps, AH; ps = Mass flow rate and specific variation of enthalpy of the LP steam

produced (Sat@Z20bar)
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myps, AHyps = Mass flow rate and specific variation of enthalpy of the LP steam
produced (42 bar, 500 °C)

myps, AHyps = Mass flow rate and specific variation of enthalpy of the HP steam
produced (Sat@100bar)

Mpck, LHVpcx = Mass Flow rate and LHV of the gasified petcoke

My, LHVy; = Mass Flow rate and LHV of Natural Gas

PWR,.: = Electricity produced (Net from auxiliaries consumption)

Nnet = Net efficiency of the gasification based poligenerative plant

The results of Table 38 confirm the very high performances of this plant for this
application. In particular, the VS has resulted in satisfactory output of both net power
(158.42 MW) and steam (616.2 MW).

The energy penalty for the CO2 capture is around 10 %, which is a typical value for this
application. Nevertheless, the net efficiency has an incredibly high value for a plant with
CO2 capture.

However, in the CS, the net electricity output turns out to be too low to satisty the demand
of electricity by the processes, even for the low energy scenario. Due to this problem, it is
mandatory to install additional natural gas-fueled gas turbines.

Table 38: Gasification plant overall performances and efficiency

Parameter Unit VS CS
Petcoke in kg/s 50.66 50.66
MW 1781.05 1781.05
Natural gas in kg/s 2.07 0.67
MW 101.74 32.93
H2 produced kg/s 2.65 2.65
MW 317.89 317.89
LPS produced kg/s 16.7 16.7
MW 32.73 32.73
MPS produced kg/s 16.11 16.11
MW 55.42 55.42
HPS produced kg/s 240.86 182.62
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MW 528.06 400.88
Overall steam MW 616.2 456.3
Gross power MW 301.02 261.25
Net power MW 158.42 68.48
Steam/Netpower MW tean/MWopower 3.89 6.67
Ratio
Net efficiency % 58 48.26

In Table 39 the CO2 emissions of the gasification plant are displayed.
The VS, despite its high efficiency, turns out to be a very high producer of CO2. The CS
can efficiently capture 93.3 % of the CO2, which is a very good result.

Table 39: CO2 emissions of the gasification plant

Parameter Unit VS CS
CO2 produced kg/s 158.5 155.3
CO2 captured kg/s 0 144.84
CO2 vented kg/s 158.5 10.45
CO2 capture level % 0 933
4.10 RESULTS

In this section, the main results of the model for the gasification case (GC) are shown. In
the previous section, only the performances of the gasification plant were shown, without
any integration within the SAGD and upgrading processes. In this section, the gasification
based polygeneration plant is simulated along with the unit described in Section 4.1, in
order to fully satisfy the energy demand calculated in Chapter 3.

Analogously to Section 3.8, the energy requirements of the various units were calculated.
After that, a net energy analysis was made and the CO, emissions were calculated. In the
end, these results have been compared to the results of the reference case.

4.10.1 Energy consumption in the GC model

In the GC model the energy is provided to the energy facilities with both solid and gaseous
fuels. The solid fuel used is the petcoke (PCK), while the gaseous fuels used in the SCO
Life Cycle (LC) are natural gas (NG), produced gas from wells (PG), and fuel gas (FG)
from coker.

A specific consumption of fuel was related to every unit. The attribution of fuel
consumption to the gasification unit was not so simple. In fact, this unit produces energy
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streams for different purposes. A decision was made to divide the energy streams into two
major groups:

* Electricity production
* Steam generation and hydrogen production

It was decided that the natural gas consumption for electricity generation is the syngas
stream used in the simple cycle of the gas turbine. The steam generation and hydrogen
production is proportional to the syngas processed in the hydrogen production process. The
offgas produced in this process is used as a fuel for steam generation.

The calculations have been done for a high energy scenario (HES) and a low energy
scenario (LES). The GC was simulated both in the VS and in the CS.

The results of the two different simulations with Aspen Plus are shown in Tables 40 and
41. The results show an increase in energy consumption between the LES and HTS
(+35%), especially due to the highest consumption of natural gas in OTSGs.

4.10.2 NEA

The NEA has been done with the same methodology and the same equations used in
Section 3.8.2. The results of the NEA are shown in Table 42.

The NER, as a consequence of the increment in the energy requirements, increased from
the LES to the HES and from the VS to the CS.

However, the values of NEER are very high in both cases. In the VS, the values of NEER
are probably close to that of conventional crude. Generally speaking, it means that for
every MJ that is externally entered into the SCO process, 9.19-26 MJ of energy are
produced. Using an expression of Brandt and Dale [39], with these high values of NEER,
there is a big growth in energy supply to society.

The values of NEER of the CS are lower. This is caused by the additional cogeneration
unit, which is using some natural gas. However, the value of the NEER is still high also for
the CS.
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Table 42: Energy streams and ERRs of SCO production for the GC

Parameter Unit LES HES LES HES
VS VS CS CS
SCO Production kg/s 204.24 204.24 204.24 204.24
MW 9505.47 | 9505.47 | 9505.47 | 9505.47
Fuel gas Export kg/s 0.00 0.00 0.00 0.00
MW 0.00 0.00 0.00 0.00
Electricity Export MW 62.61 21.99 70.88 30.25
Electricity Export in MW | 156525 | 5497 | 1772 | 75.62
primary energy
Petcoke consumption kg/s 50.66 50.66 50.66 50.66
MW 1781.05 1781.05 1781.05 1781.05
Natural Gas Consumption kg/s 7.40 21.09 11.20 24.89
MW 363.79 1036.76 550.5 1223.38
Produced Gas Consumption Kg/s 3.61 3.61 3.61 3.61
MW 73.36 73.36 73.36 73.36
Fuel Gas Consumption Kg/s 22.72 22.72 22.72 22.72
MW 1098.84 1098.84 1098.84 1098.84
NER Glouw/Glin 2.88 2.39 2.76 23
NEER Glouw/Glin 26.30 9.19 17.4 7.79

1 An efficiency of 0.4 has been taken for Alberta’s electric grid

4.10.3 CO; Emissions

The CO; emissions of the gasifier plant in VS and CS are shown in Table 43. The CO;
capture in the gasification plant turns out to be effective not just in the gasifier
performances, which have been shown in Section 4.9, but also in the integration into the

process. The CS reduces the CO, emissions related to the SCO lifecycle to about 50% of

the one of the VS.

Table 43: CO2 Emissions in kg/s (g/MJsco) for the GC

Block VS LES VS HES CS LES CS LES
GASIFIER 158.5 (16.4) 158.5(16.4) | 10.4(1.1) 10.4 (1.1)
ELECTRICITY 94.2 (9.7) 94.2 (9.8) 5.2(0.5) 5.2 (0.5)
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H2 & SG 64.2 (6.6) 64.3 (6.66) 5.2(0.5) 5.2(0.5)
ADDITIONAL
COGENERATION 0.0 (0.0) 0.0 (0.0) 18.3 (1.9) 18.3 (1.9)
OTSGs 46.4 (4.8) 83.7 (8.7) 43.9 (4.5) 81.2 (8.4)
FURNACES 39.0 (4.0) 39.0 (4.0) 39.0 (4.0) 39.0 (4.0)
CO2 AVOIDED 13.0 (1.3) 4.6 (0.5) 14.8 (1.5) 6.3 (0.6)
TOTLC 230.89 (23.94) | 276.65 (28.69) | 97.2 (10.08) | 143.00 (14.83)

4.10.4 Gasification case (GC) Vs reference case (RC)

In this section, the results obtained for the GC and RC are compared.
The results of the GC and the RC are shown in Table 44. The comparison between the GC
and RC is shown in Table 45. For each parameter considered, the mean value between the

LES and HES was taken.

Table 44 :Results of the GC and the RC

Parameter Unit RC GC-VSs' GC-CS?
(ﬁéﬁe{?g}oi;ﬁpﬁgﬁ) MW 2974.24 3640.19 3826.85
NG consumption MW 2203.33 700.28 886.94
FG + PG consumption MW 770.91 1158.86 1158.86
PCK consumption MW 0.00 1781.05 1781.05
Dependence on NG % 74 19 23
NER’ GJou/Glin 3,46 2,64 2,49
NEER* Gouw/Glin 4.65 17.75 12.60
CO; emissions kg/s 168,84 253,77 120,12
g/MJsco 17,53 26,05 12.46
1 Venting scenario
2 Capture scenario
3 Net energy ratio in primary energy
4 Net external energy ratio in primary energy
Table 45: Comparison of the GCs with the RC
Parameter GC-VS GC-CS
Power consumption +22,39 % + 28.,49%
NG consumption -68,22% -59,75%
Dependence on NG -74,03% - 68,67%

118




Chapter 4

NER -23,84% - 28,03%
NEER +281,61% +170,86%
CO; emissions +48,62% -28,93%

1 Compared to the RC

The energy consumption of the GC is higher than the one of the RC (+22.39% and +
28.49%, respectively for the VS and the CS) .However, this parameter only refers to the
amount of energy consumed, without any distinction on the fuel used. It is evident that
using 1 MJ of natural gas is different than using one MJ of petroleum coke.

The RC relies entirely on natural gas, which is the finest fuel resource in commerce. All
the technologies considered in the RC have a very high efficiency, mainly because of the
quality of the fuel. Instead, the GC produces most of the energy with petroleum coke. This
resource is usually stockpiled and is worthless because of the difficulties associated with
its use. Thus, the GC offers the possibility to use, on a large scale, a resource as dirty and
useless as petroleum coke with a very respectable efficiency.

The NER provides the same indication of the energy consumption. It is clear that with the
gasification there is an overall larger use of energy, because of the lower efficiency of the
processes. However, the extra energy comes from a waste product that is otherwise
unusable.

For both the RC and GC, the natural gas is the only fuel ‘imported’ on the plant and used
in the energy facilities. The GC, thanks to the contribution of the petcoke, can significantly
reduce the natural gas consumption in both VS and CS. The result is an overall dependency
on natural gas of 19% and 23% for the VS and CS, respectively.

The parameter that most highlights the performance of the GC is without any doubt the
NEER. In fact, this parameter only considers the ‘external’ fuel consumption in the
calculations. The petcoke and offgas produced in the upgraders are not considered as
‘external’ fuels because they were originally within the bitumen extracted from the subsoil.
The values of NEER for the GC are 17.75 and 12.6 respectively for the VS and CS. These
values are much higher than the ones obtained in the RC (4.65).

In simple terms, for each GJ of external energy introduced into the oil sands processes, we
produce 12.6-17.75 GJ of primary energy. The increase of the value between the RC and
GC is impressive (+281.61 % and + 170,86% for VS and CS, respectively ).

Despite the undeniable advantages mentioned, the CO, emissions of the GC are much
larger than the ones of the RC. The main reason is that petcoke is essentially fixed carbon.
Due to the very low content of hydrogen, this fuel generates more CO, than practically all
the commercial fuels. The natural gas, due to the high H to C ratio in the molecule, is the
hydrocarbon that produces by far less CO,.

Therefore, the VS of the GC produces around 50 % more CO2 than the GC, which is an
enormous amount. In a whole year, the VS of the GC would vent about 2.5 million more
tons of CO, than the RC.
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However, the CS of the GC, through the CCS, permits a considerable reduction inCO,
emissions The results are a decrease of around 30% of the emissions of the RC, which
means, over a year, around 1.5 million of tons of CO,.
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CHAPTER 5: Conclusions

This work was focused on SAGD extraction of bitumen from oil sands industry and
upgrading to synthetic crude oil.

In particular, the energy consumption and the related emissions of two technologies were
evaluated:

¢ Current technology, based on natural gas (reference case)
* Qasification of petroleum coke (gasification case), in venting and capture scenario

Both the reference and gasification cases were modeled with the software Aspen Plus from
Aspentech. The results obtained for the reference case were similar to the one of other
works done on this purpose. For this reason, the model can be considered reliable.
Particularly, the reference case provides a closer range for the direct CO, emissions related
to the upgrading than the other works in the literature. This result was obtained through the
use of some experimental correlations for the calculation of the upgrading demand.

We obtained a range of 15.48-19.57 gCO,/MJsco for the reference case.

In addition, a net energy analysis was performed. The result of a NEA is usually an energy
return ratio , a parameter which compares the amount of primary energy consumed in
exploitation of an energy resource to the amount of valuable primary energy provided to
society.

Two energy return ratios were obtained: The net energy ratio considers the energy
consumption to get a resource and is proportional to the total energy input . The net
external energy ratio on the other hand , considers just the external primary energy used
for a certain process. The reference case resulted in small values of energy return ratios.
Values of 3.02-3.9 and 3.85-5.42 GJ,u/GJin were determined for the net energy ratio and
the net external energy ratio respectevely. These values are very low compared to the ones
associated with conventional light crude (15-30 GJou/GJin ).

The gasifier case produced very good results, even better than the expected one. There are
not particular problems in adapting entrained bed gasifiers to petcoke use (except for the
low content in ash). However, the particular poligenerative application considered results
to be very effective. Part of the syngas was converted to pure hydrogen for refinery use,
while the remaining was used to produce power. Thanks to the syngas coolers and to the
postired OT-HRSG, a large amount of steam was generated throughout the process. The
gasification plant therefore, results to have a steam/power ratio of 3.09 and 4.09 for the VS
and the C60S respectively. This value of the steam/power ratio compared to the value of
1.65 of cogenerations systems (with postfiring) , seems to be better suited to the demand
(13.6-13.99 MWtca/ MW power).-

The gasification based polygeneration plant results have a value of efficiency of 58% for
the venting scenario and 48.6% for capture scenario. This results are very high compared
to the common application of gasification plants. The polygeneration plant also offers very
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good performances in the oil sands energy infrastructure. In both venting and capture
scenarios, the gasification based polygeneration plant produce all the hydrogen and steam
for the refinery. In the venting scenario, all the electricity for the processes can be
produced with the syngas. In the capture scenario instead, an additional natural gas
cogeneration unit is required in order to produce all the electricity for the processes.

In the polygeneration plant, around 22-37% (depending on the energy scenario) of the
steam required from the wells is produced. The rest of the steam can be easily integrated
through OTSGs (and cogeneration in the capture scenario) using both the produced gas and
the natural gas.

As aresult, the dependence on natural gas is reduced from 74% in the reference case to 19-
23% for the venting and capture scenarios of the gasification case.

Since the overall efficiency of the gasification case is lower than the one of the reference
case, the energy consumption increase with respect to the reference case (22-28.5%).
However, the energy source is much less valuable and this increment doesn’t constitute
any problem. On the contrary, the reduction in natural gas use increased by far the value of
the net external energy ratio.

With the gasification case, we can obtain values from 9-26.3, which are very similar to the
one obtained by conventional light crude. In simple terms, for each GJ of external primary
energy introduced into the oil sands processes, 9-26.3 GJ of primary energy are produced.
The energy used to extract the bitumen and to upgrade it to SCO is provided in large part
from the bitumen itself, by the use of its main waste product (the petcoke). In the GC,
every part of the bitumen extracted from the subsoil finds its proper application. This
efficient conversion of the bitumen seems to be much more sustainable in the long term
than the large input of external natural gas.

However, gasification case in venting scenario produces much more CO2 emissions. . The
main reason is that the petcoke is essentially fixed carbon. Due to the very low content of
hydrogen, this fuel generates more CO, than practically all the commercial fuels. The
natural gas instead, due to the high H to C ratio in the molecule, is the hydrocarbon that
produces by far less CO,.

The venting scenario of the gasification case therefore, results in producing around 50 %
more CO2 than the reference case, which is an enormous amount. In a whole year, the
venting scenario of the GC would vent around 2.5 millions of tons of CO, more than the
reference case. These number are unacceptable in the current global scenario, especially in
a CO; constrained industry as Alberta’s oil sands.

However, gasification offers some of the least costly methods for large scale CCS. The
capture scenario decrease of the emissions by around 30%, which means, over an year,
around 1.5 million of tons of CO,,

This reduction in the energy intensity is much higher than the one currently required by the
government (12%) and can be therefore implemented in a long term horizon.

Additionally, gasification of petcoke produces very low emissions of SO, thanks to the
very efficient removal of H,S from the syngas.
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From an economic point of view, however, this solution is not competitive yet.
Gasification is very capital intensive. Moreover, despite the fact that Canada hosts one of
the five CCS plant in operation in the world and is strongly investing in this technology,
CCS is still very expensive.

In this particular moment, natural gas tends to be very cheap in North America and no
resources can compete with it, especially from an environmental point of view . Moreover,
since the price of the crude has sharply fallen down, the profits of the oil sands industries
have been reduced.

Petcoke gasification with CO; capture would be an energetically and environmentally
sustainable solution which would allow efficiently disposal of petcoke, while decreasing
the natural gas consumption as well as the CO, emissions related to the extraction of Oil

Sands.

Possible future developments

This work considered only the possibility of petcoke gasification from a technological
point of view. No economical analysis were performed in this study. The final evaluation
of this solution should pass through a feasibility analysis.

A future work can be the comparison between the gasification case and the reference case,
from an economic point of view.

Moreover, petroleum coke from delayed coking is not the only resource that can be
gasified in a Shell gasifier. Some other refinery waste products are generated in the oil
sands industry (residues from de-asphalting, fluid coking ecc) . The study of this processes
combined with the gasification of these by-products can be compared with the results of
this work.

In the end, due to the abundance of biomass in Alberta, co-gasification of petcoke and
biomass can be performed. With this solution, CO2 emissions can be reduced further.
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