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Aspen HYSYS V8.8 Chemical Process Simulator by AspenTechnology 
Syngas Fuel gas composed mainly of H2,CO,CO2 
Bio_NG Fuel consisting of methane coming from renewable 

sources. 
Tar Viscous liquid of hydrocarbons and free carbon. 
Char Solid material that remains after the light gases and 

tar are remove from a carbonaceous material. 
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Estratto 
 

 

Le fonti fossili sono state l’unica sorgente di energia per un lungo periodo. Il loro 

limite, che si contrappone all’elevata densità energetica, è la limitatezza: vi è una 

quantità finita disponibile che prima o poi si esaurirà. L’utilizzo delle fonti 

rinnovabili, in particolare le biomasse, per produrre energia è una delle nuove 

rotte su cui investire. La gasificazione delle biomasse a produrre Syngas e la 

successiva trasformazione dello stesso in metanolo, utile in svariati settori, 

potrebbe essere una risorsa importante nello scenario energetico presente e 

futuro.                                                                                                                   

L’obiettivo di questa tesi è fare una analisi delle performance di impianti “semplici” 

per la sintesi di metanolo, supponendo di alimentare ad essi syngas prodotto da 

biomasse attraverso differenti tecnologie. Per mezzo di simulazioni in Aspen 

HYSYS v8.8 si è cercato di ottimizzare le prestazioni dell’impianto su due 

particolari correnti (2E e 2D) con un coefficiente stechiometrico rispettivamente 

di 1.790 e 0.232. Senza tener conto dell’aspetto puramente economico le 

simulazioni riguardanti la corrente 2E hanno dato come risultato una produttività 

di metanolo di 262.50 kmol/h con una alimentazione di 828.6 kmol/h nella 

configurazione base, 277.20 kmol/h con la stessa precedente alimentazione a 

cui sono stati aggiunti (dopo il mix con il riciclo) 20 kmol/h di idrogeno puro e 

266.10 kmol/h con la stessa alimentazione dei due casi sopracitati, ma 

utilizzando la configurazione Lurgi con due reattori in serie. Per quanto riguarda 

la corrente 2D, solo il caso in cui idrogeno puro viene aggiunto risulta in una 

accettabile produttività di metanolo. Quest’ultima è 607.56 kmol/h con una 

alimentazione di 1160 kmol/h ed una aggiunta di 1100 kmol/h di idrogeno. Lo 

scopo finale sarebbe applicare i risultati ottenuti in una valutazione economica 

dell’impianto e comprendere se è fattibile utilizzare questo procedimento per 

produrre metanolo. 
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 Abstract 
 

For a long time, non-renewable energy sources were the only way to produce 

energy. Their limit, which contrast with their high energy density, is the finiteness: 

they will dwindle until eventually disappear. The interest to invest in renewable 

sources, such as biomasses, is increasing over the years. The gasification of 

biomasses producing syngas and its transformation into methanol, a very 

versatile molecule, can be an interesting route in the present and future energy 

scenario.                       

The aim of this thesis is to analyse the performance of “simple” plants for the 

production of methanol, supposing to feed them with syngas produced from 

biomasses through different technologies. By means of simulations in Aspen 

HYSYS v8.8, the performances of the process loop with as fresh feed two 

different flows (2E and 2D) with the stoichiometric coefficient respectively 1.790 

and 0.232 have been optimized. Without considering the economical aspect, the 

simulation performed on the stream 2E brought as result of the methanol 

productivity 262.50 kmol/h with 828.6 kmol/h as fresh feed, 277.20 kmol/h for a 

fresh feed equal to the previous one where 20kmol/h of pure hydrogen have been 

added (after the mixing with the recycle) and 266.10 for the same fresh feed as 

in the first case but with two reactors in series (Lurgi configuration). Regarding 

the stream 2D, just the simulation that involved an addition of pure hydrogen can 

be considered acceptable. With a fresh feed of 1160 kmol/h and 1100 kmol/h of 

hydrogen added, the methanol productivity results 607.56 kmol/h.  Purpose of 

this work is to give the base for a profitability assessment in order to understand 

whether or not methanol can be produced with this method. 
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Preface 
 

 

Methanol is an important compound used in many different ways. Its production 

starting from renewable sources could be a new route in order to erase the world 

dependence from fossil fuels. 

In this work we adapt the design of a multitubular reactor with heat exchange, 

based on the one modelled by [7], to several fresh feed compositions that are the 

results of the biomasses gasification. 

Trough simulations, this work optimizes the methanol yield varying design 

parameter (such as number of tubes, inlet temperature of the reactor, coolant 

temperature in the reactor, purge extent) and observing the behaviour of hotspot 

temperature, inerts content in the reactor inlet, recycle ration and stoichiometric 

coefficient at the reactor inlet.  

The remainder of this paper is organized as follows: chapter 1 provides a 

theoretical background and a research literature on biomass gasification. Chapter 

2 explains the basic principles of the process simulator used in this work, Aspen 

HYSYS V8.8 [8,9]. Chapter 3 describe in detail the simulation model of the 

process under investigation and the validation process we performed. Chapter 4 

discusses the behaviour of the plant obtained from the numerical simulations with 

different operating conditions. Multiple cases with different fresh feed 

compositions have been evaluated to understand whether it is possible to create 

methanol in a reasonably quantity starting from an inlet stream with properties 

not close to the designed ones (e.g. a stream with a stoichiometric coefficient at 

the reactor inlet not in the range of the optimal one). Furthermore, in this chapter 

we study a new configuration involving two multi-tubular reactors in series to 

achieve the optimal temperature profile. We draw some conclusions and think 

about possible future works in Chapter 5 
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    1  
 Introduction 

 

 

The world total energy demand is about 400 quadrillion British Thermal Units — 

or BTUs — each year (Source: US Department of Energy). Fossil fuels, e.g. oil, 

coal and natural gas, supply nearly 88 percent of the world’s energy needs. 

However fossil fuels are non-renewable, that is, they draw on finite resources that 

will eventually dwindle, becoming too expensive or too environmentally damaging 

to retrieve. Furthermore, fossil fuels are considered to be the largest contributing 

factors of global warming and environmental pollution due to the greenhouse gas 

emissions. On the other hand, renewable energies, e.g. wind and solar energies, 

are constantly replenished and will never run out [1] and can play an important 

role in the improvement of the atmospheric health. As shown in Figure 1.1 there 

are different types of renewable energies according to the energy source: 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

Figure 1.1 Types of Renewable Energy [2]. 
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 Solar energy can be used for heating purposes in both residential and 

industrial services; 

 

 Wind energy, captured with wind turbines, coupled with the sun’s heat, 

evaporates water. The latter then falls as rain or snow into rivers or 

streams, capturing energy as hydroelectric power; 

 

 Hydrogen can be found on organic compounds and it is the most abundant 

element on the earth. This element can be burnt as fuel or converted into 

electricity; 

 

 Geothermal energy taps the Earth’s internal heat for a lot of uses as 

heating power, electric power and cooling power; 

 

 Ocean energy, such as waves energy, tidal energy etc; 

 

 Biomass, that is the organic matter that makes up plants. Biomass energy 

can be used for various scope becoming then bioenergy.  

 

 

 

 

Solar and Wind power are in principle able to satisfy the overall world energy 

demand [2]. The difficulties of relying on these renewable energies are related to 

the volatile power feed due to the nature of the sources that are not linked to the 

power needs. It is not possible to completely rely on them. Their variance, though, 

can be smoothed by using other energy sources e.g. Biomasses energy. 

Biomasses are largely available and can be stored. On the other hand, the main 

problem is that biomasses have a very low energy density, yielding to a 

necessary transformation into something more applicable. 
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Figure 1.2 Methanol provenience and usage [3]. 

 

This something can be a liquid fuel, like methanol, that is one of the most versatile 

molecule. Figure 1.2 shows that methanol is used to produce other chemical 

derivatives, which in turn are used to produce thousands of products that touch 

our daily lives, such as building materials, foams, resins, plastics, paints, 

polyester and a variety of health and pharmaceutical products. Methanol also is 

a clean-burning, biodegradable fuel [4].  

Moreover, due environmental and economic advantages, methanol is becoming 

an attractive alternative fuel for powering vehicles and ships, cooking food and 

heating homes. Figure 1.3 shows that methanol demand hence methanol 

production is increasing over the years.   

 

 

 

 

Figure 1.3 Methanol Demand and Production [5]. 
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As introduced before, to really exploit the energy potential of biomasses, their 

transformation into methanol is needed. Once they are gasified to obtain syngas, 

the latter will be used to synthesized the final product.  

Figure 1.4 shows the plant scheme to convert a stream rich of CO, CO2 and H2 

to CH3OH. 

The fresh feed (stream 1) has to be compressed. Starting from ambient pressure, 

the goal one will be at least 60 bar (stream 2). Hence, more than one unit 

operation, coupled with intercooler (to avoid excessive increase of temperature) 

is needed. Subsequently, the pre-heater, used to bring the reactants to the 

desired inlet temperature (stream 4), and the reactor, main unit operation in which 

the conversion from COx to methanol is performed, are implemented. The stream 

coming out from the reactor (stream 5) pass through a cooler that will decrease 

the temperature helping in a more efficient separation performed in the flash 

(stream 6). At the very end, the vapor stream coming out from the separation 

section (stream 8), after a small purge (stream 9), will be recompressed (stream 

11), recycled back and mixed with the fresh feed in order to increase the overall 

methanol yield (stream 3). The liquid coming out from the flash (stream 7) will be 

a mix of mainly methanol and water. 

 

 

Figure 1.4 Methanol Synthesis Loop [6]. 
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1.1 Theoretical Background 

This chapter explains all the necessary theoretical aspect behind the whole 

process to transform biomass to methanol. The first step is the gasification of 

biomass to syngas that will be followed by the methanol synthesis. 

 

1.1.1 Biomass gasification 
 

 

Biomass is usually a dry solid and can be both gasified or burnt. In 2015 almost 

82% of the total biomass content was used in the energy sector for transportation, 

house services and industries [10,11]. The gasification process transforms into 

gaseous phase liquid or solid feed-stream. A quick overview of the process is 

here described:  

 

 

Drying  Endothermic process that involve an evaporator to eliminate the 

water percentage in the biomass. The higher is the humidity, the 

higher will be the heat needed. 

 

 

 

Pyrolysis Thermal decomposition of the completely dry biomass in a range of 

 temperature going from 270°C to 700°C. This is a chemical 

endothermic  reaction that follows the scheme: 

Dry Biomass      CO + CO2 + H2 + H2O(g) + LHC + tar(l) + char(s) 
 

  

 

 

Oxidation Chemical step that is mainly used to produce the heat of reaction 

that has to be supplied for the other steps. It follows the scheme: 

H2 / Tar / Char    CO + CO2+H2O(g) 
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Reduction The chemical compounds created during the previous phase are 

mixed and react together forming other products. The main 

reactions, overall endothermic, are [12,13]: 

C + CO2         2CO Boudard Reaction (1.1) 
C + H2O         CO + H2 Water-Gas Reforming (1.2) 
CO + H2O      CO2 + H2 Water-Gas Shift (1.3) 
C + 2H2          CH4 Methanation (1.4) 

 

A variety of compounds can be produced from these reactions. Changing the 

temperature range will change the selectivity toward one or more components. 

800°C-1100°C (500°C-1600°C) are the temperatures used in biomass 

gasification in air (O2) in order to achieve the syngas production [14].  

To better understand the procedure, including operations involved to clean the 

gas produced and all the facets of the four steps it is suggested the reading of 

[15]. 

 

 

1.1.2 Methanol Synthesis 
 

The first methanol molecule was produced in 1661 by Robert Boyle via 

rectification of crude wood vinegar over milk of lime. Then only in 1913 the first 

commercial methanol synthesis process was patented by Alwin Mittasch at BASF 

starting from CO and H2 in the presence of Iron as catalysts. Problems of this 

configuration were contamination by Fe, Ni, S, catalyst active only at very high T 

(thus very high P) and methanation as side reaction. Continuing on the timeline, 

changes of catalyst and operating conditions were applied improving 

performances (ICI Process 1966-1972 with Cu/ZnO/Al2O3 or Cu/ZnO/Cr2O3 as 

catalyst active at T = 200 - 250°C and P= 150-200 atm) [16]. 

  

 

Methanol (CH3OH) is a compound soluble in water, alcohols and organic 

compounds with a boiling temperature of 64.6 °C and a melting temperature of -

98 °C. The most important properties that has to be kept in mind during its 

synthesis are the flammability limits in air (6.7 – 36.5 % v/v) and its toxicity [16]. 
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Reaction scheme:  

CO + 2H2                ↔ CH3OH ∆RH300 K = -90.55 kJ mol-1 (1.5) 
CO2 + H2                ↔ CO + H2O  ∆RH300 K = 41.12 kJ mol-1 (1.6) 
CO2 + 3H2              ↔ CH3OH + H2O ∆RH300 K = -49.43 kJ mol-1 (1.7) 
    
    

 

Thermodynamic effect 

 

The overall reaction is exothermic and with a decreasing number of moles. 

Decreasing the temperature, the Keq increases, decreasing the pressure, the 

equilibrium conversion decreases. 

 

T, 
°C 

Keq 

260 1.5x10-3 

300 3.1x10-4 

340 8.7x10-5 

80 2.7x10-5 

 

 

Where χ and Keq can be calculated with: 

χ =  
ṅ𝑖

𝐼𝑁−ṅ𝑖
𝑂𝑈𝑇

ṅ𝑖
𝐼𝑁           (1.8) 

𝐾𝑒𝑞 =  𝑒−
∆𝑟𝐺𝑇 

𝑅𝑇 = ∏ 𝑎𝑖
𝜈𝑖                 (1.9) 

 

Stoichiometric Effect 

As Figure 1.5 display, changing the composition of the feed of a methanol 

synthesis reactor will bring changes in the product composition, hence in the 

methanol productivity. The parameter used in order to establish the quality of the 

inlet stream is:  

 

𝑀𝑖  =  𝑦𝐻2 − 𝑦𝐶𝑂2

𝑦𝐶𝑂 + 𝑦𝐶𝑂2
 

 
 

 

A suitable value for MI is in the range of 2.0 - 2.2, indicating an excess of 

hydrogen that will be recycled back. 

P [bar] Eq. χ 

250 60 % ca. 

10 2 % ca. 
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Figure 1.5 Methanol productivity and Recycle Ratio vs MF [7]. 

 

 

Kinetic Effect 

Looking at Figure 1.6 it can be seen that the reaction rate increases with the 

temperature due to the Arrhenius effect, when no methanol is present in the 

mixture. As soon as some products are present, the reverse reaction starts. The 

latter is an overall endothermic step that is favoured at higher temperatures and 

that lead to a decrease in the methanol concentration. All the methanol synthesis 

reactor works with a temperature profile that is decreasing with its length. When 

z = 0, no methanol is present and it is possible to work with the maximum 

allowable temperature that corresponds to the maximum allowable reaction rate. 

Increasing z, methanol concentration increases, leading to an activation of the 

aforementioned reverse reactions. At this point, the maximum allowable reaction 

rate will be encountered at different decreasing temperatures.  
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Figure 1.6 Methanol reaction rate vs Temperature [17]. 

 

Catalysis effect 

What is important to achieve during methanol synthesis is a good value of 

selectivity toward methanol. To accomplish this task, a catalyst is needed, in 

order to speed up the main reactions and avoid the production of by-products. 

Some of the side reactions that have to be controlled are:  

 

Methanation     

CO + 3H2       ↔ CH4 + H2O 
 
 

∆RH300 K = -50 
kcal mol-1 

∆RG300 K =-34 
kcal mol-1 

(1.10) 

Dehydration     

2CH3OH        ↔ CH3OCH3 + H2O 
 
 

∆RH300 K = -5.6 
kcal mol-1 

∆RG300 K =-3.9 
kcal mol-1 

(1.11) 

Higher Alcohols     

2CO + 4H2     ↔ C2H5OH + H2O 
 
 

∆RH300 K =-61.1 
kcal mol-1 

∆RG300 K=-29.2 
kcal mol-1 

(1.12) 

3CO + 6H2     ↔ C3H7OH + 2H2O 
 
 

∆RH300 K =-97.6 
kcal mol-1 

∆RG300 K=-49.5 
kcal mol-1 

(1.13) 

Oxygenates     

CH3OH + CO  ↔ HCOOCH3 ∆RH300 K =-9.2 
kcal mol-1 

∆RG300 K=0.28 
kcal mol-1 

(1.14) 

  

The most dangerous one is the methanation reaction, not only because from 

methanol we go back to syngas (the starting reactants) but also because of its 
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exothermicity that makes the system really unstable with the possibility of thermal 

runaway. To block (1.8) it is necessary to keep the temperature below 270°C [17]. 

 

 

 

 

 

 

 

 

 

 

1.2 State of the art 
 

The aim of this chapter is to report all the different technology to produce syngas, 

and successively methanol, starting from renewable sources. Methanol is one of 

the most important intermediates in the chemical industry. It can be used as 

substituent/supplement in the traditional fuels for internal combustion engine or 

to produce oxygenates and hydrocarbons [18,19]. 

 

 

1.2.1 Bio-Syngas Production 
 

 

The gasification of biomass to produce syngas will be a key technology for the 

production of biofuels [20, 21]. In particular the technology that employ entrained 

flow gasification of biomass allows the manufacturing of high quality syngas that 

can lead to different types of biofuels [22]. The main disadvantage of this 

methodology is the elevated temperature, in the range of 1200-1300°C, needed 

to achieve high carbon conversions with short residence time, that leads to soot 

formation [23, 24]. Moreover, the high yield to ashes can cause accumulation in 

the reactor unit and plugging of its outlet flows [25, 26, 27]. To make this process 

competitive, some study about the impregnation of biomass with alkali metals 

were pursued [28, 29] and they led also to reduced tar formation [29]. The other 

advantage brought from the alkali impregnation is the decreasing of the 

temperature and the use of the alkali as flux agent increasing the ability to flow of 

the total mixture [25, 26, 27, 30]. Of course, adding alkali metals has a cost that 
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has to be considered in the profitability assessment of this investment. When 

gasification is adopted, there are two main purposes: to convert all the possible 

raw material into gas and to maintain stable its properties [31]. The gas is formed 

mainly by H2 and CO with a percentage of CO2 depending on the different 

technology used before and after the gasification [32]. Of course, the gasification 

extent depends on a lot of parameters. [33] asserted that biomass composition 

can depend on the age of the plant, growth processes, if fertilizer and pesticide 

were used and in what quantity, harvesting time, pollution, moisture percentage 

and type. Precisely there are three types of moisture that can be present in a 

biomass: Surface moisture, chemical moisture, moisture on air/steam. Moisture 

content in a biomass can range from 30% to 90% [34]. As [35] write, anaerobic 

digestion can be applied in order to stabilize toxic and dangerous waste. Even 

though the biogas produced from this mechanism is mainly methane, it also 

contains the right compounds for the methanol synthesis [36]. 

 

 

 

 

1.2.2 Methanol Synthesis 
 

Methanol synthesis is a well-studied process. Normally it is carried out on a 
catalyst of CuO/ZnO/Al2O3 at a temperature around 250-300 °C realising 50 
KJ/molMeOH [7]. The selectivity of these processes can reach value of 99.9 % 
[37] but yield (thus Conversion) is limited by thermodynamic equilibrium. 
Conversion for a once-through configuration is in the range of 20% while 
considering the recycle of the reactor effluents (after a small purge) allows to 
reach value of conversion next to 80% [38, 39]. Disparate reactor design can be 
applied to this configuration (fixed bed reactor, bubble reactor, fluidized bed 
reactor) but the best ones are the fixed bed reactors with quench (Figure 1.8) or 
multitubular reactor with an external cooling [40].  

 
Figure 1.7 Profile of Methanol conversion vs Temperature for a Quench reactor [17]. 
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The former design configuration is performed as a series of fixed adiabatic bed 
reactor where at the inlet of each stage fresh syngas is injected to cool down the 
stream, allowing to better follow the optimal temperature profile maximizing the 
reaction rates (Figure 1.7).  
 

 
Figure 1.8 Design of a Quench reactor [15]. 

 

 

In Figure 1.9 is shown a multitubular reactor. This is a quasi-isothermal reactor 
with a tubular bundle and a shell. In one of two parts circulate the process flow 
(usually inside the tubes) and in the other the cooling medium (usually in the shell) 
that for these temperatures can be assumed as water. This will be the technology 
simulated in our work, its methanol concentration and temperature profile will be 
displayed in the following chapters. Main advantages of this technology 
compared to the previous one is that the recovery of the heat realised from the 
reaction is possible, higher yield and higher lifetime for the catalyst adopted are 
reachable but, on the other side, its operating and capital costs are higher [16]. 
Lurgi, Johnson Matthew/Davy and Haldor Topsøe are the market drivers [41]. 
 
 

 

Figure 1.9 Design of a Multitubular reactor [17]. 
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2  

 Materials 

and Methods 
 

 

 

As previously mentioned, all the simulations were carried out within the process 

simulator Aspen HYSYS V8.8. The aim of this chapter is to describe the basic 

principles of Aspen HYSYS.  

Figure 2.1 shows an example of simulation model of the methanol synthesis 

process in Aspen HYSYS. Following the unit operations will be explained. 

 

 

 

 

 

 

 

Figure 2.1 Methanol Synthesis loop in Aspen HYSYS V8.8.  
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2.1 Setting the environment 
 

The first thing to start a simulation in Aspen HYSYS V8.8 is to set the properties 

environment as in Figure 2.2. This means that all the component involved in the 

model have to be declared and specified.  

 

Figure 2. 2 Set of the environment in Aspen HYSYS. 

 

Aspen HYSYS has a library incorporated in which a 

number of elements and compounds with their 

properties are already specified and this allows avoiding 

the tedious work of searching them in literature. If one or 

more components are not present in the library, a tool to 

specify the name and some of its properties is present. 

Once all the component will be specified the fluid 

package has to be added. A variety of them are already 

present in Aspen HYSYS library (Figure 2.3) but, as 

before mentioned, also in this case it is possible to a 

customized package. The method assistant tool will help 

in the decision of the fluid package to attach. 

In our work, the fluid package to attach will be the RKS. 

Looking at [15,16], this fluid package is the most 

accurate if used in simulation regarding Oil&Gas and 

derivatives industries. 

 

 

 
 

 

 

Figure 2.3 List of Fluid Packages. 
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2.2 Process streams 
 

Once the properties environment is fixed (one can always add something 

forgotten during the next steps), the simulation environment can be open and the 

real design phase starts. Figure 2. 4 shows three types of arrows, respectively 

the light blue one (prephase of the dark blue) is used to indicates process streams 

while the purple one indicates energy streams.  

 

 

Figure 2.4 Process and Energy streams. 

 

 

Double click on them and a window appears in which properties can be specified. 

For the process stream at least 3 independent properties and the composition 

have to be declared to completely define the stream (Figure 2.5) and change its 

colour to blue.  

 

 

Figure 2.5 Process stream worksheet. 

 

 

The energy stream is usually coupled with a unit operation that requires or 

produces energy while running. The direct value for the energy per hour 
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transferred or a formula involving correlation between variables are present. 

Energy can be transferred via direct power or with medium called utility fluid. 

 

 

2.3 Compressors 
 

Compressors are used to increase the pressure of a process streams. As it can 

be seen from Figure 2.6 compressors have three phases: 

1. The red one in which no streams are attached and no operation can be 

done. 

 

2. The grey with yellow contour in which all the process and energy streams 

are attached but no clue about how much we have to increase the 

pressure has been declared. 

 

 

3. The grey with the blue contour is when all the necessary data are given 

and the compressor simulation is completed. 

 

Figure 2.6 Three phases of a compressor. 

Actually, these three phases can be seen in all the unit operation (relating them 

to the variable they need) involved in a process loop. 

Once all the inlet process streams are defined, there are two different ways of 

completing the simulation of a compressor: 

 

 Providing the Duty that the compressor has to use in order to accomplish 

its job; 

 

 Providing the Pressure of the outlet stream. 

 

 

As Figure 2.7 displays, there are a number of variables already fixed 

automatically from the simulator but they can be changed if necessary. 
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Figure 2.7 Compressor parameters. 

In our work it has been used a polytropic efficiency equal to 0.98. Considering 

the viscosity of the fluids passing through the compressors, 0.98 is a well 

assumed value that indicate a small loss in terms of “work” that identify a small 

additional heating. 

 

2.4 Coolers and Heaters 
 

Coolers/Heaters (Figure 2.8) are used to decrease/increase the temperature of a 

process streams. In aspen HYSYS their icons are very similar, but they can be 

recognised from the direction of the energy stream: for a cooler the energy stream 

is going away and the opposite for a heater. What it has to be done to complete 

the simulation of these two unit operation, once the inlet process stream is 

defined, is to fix at least two parameters choosing between: 

 Duty exchanged 

 Pressure Drop  Always assumed 0 to avoid any additional loss of 

pressure 

 Outlet temperature 

 Outlet pressure. 

 ∆T between inlet and outlet temperature of the process stream 
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Figure 2.8 Coolers and Heaters. 

2.5 Mixer and splitter 
 

 

Mixer/splitter is a unit operation used to mix/separate two or more process 

streams, without influencing their composition. The former needs, besides the 

definition of the inlet streams, just its rating (diameter and elevation from the 

ground), while the latter needs also the ratio with which the streams are 

separated. Other specification can be added to both of them in case of an 

economic assessment or an energy optimization. Figure 2.9 shows the Aspen 

HYSYS icons relative to these unit operation. 

 

 

 

Figure 2.9 Mixer and Splitter. 
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2.6 Reactor 
 

 

Figure 2.10 Reactor. 

 

Figure 2.10 exhibit a PFR reactor with tubes inside. The process stream flows in 

the tubes, instead the cooling water is in the shell. First thing to do is to add a 

reaction to the reactor. Typing back on the property environment it is possible to 

decide what type of reaction to use. In this case a heterogeneous catalytic 

reaction set is added as in Figure 2.11. This set require all the kinetic data that 

will be described in the next chapter. Once a reaction set is attached to the fluid 

package it is possible to continue with the simulation of the reactor.  

 

 

 

Figure 2.11 Reaction set attachment. 

 

 

Next step will be the dimensions of the reactor. This include its length and 

diameter in order to find the volume, NT, tube diameter, wall thickness and void 

fraction regarding the tube packing. Catalyst particle properties have to be known 

as well, because sphericity, density and dP are parameters involved in the 
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reaction rate calculation. In the end, duty information (direct Q value or 

correlations about it) and pressure drop information (in which not only a number 

can be included but also the Ergun equation can be used) will allows the complete 

simulation of the reactor. In this unit operation a lot of variable are fixed by Aspen 

HYSYS, it is suggested to go through all the windows available because some 

other important parameters, such as Tcool or iteration points, could be different 

from what it is needed.  

 

 

2.7 Flash 
 

 

Figure 2.12 Flash. 

The flash (Figure 2.12) is a unit operation that perform a separation in two 

different phases (liquid and vapor) between compounds in the same process 

stream. It can involve a reaction or not, it can be subject to pressure drop or not, 

it can be isothermal or with changing temperature (in this case an energy stream 

is required). To completely define a flash, its inlet flow has to be defined as well. 

As in the other unit operation which performances do not depend on the size, 

Aspen HYSYS will automatically fill rating properties that can then be changed if 

necessary. 

In our work, the temperature of all the three streams ( one entering and two 

exiting) the flash are at the same temperature. No pressure drop is considered in 

the simulation and the liquid percent inside the flash is never higher than 50%. 

With these assumption, that allows us to simplify the problem, the flash simulation 

is a mere separation that follow the affinity of the components to either vapor or 

liquid phase. 

2.8 Recycle Operator 
 

The operator shown in Figure 2.13 is something you need when a recycle is 

inserted in the loop in order to reach the convergence. Sensitivity, tolerances, 

number of steps, maximum number of iterations and numerical method are just 

some of the specification that Aspen HYSYS fixes instantaneously but that can 

be changed to adapt them to the problem. 



MATERIAL AND METHODS 

22 
 

 

Figure 2.13 Recycle Operator. 

This is the most important unit operation in the Aspen HYSYS simulation. When 

a recycle is inserted in a loop, convergence problem usually appears. By means 

of adjust operators (tool that help you reach a fixed value for a variable, changing 

the value of another one) and of spreadsheets (tool that allows to fix a formula or 

a relationship between variables and configurate your simulation on these 

relationships), the recycle can be handled in a simpler way and kept under 

control. 

 

2.9   Component Splitter 
 

The unit operation in Figure 2.14 is not visible in the loop presented by Figure 2.1 

at the initial paragraph of this chapter but it will be useful in the validation of the 

initial model. The purpose is to split components of one process stream, between 

two phases (liquid and vapor) not considering their affinity to one of the two 

phases but forcing them into the one you are interested in. This unit will be useful 

to represent an ideal flash in which the outlet stream of the methanol reactor will 

enter. The liquid product will be composed of only methanol and water, while the 

vapor one will contain all the other compounds. 

 

 

Figure 2.14 Component Splitter. 

 

To simulate this unit operation first of all splits ratios have to be defined. This is 

the core information, because all it is needed is to tell where one component will 

go. Also, an energy stream can be added in case of non-isothermal separations. 
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If this detail is not known, temperature, vapor fraction, pressure and enthalpy of 

the outlet streams can be specified to fill the last degree of freedom. 

In our work the pressure of all the streams involved in this unit is equal, as well 

as their temperature. In this way, the state equation of enthalpy and entropy are 

easily calculated and the separation between compounds quicly performed.
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        3  
  Model Building 

and Validation 
 

 

 

 

 

Figure 3.1 Methanol synthesis loop [7]. 

Figure 3.1 shows the synthesis loop used by [7] in their work. To validate the 

model a simulation based on their data was performed. In this Chapter equation 

used and all the necessary information about the model will be displayed. A 

comparison between the model developed and the one proposed by [7] will be 

displayed and highlighting our improvements to better follow real case process 

data. 
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3.1 Assumption 
 

 Axial and radial dispersion in the mass balance are neglected. 

 

 In this work, the reactor is a 2-D steady-state heterogeneous pseudo-

continuous reactor. Only the gas phase was modelled, neglecting the 

modelling of the solid phase. This is a huge hypothesis to do, but it is not 

possible to include the modelling of the solid phase in Aspen HYSYS.   

 

 Due to the impossibility to include the formula regarding the catalyst 

efficiency, an average value has been used in the reaction kinetics based 

on the work of [42] and on the operating conditions applied to this loop. 

This simulation was also compared to the one with a unitary catalyst 

efficiency and the result are comparable. 

 

 

 There is no possibility to fix the inerts content in the reactor inlet as [7] did, 

what it can be done is to fix the purge ratio in a way that the numbers 

correspond. To do so all the types of inerts are collected as Methane, 

neglecting the presence of Argon and Nitrogen. Even though their heat 

capacities are different, the results are not affected by this assumption. 

 

 The Temperature of the cooling medium is constant, it does not change 

between inlet and outlet. To simulate this, the flow rate of the cooling 

medium has been set at a very high value. 

 

 The radial resistance to the heat exchange carried out by the wall is 

neglected. 
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3.2 General Data 
 

The general operating conditions for the process loop are displayed in Table 3.1. 

Composition of the fresh feed and inerts content at the reactor inlet are already 

known, as well as temperature and pressure of both fresh feed and reactor inlet. 

The molar flow rate of the reactor inlet is fixed while the fresh feed flow rate is 

inferred.  

 

   FF RI 

yH2  0.6864 Unknown 
yCO  0.2732 Unknown 
yCO2  0.0355 Unknown 
yCH4  0.0049 0.0082 
yCH3OH  0.0 Unknown 
yH2O  0.0 Unknown 
ṅTOT [Kmol/h] 4360 18030 
T         [K] 323 323 
P [bar] 69.20 69.20 

Table 3.1 Fresh Feed and Reactor Inlet Composition. 

 

 

 

3.3 Reactor section 
 

 

  Input value 

NT  4650 

φ  0.387 

dPE [mm] 4.85 

ρCAT [Kg/m3] 1714 

Tcool [K] 511 

dt [m] 4.2x10-2 

dP [m] 6.0x10-3 

hP [m] 3.5x10-3 

LT [m] 8.0 

VR [m3] 51.54 

Table 3.2 Reactor parameters 
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Table 3.2 shows all the necessary data to simulate the reactor. The latter is a 

Multitubular reactor that uses as cooling medium water at a constant temperature. 

Inside the tubes, the process stream flows through the catalyst pellets. Their 

shape is cylindrical but an equivalent spherical diameter to consider them as 

sphere and allow a simpler simulation has been used. 

 

The balance equation for the reactor are: 

 

ṅ𝑇𝑂𝑇

𝐴
∙

𝑑𝜔𝑖

𝑑𝑧
= 𝑀𝑤𝑖 ∙ (1 − 𝜙) ∙ 𝜌𝑐𝑎𝑡 ∙ ∑ 𝜈𝑖,𝑗 ∙ 𝜂𝑗 ∙ 𝑟𝑗

𝑗

 
(3.1) Mass Balance 

   

𝜔𝑖(𝑧 = 0, 𝑟) =  𝜔𝑖
𝐼𝑁 (3.2) B.C.RI 

   

 

𝑐𝑝,𝑔 ∙
ṅ𝑇𝑂𝑇

𝐴

𝑑𝑇

𝑑𝑧
= 𝜆𝑅𝐴𝐷 ∙ ( 

𝑑2𝑇

𝑑𝑟2
+

1

𝑟

𝑑𝑇

𝑑𝑟
) + (1 − 𝜙) ∙ 𝜌𝑐𝑎𝑡 ∙ ∑(−∆𝑅𝐻𝑗) ∙

𝑗

𝜂𝑗 ∙ 𝑟𝑗 

 
(3.3) 

 
Enthalpy 
Balance 

   

𝑇(𝑧 = 0, 𝑟) =  𝑇𝐼𝑁 (3.4) 
 

B.C.RI 

   

𝑑𝑇(𝑧, 𝑟 = 0)

𝑑𝑧
= 0 

(3.5) B.C.RD 

   

𝑞̇ = 𝜆𝑅𝐴𝐷 ∙
𝑑𝑇(𝑧, 𝑟 = 𝑟0)

𝑑𝑟
=  𝑈𝑇𝑂𝑇 ∙ (𝑇𝑐𝑜𝑜𝑙 − 𝑇(𝑧, 𝑟 = 𝑟0)) 

(3.6) B.C.RD 

   

𝑑𝑃

𝑑𝑧
=  − (1.75 + 150 ∙

1 − 𝜙

𝑅𝑒𝑝
) ∙

1 − 𝜙

𝜙3
∙

𝜌𝑔 ∙ 𝑣𝑠
2

𝑑𝑝
 

(3.7) Ergun 
Equation 

   

𝑅𝑒𝑝 =
𝜌𝑔 ∙ 𝑣𝑠 ∙ 𝐷

𝜇
 

(3.8)  

   

𝑃(𝑧 = 0, 𝑟) =  𝑃𝐼𝑁 (3.9) B.C.RI 
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In equation 3.6 the overall heat transfer coefficient is mentioned. The formula to 

calculate it is the following: 

 
 

 

𝑁𝑢 =
𝑈 ∙ 𝑑𝑃𝐸

𝜆𝑔
= 1.26 ∙ 𝑅𝑒𝑑𝑃𝐸

∙ 𝑃𝑟
1
3 ∙ ((

1 − (1 − 𝜙)
5
3

2 − 3 ∙ (1 − 𝜙)
1
3 + 3 ∙ (1 − 𝜙)

5
3 − 2 ∙ (1 − 𝜙)2

) ∙ 𝑅𝑒𝑑𝑃𝐸
 )

−
2
3

 

 
 
 
 

Equation 3.1 and 3.3 are balance equation. They follow the scheme: 

𝐴𝑐𝑐 = 𝐼𝑛 − 𝑂𝑢𝑡 + 𝑃𝑟𝑜𝑑 
The former is respect to the number of moles present in the reactor. The 
accumulation of them is counteracted by the flux of moles going in and 
out from the unit adjust by the moles produced from the reactions. 
The second is an energy balance where, with the assumption asserted 
in the beginning of this chapter, all the types of energy, except for the 
enthalpy, are neglected. These balances are coupled with the boundary 
conditions in both axial (3.2, 3.4) and radial (3.5, 3.6) coordinates. 
In order to completely satisfy equation 3.6, the heat transfer coefficient 
has to be calculated by means of equation 3.10. 
 
Equation 3.7 is the equation that allows for the calculation of the 
Pressure Drop inside the reactor and it is coupled with the boundary 
condition displayed by 3.9. 
 

 
 
 
 
 
(3.10) 

3.3.1 Kinetic scheme 
 

To evaluate the reaction rate used in the aforementioned equations the model 

proposed by [43] was used. Eq. 1.5, 1.6 and 1.7 are the reaction that take place 

in the reactor and their reaction rate formulas are respectively: 

 

𝑟1 =

𝑘𝑝𝑠1 ∙ 𝐾𝐶𝑂 ∙ 𝑓𝐶𝑂 ∙ 𝑓𝐻2
1.5 ∙ (1 −

𝑓𝐶𝐻3𝑂𝐻

𝑓𝐶𝑂 ∙ 𝐾𝑒𝑞,1 ∙ 𝑓𝐻2
2 )

(1 + 𝐾𝐶𝑂𝑓𝐶𝑂 + 𝐾𝐶𝑂2𝑓𝐶𝑂2) ∙ (𝑓𝐻2
0.5 + 𝐾𝐾 ∙ 𝑓𝐻2𝑂)

 

 
(3.11) 

 

[
𝑚𝑜𝑙

𝑠∙𝐾𝑔𝐶𝐴𝑇
] 

   

𝑟2 =

𝑘𝑝𝑠2 ∙ 𝐾𝐶𝑂2 ∙ 𝑓𝐶𝑂2 ∙ 𝑓𝐻2 ∙ (1 −
𝑓𝐻2𝑂 ∙ 𝑓𝐶𝑂

𝐾𝑒𝑞,2 ∙ 𝑓𝐶𝑂2 ∙ 𝑓𝐻2
)

(1 + 𝐾𝐶𝑂𝑓𝐶𝑂 + 𝐾𝐶𝑂2𝑓𝐶𝑂2) ∙ (𝑓𝐻2
0.5 + 𝐾𝐾 ∙ 𝑓𝐻2𝑂)

 

 

(3.12) 
 

[
𝑚𝑜𝑙

𝑠∙𝐾𝑔𝐶𝐴𝑇
] 

   

𝑟3 =

𝑘𝑝𝑠3 ∙ 𝐾𝐶𝑂2 ∙ 𝑓𝐶𝑂2 ∙ 𝑓𝐻2
1.5 ∙ (1 −

𝑓𝐶𝐻3𝑂𝐻 ∙ 𝑓𝐻2𝑂

𝐾𝑒𝑞,3 ∙ 𝑓𝐶𝑂2 ∙ 𝑓𝐻2
3 )

(1 + 𝐾𝐶𝑂𝑓𝐶𝑂 + 𝐾𝐶𝑂2𝑓𝐶𝑂2) ∙ (𝑓𝐻2
0.5 + 𝐾𝐾 ∙ 𝑓𝐻2𝑂)

 

 
(3.13) 

 

[
𝑚𝑜𝑙

𝑠∙𝐾𝑔𝐶𝐴𝑇
] 
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To calculate the fi, the product between partial pressure and the fugacity 

coefficient (ϕ) has been calculated by means of the Redlich-Kwong-Soave (RKS) 

equation of state [44]. In the range of temperature of interest for our model, the 

equilibrium constant for equation 1.5 - 1.7 are: 

𝐾𝑒𝑞,1 = 10(
5139

𝑇
−12.61)

 
(3.14) 

𝐾𝑒𝑞,2 = 10(
−2073

𝑇
+2.029)

 
(3.15) 

𝐾𝑒𝑞,3 = 𝐾𝑒𝑞,1 ∙ 𝐾𝑒𝑞,2 (3.16) 

 

 

Due to the fact that the equation 1.7 is linearly dependent from equation 1.5 and 

1.6, its equilibrium constant is just the product between the two equilibrium 

constants. 

The kinetic parameters and the adsorption constants to calculate the reaction rate 

3.10-3.12 are [45]: 

 

𝑘𝑝𝑠1 = 42.69 ∙ 107 ∙ 𝑒(−
109900

𝑅∙𝑇
)
 

(3.17) 

𝑘𝑝𝑠2 = 7.31 ∙ 108 ∙ 𝑒(−
123400

𝑅∙𝑇
)
 

(3.18) 

𝑘𝑝𝑠3 = 4.36 ∙ 102 ∙ 𝑒(−
65200

𝑅∙𝑇
)
 

(3.19) 

𝑘𝐶𝑂 = 7.99 ∙ 10−7 ∙ 𝑒(
58100

𝑅∙𝑇
)
 

(3.20) 

𝑘𝐶𝑂2 = 1.02 ∙ 10−7 ∙ 𝑒(
67400

𝑅∙𝑇
)
 

(3.21) 

𝐾𝐾 = 4.13 ∙ 10−1 ∙ 𝑒(
104500

𝑅∙𝑇
)
 

(3.22) 

 

Considering that each catalyst can have a different activity depending on the 

supplier, a value of 1.9 has been multiplied to the reaction rates in order to reach 

an accordance between the experimental and the calculated value of 

Temperature inside the reactor [7]. 

 

The catalyst used is CuO/ZnO/Al2O3 due to the high thermal conductivity brought 

from the copper substrate. 

 

 

3.4 Separation and recycle section 
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The separation section consists on a cooler, to cool down the product stream to 

37°C as seen in [46] and an ideal flash, indicated as component splitter in Aspen 

HYSYS, with which methanol and water are sent on the liquid stream while all 

the other compounds on the vapor one. After these two units a splitter, to allow 

for a small purge avoiding accumulation and too high flowrate is added. The 

purge ratio is changed so that the inerts mole fraction at the reaction inlet is kept 

to 8.82%. At the end the recycle operator to allow for the recycling of reactants is 

inserted. The numerical method used is the forward Wegstein method with 1000 

as maximum number of iterations. Table 3.3 shows all the sensitivity used to 

reach the convergence for the properties of the flow.  

 

 

 Sensitivities Unit 
Vapor Fraction 0.1 [-] 
Temperature 0.1 [K] 
Pressure 0.1 [bar] 
Flow 0.1 [kmol/h] 
Enthalpy 0.1 [J/mol] 
Composition 0.001 [-] 
Entropy 0.1 [J/mol K] 

Table 3.3 Recycle parameters 

 

 

 

3.4 Model Validation 
 

To validate the model, it is useful to understand whether or not the temperature 

and pressure profiles correspond to the ones proposed by [7]. In both the graphs 

of Figure 3.3 and 3.4, the temperature profile can be divided in three phases: 

 

 The first phase until z° < 0.15 (which means z < 1.2 m), in which the Tcool 

is higher than T, thus the coolant is actually heating the process stream 

and the reactions didn’t start yet. 

 

 

 The second phase, where 0.15 < z° < 0.25 (which means 1.2 m < z < 2 

m), in which the reactions start and the T reaches the maximum value. 
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During this phase, the coolant is contributing taking away the heat 

released from the exothermicity of the reactions. 

 

 

 The last phase, until the reactor full length is completed, in which also the 

reverse reaction is taking place. The latter, due to their endothermicity, 

with the contribution of the coolant, are forcing the temperature decrease. 

A final plateau is almost reached, meaning that the process flow is 

approaching the thermodynamic equilibrium. Considering that the outlet 

temperature is higher than the coolant one, the equilibrium is not 

completely obtained. To further validate this statement a simulation with a 

tool in Aspen HYSYS called Gibbs reactor has been done. This tool allows 

to simulate a reactor whose reactions are at the equilibrium. Fixing all the 

parameters as in the previous simulations, the results are displayed in 

table 3.4. The Gibbs reactor does not allow for a temperature profile inside 

the reactor, being it a column with a fixed reaction set already present in 

Aspen library, but from the results shown in Table 3.4 it is clearly 

understandable that its performances are slightly better than the model 

ones. 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

Figure 3.2 Molar flows inside the reactor. 

 

 

The three phases above mentioned are also recognisable from Figure 3.2. 

Initially, a small amount of methanol and water is produced and a small amount 

of CO and CO2 is used to fulfil this purpose. Entering the second phase (when z° 

>0.15) the amount of product increases while the reactants concentration starts 
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to fall down. At the end, the plateau is clearly visible, due to the approaching to 

the thermodynamic equilibrium between the components of the mixture. 

Regarding the Pressure profile, it is a linear decrease due to the pressure drops 

inside the reactors. Values of this parameters are not so high and they will be 

regained with the recompression before the recycle. The small difference found 

between the model and [7] are due to the assumptions made in the beginning of 

this chapter.  
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Figure 3.4 Temperature and Pressure profile from Montebelli et al. [7]. 

Figure 3.3 Temperature and Pressure profile at centerline vs reactor length. 
Blue solid line: Temperature, red dashed line: Pressure. 
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Furthermore, looking at Table 3.4 the results obtained by [7] and this model are 

pretty similar. The COx conversion, the MeOH Productivity and the RR are slightly 

higher in the model proposed by [7]. Taking into account the assumption made 

at the beginning in this chapter, the differences are acceptable.  

 

The H2 is in excess, an unavoidable accumulation of it will be noticed. If the 

reaction extent calculated in this model is lower, pointed out by of the lower COx 

reacted, the hydrogen accumulation will increase, justifying the aforementioned 

differences and also the higher MI.  

 

At the end, comparing the hotspot temperatures, the one proposed by [7] is lower, 

implying a better heat exchange with the coolant as displayed by the U value. 

 

 

 

 [7] Montebelli et 
al. 

Model Equilibrium 
Model 

COx Conversion χ % 78.6 77.5 79.73 
MeOH Productivity 
[ton/day] 

1112 1031 1070 

RR  3.26 3.14 2.985 
MI 8.13 8.28 8.212 
THotSpot 534 537 / 
U [W/m2 K] 900 810 / 

Table 3.4 PB reactor material balance: calculated vs Montebelli et al. values. 

 

 

 

 

3.6 Separation section with flash 
 

As mentioned on the precedent paragraph, the work done by [7] rely on a 

separation section that consists on an ideal situation in which methanol and water 

are completely separated in the liquid phase. In a real case this will not be 

achieved so easily, because also a small percentage of methanol will be present 

in the vapor. This phenomenon will lead to recirculation of methanol, leading to 

an increase in the reaction rate of the reverse reactions and an actual loss in 

performances. 
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 [7] Montebelli et al. Improved Model 
COx Conversion χ % 78.6 87.12 
MeOH Productivity [ton/day] 1112 271.37 
MeOH Productivity / 
Fresh Feed [-] 

Unknown 0.3083 

RR  3.26 14.75 
MI 8.13 39.32 
THotSpot 534 518.15 

Table 3.5 PB reactor material balance: Montebelli et al. [7] vs improved model. 

 

Even though the conversion of COx increases a lot, their concentration defect 

(Figure 3.6), compared to the H2 one, is so exaggerated that the methanol 

produced will be in a very low quantity. The H2 that will remain as excess in the 

loop will be recycled back at every iteration, leading to an accentuation of this 

irregularity. This is why the RR and the MI increase as well (Table 3.5). The 

number that correspond to Methanol productivity /Fresh Feed (Normalized 

Methanol Productivity) is not present in [7] to be compared, but it will result useful 

to compare the next simulations that have been implemented. 

It can be said that in this case the reactor inlet is so diluted by the H2, that almost 

all the COx present are converted into methanol since they are the limiting agent. 

Consequence of this is that the temperature profile reaches a maximum that is 

lower than the one before calculated as shown in Figure 3.3. 

 

 

Figure 3.5 Temperature and Pressure profile at centerline vs reactor length for the improved model. Blue solid line: 
Temperature, red dashed line: Pressure. 
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Figure 3.6 Molar flows inside the reactor for the improved model. 

 

Figure 3.6 shows the same trend as Figure 3.2. The only difference are the 

values, lower for the former. An important discrepancy that has to be enhanced 

is that, for the improved model, also methanol and a bit of water are present at 

the reactor inlet, cause of the decreased productivity.  
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        4  
 Different cases 

simulations 

 

 

The aim of this chapter is to apply the model developed in the precedent one, to 

other fresh feed composition coming from the gasification of biomasses. The 

particularity of these new simulations is that the MI is no longer in the optimal 

range, meaning that the productivity of methanol has to be optimized. To do so, 

the temperatures inside the reactor have been changed (both T IN and Tcool) and 

a numerical simulation considering the addition of pure H2 to reach the optimal 

stoichiometric coefficient has been carried out. Also, a new different technology 

involving two fixed bed reactors in series (Lurgi configuration) to better follow the 

optimal methanol conversion curve displayed in Figure 1.7 has been simulated. 

 

 

 

 

 

4.1 Identification of the new inlet stream 
 

In this section the streams on which the simulation will be carried out are 

displayed. The aim is to maximize the performances of the reactor trying to allow 

the production of methanol also from fresh feed that do not present an excess of 

H2.  
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Stream 2E Value 

yCO [-] 
 

0.323 

yCO2 [-] 
 

0.025 

yH2O [-] 
 

0.0 

yH2 [-] 
 

0.648 

yCH4 [-] 
 

0.001 

yC2/C3/C4+ [-] 
 

0.0 

yN2 [-] 
 

0.003 

FF [kmol/h] 
 

828.6 

MF [-] 1.790 
Table 4.1 Properties of a stream coming from the reforming+ CO2 capture of bio-NG. 

 

Stream 2D, shown in Table 4.2, is a dry stream, coming from the Reforming of 

bio-natural gas with a subsequent capture of the CO2. Its stoichiometric modulus 

is near the optimal one but still lower. 

 

Stream 2D Value 

yCO [-] 0.224 

yCO2 [-] 0.323 

yH2O [-] 0.0 

yH2 [-] 0.45 

yCH4 [-] 0.001 

yC2/C3/C4+ [-] 0.0 

yN2 [-] 0.002 

FF [kmol/h] 1160 

MF [-] 0.232 

Table 4.2 Properties of a streaming coming from the reforming of bio-NG. 
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Stream 2D, shown in Table 4.2, is a dry stream coming from the reforming of Bio-

natural gas, without capturing the CO2. Its modulus is very low, leading to a 

different set of parameters in order to achieve a satisfying methanol production. 

 

4.2 Stream 2E simulation 
 

In this paragraph, all the simulation based on the stream coming from the 

reforming + CO2 capture of bio-NG are presented. The final aim is to optimize the 

methanol productivity, without losing touch with other variables, such as hotspot 

temperature, RR and inerts content, that can actually influence an economical 

profitability of the investment for the plant. 

 

4.2.1 Constant NT 

 

The simulation loop is the same as the one shown in Figure 3.1. keeping constant 

all the parameters of the initial model based on [7]. The only thing that changes 

is the Fresh Feed composition and molar flow. 

 

 

Figure 4.1 Temperature and Pressure profile at centerline vs reactor length for stream 2E with constant NT = 4650. 
Blue solid line: Temperature, red dashed line: Pressure. 

 

As Figure 4.1 shows, the temperature profile reaches a maximum at a very early 

stages of the reactor, meaning that the reactions start quickly. The main problem 

is the value of the maximum temperature reached. A THotSpot ≃ 580 K is so high 

that is dangerous not only for the side reactions but also for the resistance of the 

catalyst to these values of temperature. This configuration is not practicable in a 
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real life plant thus some changes has to be implemented. For this reason, it 

makes no sense to look at the performances results.  

 

 

Increasing the inerts content 
 

If the inerts content in the reaction loop is increased, the phenomenon of diluting 

the stream and absorbing the heat of reaction will actually help in containing the 

THotSpot. The flow ratio set in the splitter for the simulation in the previous 

paragraph was 0.989, meaning that 98.9% of the vapor stream coming out from 

the flash is recycled back. Increasing this ratio to 0.9995 the inerts content in the 

reactor inlet inevitably increases. 

 

 

Figure 4.2 Temperature and Pressure profile at centerline vs reactor length for stream 2E with constant NT = 4650 
and flow ratio = 0.9995. Blue solid line: Temperature, red dashed line: Pressure. 

 

From Figure 4.2 it’s clear that THotSpot decreased to 550 K, value that could be 

acceptable but still a bit higher and can lead to methanation reaction (loss in 

selectivity and unstable system). Even though this simulation can be applicable, 

the inerts content in the reactor inlet increases a lot, reaching value of 20 %.  

Table 4.3 shows the useful parameters to understand whether or not the 

configuration is profitable if applied to a real life plant. The number are very 

promising but still, the problem regarding the temperature can’t be neglected. 
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 Stream 2E with high inerts 
content in the RI 

COx Conversion χ % 20.41 

MeOH Productivity [kmol/h] 267.46 

Normalized CH3OH Prod. [-] 0.3228 

RR [-] 2.47 

MI[-] 0.4521 

RI [kmol/h] 2876 
Table 4.3 Performances of the reactor with as fresh feed stream 2E and higher flow ratio in the splitter. 

 

4.2.2 Constant Reactor Inlet / NT 

 

In this configuration, what has been fixed is the ratio between the RI flow rate and 

the NT in a way that the molar flow per tube is constant. The number found in the 

model presented by [7] is 3.877 [kmol/h] per each tube and this will be the goal. 

To do so, the number of tubes will be optimized, reaching a value of 633 tubes. 

 

 

 

Figure 4.3 Temperature and Pressure profile at centerline vs reactor length for stream 2E with constant RI/NT = 3.877 
kmol/h per each tube. Blue solid line: Temperature, red dashed line: Pressure. 

 

As it can be noticed from Figure 4.3, THotSpot is still too high, leading to already 

mentioned issues. Considering the performances in Table 4.4, it could be useful 

to further investigate in this line of simulation. 
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 Stream 2E Flow rate per tube 
constant 

COx Conversion χ % 24.41 

MeOH Productivity [kmol/h] 263.63 

Normalized CH3OH Prod. [-] 0.31817 

RR [-] 1.8839 

MI[-] 0.8251 

RI [kmol/h] 2390 
Table 4.4 Performances of the reactor with stream 2E as fresh feed and RI/NT = 3.877 kmol/h per each tube. 

 

 

Decreasing Tcool 

 

Seen that the previous simulation resulted on a too hot reactor, leading to troubles 

regarding selectivity and catalyst activity, the next step is decreasing the Tcool in 

order to reach an acceptable value of THotSpot. The latter has been set to 538 K, 

value for which almost no methanation will occur [47] and no runaway could 

happen. 

Also in this case, an optimization of the ratio between the RI flow rate over the NT 

has been implemented, meaning that a two variable (Tcool and NT) optimization is 

needed. To reach the same value of the ratio found by [7] (3.877 [kmol/h] per 

each tube), 708 tubes are necessary. 

The value for Tcool found in this chapter is 507.15 K.  

Lower temperatures cause a too small heat exchange in the first part of the 

reactor, leading to the non-activation of the reactions. Thus, the temperature 

profile in this simulation resulted on a flat line. As consequence, nothing occurred 

in the reactor and to reach the convergence, the quantity of the flow recycled 

increased at each iteration. This phenomenon continues until a maximum value 

of pressure-drops inside the reactor for which the simulation stops automatically.  

Higher temperatures, as mentioned in the previous simulations presented, cause 

a THotSpot that is too high causing loss in selectivity and safety. 

The temperature profile found and displayed in Figure 4.4 is pretty similar to the 

one in Figure 4.3. The maximum value of temperature is shifted to the right and 

is lower as expected. This is due to the lower initial heat exchanged between 

cooler (heating behaviour) and process stream. Consequence of this, is also that 

the outlet temperature of the mixture exiting the reactor is lower.  

Of course, decreasing the THotSpot and shifting to the right its reached (the second 

part mentioned in paragraph 3.5) means that the reactions will have less reactor 
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length to occur and the performances will decrease. Table 4.5 shows that 

methanol productivity goes down but not in an excessive quantity.  

This configuration is the first configuration acceptable in terms of safety and will 

be the base to understand whether or not next ones are better. 

 

 

 Stream 2E Flow rate per tube 
constant with Tcool = 507.15 K 

COx Conversion χ % 20.48 

MeOH Productivity [kmol/h] 262.50 
Normalized CH3OH Prod. [-] 0.3168 

RR [-] 2.2978 

MI[-] 0.7694 

RI [kmol/h] 2732 
Table 4.5 Performances of the reactor with stream 2E as fresh feed, RI/NT = 3.877 kmol/h per each tube and Tcool = 
507.15 K. 

 

 

 

 

Figure 4.4 Temperature and Pressure profile at centerline vs reactor length for stream 2E with constant RI/NT = 3.877 
kmol/h per each tube and Tcool decrease to 507.15 K. Blue solid line: Temperature, red dashed line: Pressure. 
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Changing TIN 

 

In the precedent paragraph, the simulation implemented was a good one in terms 

of THotSpot but the performances were questionable. The main doubt was that the 

first part of the reactor was actually used to bring the reactants to TReact and was 

in some way wasted part of the catalyst mass for this purpose. Trying to improve 

the model, as in the work done by [48, 49], what it can be changed is the inlet 

temperature of the mixture, leading to an effective usage of the whole catalyst 

length to allow the progress of the reactions. Increasing the T IN of course lead to 

a hotter reactor and would need a decreasing in the Tcool in order to maintain safe 

the loop. A hypothesis considered here is that TIN should not exceed Tcool, 

coupled with the THotSpot value set to 534 K as before. The NT remains the same 

value of the precedent simulation (708) and the ratio value used in the splitter as 

well (0.9930). 

 

 

 

 

 

Figure 4.5 Temperature and CO molar flow for simulation with as fresh feed stream 2E. Blue line: Tcool = 507.15 K and 
Tin = 323 K; Orange line: TIN = Tcool = 508.35 K: Continue line: Temperature [K]; Dashed line: CO molar Flow [kmol/h]. 
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In Figure 4.5 are shown both temperature and CO molar flow profile for the 

simulation of the stream 2E with Tcool = 507.15 K and TIN = 323 K and the 

simulation of the stream 2E with Tcool = TIN = 508.35 K. Looking at the CO molar 

flow some phases it can be seen: 

 In the first part of the graph, the CO rate of consumption of the simulation 

in which TIN = 508.35, is higher than the other simulation. This is due to 

the fact that the reactions start already at the beginning of the reactor 

instead, for the simulation starting from a lower temperature, this part is 

actually used to heat the reactants. 

 

 In the second part of the graph, the CO rate of consumption is higher for 

the simulation with TIN = 323 K. The explanation of this phenomenon is 

quite complicated: if we look at the mixture composition at z° = 0.5 (where 

the blue line reaches the THotSpot) there will be more methanol in the 

simulation started from a higher temperature than the other one. The 

presence of methanol will inhibit the direct reaction and enhance the 

inverse reaction, leading to a decreased overall reaction rate. 

 

In other words, the “blue simulation” will not use the first part of the reactor, while 

the other will not only not use the last part but will use it to re-create reactants. 

These hypotheses are also verified by the reactor performances displayed in 

Table 4.6. Even though the methanol productivity increases to 264.02 kmol/h 

compared to the 262.50 kmol/h, the other parameters point out the weaknesses 

before mentioned with a smaller COx Conversion and higher RR.  

 

 

 

 

 

 

 

 

 

 

 

 

 

 

This last sentence leaves some doubt about if 508.35 K is the optimum 

temperature to set as TIN and Tcool. To be completely sure about this, some 

simulation changing in a small range TIN = Tcool have been carried out.  

 

 

 Stream 2E Flow rate per tube 
constant with TIN = Tcool = 
508.35 K 

COx Conversion χ % 19.33 
MeOH Productivity [kmol/h] 264.02 
Normalized CH3OH Prod. [-] 0.3186 
RR [-] 2.418 
MI[-] 0.6691 
RI [kmol/h] 2832 

Table 4.6 Performances for a reactor with stream 2E as fresh feed and TIN = Tcool = 508.35 K. 
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Simulating the same stream 2E with TIN - 0.2 K and TIN + 0.2 K (Table 4.7) it can 

be seen that the former leads to worse results, caused by the very bad reaction 

rates in the last part of the reactor and the not that good performances in the first 

part, while for the latter, in which the temperature is increased, the outcomes are 

better. Of course, the THotSpot is higher (538 K compared to 534 K) but still is in 

the range of safe operations. This is proven by the temperature profiles in Figure 

4.6. The red line, the optimal one, reaches a higher maximum value, but it 

however reaches the “plateau” before the others, leading to a faster approach to 

the thermodynamic equilibrium.  

Simulation with really higher or lower TIN = Tcool can’t be accomplished because 

of the too hot/cold reactor leading to problems already presented. 

 

 

 

 

 Stream 2E Flow rate per 
tube constant with TIN = 
Tcool = 508.15 K 

Stream 2E Flow rate per 
tube constant with TIN = 
Tcool = 508.55 K 

COx Conversion χ % 7.8975 21.36 

MeOH Productivity 
[kmol/h] 

255.69 264.4 

Normalized CH3OH 
Prod. [-] 

0.3086 0.3191 

RR [-] 6.787 2.17 
MI[-] 0.6375 0.7018 

RI [kmol/h] 6093 2626 

Table 4.7 Performances for a reactor with stream 2E as fresh feed and 1) TIN = Tcool = 508.15 K; 2) TIN = Tcool = 508.55 
K. 
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Figure 4.6 Temperature profile at centerline vs reactor length for stream 2E with NT = 708. Blue solid line: TIN = Tcool = 
508.35 K, Red solid line: TIN = Tcool = 508.55 K, Black solid line: TIN = Tcool = 508.15 K. 

 

 

4.2.3 Adding H2 

 

 

Figure 4.7 Synthesis loop when a pure H2 stream is added to the fresh feed mixed with the recycle. 

From the precedent simulation, it has been outlined that the main weak point is 

the MI not in the range of the optimal one. A pure H2 stream can be added to the 

old reactor inlet stream, in a way that the MI value increases and the 

performances are improved. Figure 4.7 shows the synthesis loop used. After the 

first mixer, a second one where the stream “After mixing” and the stream “Pure 

H2” are mixed together to create the new reactor inlet, that then is heated up to 

the level of temperature desired. Of course, it is not known how much H2 has to 

be added in order to optimize the important parameters. To find that value, a 

series of simulation changing the H2 quantity have been implemented. NT (708), 

flow ratios value in the splitter (0.9930) and THotSpot (534 K) are considered fixed 

at their previously found value in order to compare the results found. 
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Figure 4.8 shows the temperature profile of all the simulation implemented. The 

higher is the quantity of H2 added to the stream “After mixing”, the sooner the 

THotSpot will be reached. Looking at the temperature behaviour the simulations that 

involve from 20 to 65 kmol/h of H2 added are the best one in terms of approaching 

the thermodynamic equilibrium. The plateau is almost reached and the Tcool as 

well, meaning that the rates of reaction are advancing toward the zero value. 

Moreover, if we look at Table 4.8, even though the COx conversion is higher if 

more H2 is added (this is obvious since the excess of H2 becomes more and more 

prominent), RR and Normalized Methanol Productivity (the one that include the 

H2 stream) are more interesting in the initial cases. Just thinking roughly about 

costs, the lower is the RR, the less expensive will be the recompression of the 

streams and the lower is the H2 needed, the lower are the cost related to its 

production/purchase. 

 

 

Table 4.8 Performances for a reactor with as fresh feed stream 2E when different quantities of pure H2 are added. 

 H2 
added 
[kmol/
h] 

RR  
[-] 

MI [-] COx 
Conver
sion χ 
% 

MeOH 
Productiv
ity 
[kmol/h] 

Normaliz
ed 
CH3OH 
Prod.  
Over 
Fresh 
Feed [-] 

Normaliz
ed 
CH3OH 
Prod.  
Over 
Fresh 
Feed + 
H2 [-] 

RI 
molar 
flow 
(adding 
H2) 
[kmol/h] 

TIN = 
Tcool 

1 20 1.502 1.625 42.04 272.32 0.3287 0.3209 2074 
(2094) 

501.05 

2 35 1.571 2.486 54.40 277.20 0.3345 0.3210 2128 
(2163) 

500.65 

3 50 1.872 3.741 65.77 281.60 0.3398 0.3205 2380 
(2430) 

502.05 

4 65 2.660 6.253 75.95  285.17 0.3441 0.3191 3033 
(3098) 

505.75 

5 70 3.128 7.492 78.14  285.95 0.3451 0.3182 3421 
(3491) 

507.75 

6 75 3.715 8.963 79.73  286.44 0.3457 0.3170 3906 
(3981) 

509.95 

7 80 4.395 10.60 80.38  286.85 0.3462 0.3157 4471 
(4551) 

512.15 

8 85 5.148 12.35 80.74  287.03 0.3464 0.3142 5094 
(5179) 

514.15 

9 90 5.944 14.09 80.29  287.09 0.3465 0.3125 5754 
(5844) 

516.05 

10 95 6.755 15.91 80.11  287.25 0.3466 0.3110 6426 
(6521) 

517.45 
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Figure 4.8 Temperature profile for a reactor with as fresh feed stream 2E and the addition of pure H2 after the  
mixing with the recycle. 
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4.2.4 Lurgi Configuration 

 

Another way to optimize the methanol production is to try to reach the 

thermodynamic equilibrium utilizing two reactors in series [50]. The benefit of this 

technology is to have low production cost at the maximum capacity. Thanks to 

the heat integration performed by the two reactors and thanks to the low recycle 

ratio in the synthesis loop, this technology is very interesting in the methanol 

scenario [51,52]. 

 

 

Figure 4.9 Lurgi configuration about methanol synthesis [53]. 

 

Figure 4.9 shows the configuration adopted: the syngas, already hot, pass 

through a first reactor tube side in which reacts on a catalyst support. Shell side 

of this reactor is a normal coolant like cooling water. The outlet stream of the first 

reactor goes through a second reactor, tube side on a catalyst support, in which 

the coolant is the initial cold syngas that will be preheated and sent to the inlet of 

the first reactor as above mentioned [54]. The temperature profile of the first 

reactor should be equal to the other temperature profiles shown in this chapter, 

while for the second reactor, the temperature, after a small increase, should 

decrease due to the exchange with the cold syngas. Decreasing the temperature 

of the second reactor, allows for a further approximation to the equilibrium curve. 
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What is important in this configuration is the inlet temperature of the first reactor. 

From this value, not only depends the temperature behaviour of the latter, but 

also the heat exchanged in the second reactor, thus the extent of reaction. 

Optimizing this temperature could help in the minimization of production and heat 

integration costs [55,56]. 

 

 

The main advantages of using two separates reactors are: 

 

1° Reactor 2° Reactor  

Reaction Control  Operate at optimum route 
Quasi isothermal operation  Equilibrium driving force 
High yield to methanol High conversion of COx 
High Energy efficiency Substitute reactor preheater 
Heat recovery to steam Elimination of catalyst poisoning  
Kinetic control Thermodynamically control 

 

 

 

Mixed together these advantages bring to the synthesis loop [57]: 

 High overall syngas conversion 

 Longer catalyst lifetime  

 High capacity 

 Lower investment costs 
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Aspen HYSYS simulation 

 

Since in Aspen HYSYS V8.8 there is no unit operation that allows to design a 

tubular heat exchanger with reactions inside (just a PFR with tubes and catalyst 

in which a not simulated coolant is possible), some tricks have to be implemented 

to make this configuration allowable.  

 

 

Figure 4.10 Lurgi Methanol synthesis loop in Aspen HYSYS V 8.8. 

 

 

 

Figure 4.10 shows the loop used in Aspen HYSYS. After mixing the fresh feed 

and the recycle coming from the flash, a first heat exchange is performed. The 

heat flow used to preheat the first reactor inlet is connected to the second reactor, 

meaning that the energy is generated from cooling the stream passing through 

the second reactor. The previously mentioned energy is then used to preheat the 

first reactor inlet. With this trick the correlation between the two reactor is 

preserved, even though a heater is needed in the process loop. 

As mentioned in the beginning of this paragraph, an important parameter that has 

to be optimized is the TIN of the first reactor. In order to do so, some simulation 

changing this parameter have been carried out, looking then at the plant 

performances. 

For both reactor the NT has been fixed to 708, number found in the precedent 

simulations, and the flow ratio value in the splitter has been fixed to 0.9930. 

Regarding the first reactor, the Tcool has been optimized in a way that the THotSpot 

reaches the value previously set of 534 K.  
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TIN 1° 
React
or [K] 

MI [-] RR [-] MeOH 
Producti
vity 
[kmol/h] 

Normaliz
ed 
CH3OH 
Prod.  
Over 
Fresh 
Feed [-] 

Overall 
COx 
Conversi
on χ % 

1° 
Reactor 
COx 
Conversi
on χ % 

2° 
Reactor 
COx 
Conversi
on χ % 

Tcool 
[K] 

348.15 
 

0.796 1.818 265.12 0.3199 25.60 22.54 3.93 506.45 

373.15 
 

0.864 1.505 265.56 0.3205 29.90 25.28 6.18 504.75 

403.15 
 

0.931 1.256 265.98 0.3209 34.60 28.19 8.90 502.95 

418.15 
 

0.939 1.185 266.10 0.3211 35.54 28.57 9.75 502.55 

433.15 
 

0.902 1.197 266.07 0.3211 34.65 27.70 9.62 502.75 

458.15 0.731 1.649 265.317 0.3202 26.23 22.22 5.15 506.05 

Table 4.9 Process Performancess for the Lurgi configuration with as fresh feed stream 2E. 

 

 

 

Table 4.9 shows the performances achieved by the Lurgi configuration, varying 

the inlet temperature of the first reactor. Until 418.15 K, an increase in the TIN 

results with an increase of the COx conversion and on the methanol productivity. 

Increasing further the temperature the performances get worse. Probably, as 

stated in the previous chapters, the excessive increase of T IN leads to the not 

efficient usage of the last part of the reactor due to the thermodynamic limitations. 
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Figure 4.11 Temperature profile of the first reactor for a Lurgi configuration with as fresh feed stream 2E. 

 

 

 

 

 

Figure 4.12 Temperature profile of the second reactor for a Lurgi configuation with as fresh feed stream 2E. 
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Figure 4.11 and Figure 4.12 show the temperature profile respectively of the first 

and second reactor. The former, as already seen, is the typical behaviour of a 

methanol reactor: initially the temperature increases thanks to the exchange with 

the coolant but then the reactions start and the temperature increases more, until 

reaching the maximum, where the heat absorbed by the coolant and the heat 

absorbed by the endothermicity of the reverse reactions force the temperature to 

approach the Tcool. As for what found in paragraph 4.2.3, the higher is the TIN, the 

sooner the maximum temperature will be met. Despite the difference in Tcool and 

TIN, the outlet temperatures of all the simulations realized are comparable. 

 

The latter is the innovation brought from this loop. Depending on the TIN of the 

first reactor, the behaviour in the second is different. In almost all the simulation 

(not the one with TIN 1° reactor = 458.15 K) it is spotted a first part in which the 

temperature increase, due to the small extent of reaction not completed in the 

first reactor, but then, thanks to the coolant (that is the initial cold syngas that will 

be preheated before being fed to the first reactor), the temperature decreases, 

following the equilibrium behaviour, bringing an increasing of the COx conversion 

and of the methanol productivity.  

 

For the configurations in which TIN 1° Reactor is in the range of 340 – 410 K, the 

temperature increase is accentuated, meaning that the performances of the first 

reactor are not that good. Consequence of this is that the second reactor is not 

used to better follow the equilibrium conversion but actually to complete the job 

destined for the first reactor. For the other simulations, the temperature decrease 

is a good sign that the methanol percentage in the mixture is raising. Of course, 

as above mentioned, if the thermodynamic equilibrium is reached in the first 

reactor due to the too high initial temperature (when the last part of the reactor is 

not working), even though the temperature of the second reactor decreases, 

there will be no advantage in its availment. 
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4.3 Stream 2D simulation 
 

In this paragraph, will be displayed all the simulations that consider as fresh feed 

stream 2D, a stream coming from the reforming of BIO_NG without the capture 

of CO2. The main disadvantage of this stream is that the percentage of this 

component is so high that the modulus is very low, leading to excess of the COx 

and making the H2 the limiting reactant. Starting from the data developed from 

[7], some parameters will be changed in order to optimize the performances of 

this synthesis loop. 

 

 

4.3.1 Constant NT 

 

As in [7] and in the first simulation about stream 2E, the intent is to try to change 

just molar flow and composition of the fresh feed and see what happens to the 

reactor performances. The NT will remain constant (4650 tubes) as well as all the 

other parameters such as Tcool and the flow ratio value used in the splitter. 

The high COx content in the fresh feed means that the extent of reaction 

corresponds to the quantity of the limiting reactant that reacts. Therefore, in the 

first iteration, the quantity of COx reacted is very low, leading to their almost 

complete recycling. This, summed up at every loop iterations, leads to an 

increase in the RI molar flow rate. Starting from 1160 kmol/h as flow rate of the 

fresh feed, in the last iteration, the RI flow rate will be 80750 kmol/h that coincide 

with a flow rate per each tube that is excessively high and pressure drops of the 

order of 60 bar due to the exaggerated velocities. These number are unreal and 

the simulation will not be completed not even by the numerical simulator.  

 

The reactor in this case is called, not active, in fact the temperature of the reactor 

increases in the first part of it thanks to the heat exchanged by the cooler, but 

then it remains constant to that level, revealing that almost no reaction is 

occurring. 

 

 

 

 

 

 



EVALUATION OF THE CASES 
 

59 
 

 

4.3.2 Constant Reactor Inlet / NT 

 

 

What it can be done to avoid the aforementioned problems about the inactivity of 

the reactor leading also to high pressure drops, is to optimize, as already done 

with stream 2E, the NT in a way that the ratio between the RI molar flow per each 

tube results constant. The goal value is, as found by [7], 3.877 kmol/h per each 

tube. In this case, seen that MF is 0.232, the NT will inevitably increase to contain 

the high flow rates expressed in the precedent paragraph. The value of this 

parameter found here is 8970 tubes. 

 

 

 

 

 

 

Figure 4.13 Temperature and Pressure profile at centerline vs reactor length for stream 2D with constant RI/NT = 
3.877 kmol/h per each tube . Blue solid line: Temperature, blue pointed line: Tcool, red solid line: Pressure. 
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Figure 4.13 shows the temperature and pressure profile inside the reactor with 

stream 2D as fresh feed and with the optimization of the RI/NT ratio. As clearly 

understandable, even though the increased number of tubes avoid the excessive 

pressure drops inside the reactor, the reactions don’t start. The temperature 

raises to the coolant value and then remain constant. Proof of this is the COx 

conversion that is 0.71 %. The methanol productivity is 213 kmol/h but, if we 

compare this number with the RI flow rate (33950 kmol/h) it is evident that the 

reactor performances are undesirable. From a value of 0.232 in the fresh feed, 

when the latter is mixed with the recycle, the MI reaches negative values. This 

means that the CO2 present in the mixture is more than the H2, and this, as 

explained from chapter 2, must be avoided. All of these results are shown in Table 

4.10 in which also the RR value is displayed. Of course, considering that no 

reaction is happening, almost all the vapor stream coming from the flash will be 

recycled, leading to high value of this parameter. 

 

 

 Stream 2E with high 
inerts content in the RI 

COx Conversion χ % 0.71 

MeOH Productivity [kmol/h] 213.014 

Normalized CH3OH Prod. [-] 0.1836 

RR [-] 28.27 

MI[-] -0.5748 

RI [kmol/h] 33950 
Table 4.10 Performances for a reactor with stream 2D, with RI/NT = 3.877 kmol/h per each tube. 

 

 

There are no ways of optimizing this simulation without adding H2. Next step will 

be to try to optimize the process adding pure H2 to the old RI and try to understand 

whether or not the process will be feasible. 
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4.3.3 Adding H2 
 

As in paragraph 4.2.3, the temperature profile of all the simulation implemented 

is shown in Figure 4.15. In this case, results are more difficult to be understood. 

The minimum H2 added is 600 kmol/h, because a lower quantity would not help 

in the activation of the reactor and no improvements in the results presented in 

the previous simulation were noticed. 

 

 

 

 

Figure 4.14 Methanol and CO molar flow inside the reactor at centerline, for the stream 2D adding 1300 kmol/h of 
H2. 

 

 

Despite what happen for the stream 2E, where no simulation reaches the 

equilibrium, in this case the situation is different. All of the cases presented here, 

display a plateau reached early in the reactor (before half of it) at the same 

temperature of the coolant one. This means either that no heat generation is 

present or that the heat generated from the reactions is equal to the heat 

absorbed by the coolant. This inference can be validate just looking at the 

methanol or CO molar flow inside the reactor. Figure 4.14 shows these 

behaviours inside the reactor just for the last simulation with 1300 kmol/h of H2 

added. After the first variability, both molar flows reach a plateau, meaning that 

no production/consumption of MeOH/CO is going on. 
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Figure 4.15 Temperature profile for a reactor with as fresh feed stream 2D and the addition of pure H2 after the 
mixing with the recycle. 

 

Looking at Table 4.11 to really understand which of these are the best in terms 

of performances, we can spot two different range: 

 

 From 600 kmol/h to 1100 kmol/h of H2 added, where the reactor 

ameliorates. MI increases to values next to the optimal ones, COx 

conversion increase, due to the fact that H2 is becoming less and less 

limiting, and methanol productivity (the normalized one too) increases as 

well. In this range, the addition of H2 results to a benefit that has to be 

quantified by a profitability assessment. 

 

 From 1100 kmol/h to 1300 kmol/h of H2 added, where the addition of H2 is 

actually a malus for the reactor performances. COxs are becoming the 

limiting reactants. In this case, the excess of H2 will be recycled and will 

accumulate in the reactor leading to worsening of the methanol production 

and the other parameters. 

 

Taking into account these considerations, the optimal simulation is the one in the 

range of the change between limiting agent. If the H2 added is between 1000 

kmol/h and 1100 kmol/h, the higher Normalized Methanol Productivity is noticed. 
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 H2 
added 
[kmol/h
] 

RR [-] MI [-] COx 
Conver
sion χ 
% 

MeOH 
Productivit
y [kmol/h] 

Normalize
d CH3OH 
Prod.  
Over 
Fresh 
Feed [-] 

Normaliz
ed 
CH3OH 
Prod.  
Over 
Fresh 
Feed  
+ H2 [-] 

RI 
molar 
flow 
(adding 
H2) 
[kmol/h] 

TIN = 
Tcool 

[K] 

1 600 4.72 -7.9 
*10-3 

11.87 451.01 0.389 0.2562 6633 
(7233) 

517.35 

2 700 3.98 0.35 16.98 484.55 0.4177 0.2605 6472 
(5772) 

513.75 

3 800 3.59 0.84 23.43  517.55 0.4461 0.2640 5321 
(6121) 

510.45 

4 900 3.50 1.57 31.58 549.67 0.4739 0.2668 5222 
(6122) 

507.85 

5 1000 3.81 2.79 41.51 580.52 0.5 0.2687 5582 
(6582) 

506.45 

6 1100 5.06 5.34 54.61 607.56 0.5238 0.2688 7035 
(8135) 

507.65 

7 1200 8.91 11.46 66.15 623.59 0.5376 0.2642 11500 
(12700) 

513.75 

8 1300 15.4 19.63 71.54 628.68 0.542 0.2556 19020 
(20320) 

520.15 

Table 4.11 Performances for a reactor with stream 2D when different quantities of pure H2 are added. 
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        5   
 Conclusion 

 
As I mentioned in the beginning of this work, the usage of renewable energy 

sources is becoming fundamental in the new energy scenario. Fossil fuels are 

starting to diminish and it is not safe to completely rely on them. After a small 

literature research on how biomasses energy can be exploited and use through 

their gasification, simulations about methanol synthesis starting from renewable 

syngas were implemented. The validation of the model, comparing it with the 

work proposed by [7], is the first result we obtained. Starting from a feed rich in 

H2 and CO, with a multitubular reactor, in which boiling water and reactants flow 

respectively in the shell and in the tubes, the transformation of the syngas to 

methanol was completed. Due to the low per pass conversion, a purge and a 

recycle was inserted in the loop. The stoichiometric coefficient of this case was 

in the range of the optimal one (2.109 in the fresh feed). This lead to high 

methanol yield. The value of the normalized yield is equal to 0.3219 and will be 

the set one to understand if the methanol produced from the simulations carried 

out subsequently is in an interesting quantity. Next there was the model 

improvement, in which no more ideal flash were used, but a real condenser based 

on real case example data. 0.3083 is the value of the normalized methanol 

productivity, lower than before as expected if the efficiency of the separation 

section is decreased. Two different stream coming from the gasification of 

biomass were investigated: stream 2E, coming from the reforming + capture of 

the CO2 of bio-natural gas, that has a stoichiometric coefficient equal to 1.790; 

stream 2D, coming from the reforming of bio-natural gas, that is rich in CO2 and 

has a stoichiometric coefficient equal to 0.232.  

Regarding stream 2E, not all the simulation presented in chapter 4 are of interest 

in the methanol scenarios. The simulation in which we keep constant all the 

parameter, as in the validate model, and change flow and composition of the fresh 

feed, lead to a too hot reactor that is not practicable.  

Second case is when we consider constant the ratio between the reactor inlet 

flow rate and the number of the tubes. Setting this number to 3.877 kmol/h per 

each tube we search for the solution that optimizes the methanol productivity 

without working in a dangerous environment. Decreasing the coolant temperature 
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to 507.15 K and working with the inlet temperature of the reactor equal to 323 K, 

we reach good performances. 0.3168 is the value of the normalized methanol 

productivity, the hotspot temperature is not excessively high and is below the limit 

(set to 540 K to avoid methanation and loss in catalyst activity), and the value of 

recycle ratio are reasonable and will not lead to exaggerated cost for the 

recycling.  

Next case is the on in which we try to use the first part of the reactor not to heat 

up the reactants but to actually help in the transformation of them. Increasing the 

inlet temperature of the reactor to 508.55 K and setting equal to this value also 

the coolant temperature we obtain 0.3195 as normalized methanol productivity. 

Considering that also in this case the hotspot temperature is still below the limit 

even though is 4 degrees higher than the previous one and the recycle ratio are 

in order of 2 we can set this simulation as acceptable. 

From now on, all the simulation will be carried out fixing the hotspot temperature 

to 534 K in order to be able to compare them. 

Simulations in which pure hydrogen is added to the mix between the initial fresh 

feed and the recycle of the reactor were also implemented. Different amount of 

hydrogen added were simulated. The best configuration is the one that involve 

20 kmol/h of hydrogen that lead to a normalized methanol productivity of 0.3209 

(calculated as the quantity of methanol produced divided by the sum of all the 

flows that enter the “black box”) and a recycle ratio equal to 1.5 that is lower than 

the previous simulations. 

Last simulation about stream 2E is the one that involve two reactors in series. All 

the parameters in both of them are fixed as in the other simulations and their 

coupling is discussed in chapter 4. The best configuration is the one that consider 

as inlet temperature of the first reactor 433.15 K that leads to 0.3211 as 

normalized methanol productivity and 1.197 as recycle ratio.  

Regarding stream 2D, the simulations carried out without the usage of pure 

hydrogen led to a not active reactor, indicating very bad performances and flat 

temperature profiles. Adding H2 helped in the activation of the reactor (bringing 

the mixture with a stoichiometric coefficient in the range of the optimal one). In 

particular the simulation in which 1100 kmol/h of pure H2 were added has 0.2688 

as normalized methanol productivity and 5.06 as recycle ratio value. These 

numbers are lower if we compare them to the aforementioned one about the 

simulations carried out on the stream 2E but is still something if we think of the 

amount of CO2 present in the fresh feed. 

With just these parameters it is not possible to tell which one of these 

configurations is the best. Quantity of methanol produced, COx conversion, 

recycle ratio etc. have to be coupled with an economical assessment of the plant, 

in order to understand if CAPEX and OPEX of the configurations can be repaid 

with the sale of products and by products. Moreover, Net Present Value and 

Payback Time, are two important parameters useful to understand if the 

investment made is profitable and their calculation could help in the decision. 
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Future developments 

 
The simulations carried out in this work spotted a good behaviour of the plant 

scheme to the feeds produced from the gasification of biomasses. However, 

some of the assumption made in the beginning of chapter 3 can be overtaken 

leading to more accurate results.  

First of all, the consideration of the catalyst efficiency as constant is a strong 

assumption. The inclusion of a separated model to calculate it at each point in 

the reactor length could be useful to really optimize the reaction rate values. 

The simulations were made neglecting the solid catalyst phase. Its modelling 

could help in better understand the behaviour of the heat exchanged and could 

help in the identification of the optimal coolant and inlet temperature of the 

reactor. 

Least, the radial dispersion of the heat could be simulated in order to avoid 

overperformances of the heat exchanged that in turn lead to overperformances 

of the reactor regarding the methanol productivity. 
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Appendix A 
 

Validate Model Workbook and flowsheet 
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Appendix B 
 

Improved Model Workbook and flowsheet 
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Appendix C 
 

Stream 2E with TIN = 323 K and Tcool = 507.15 K Workbook and flowsheet 
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Appendix D 
 

Stream 2E with TIN = Tcool = 508.55 K Workbook and flowsheet 
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Appendix E 
 

Stream 2E with 20 kmol/h of pure Hydrogen added Workbook and flowsheet 
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Appendix F 
 

Stream 2E Lurgi configuration with TIN 1° Reactor = 433.15 K Workbook and 

flowsheet 
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Appendix G 
 

Stream 2D with 1100 kmol/h of pure Hydrogen added Workbook and flowsheet 
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