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1. Introduction
Hydrogen is expected to play a key role in
achieving EU objectives to reduce greenhouse
gas emissions by a minimum of 55% by 2030
and reach net zero emissions by 2050. However,
due to its low volumetric density, hydrogen is as-
sociated with storage and transportation prob-
lems. Ammonia appears to be a potential solu-
tion to the challenges with hydrogen. Ammo-
nia can be liquefied by either cooling it below -
33°C (at atmospheric pressure) or pressurizing it
above 7.5 bar (at 20°C) conditions significantly
more attainable than those required for hydro-
gen liquefaction, which demands cooling below
-253°C. Furthermore, liquefied ammonia has an
energy density of 12.92/14.4 MJ/L, compared
to 8.49 MJ/L for liquid hydrogen (see Table 1)
[1].Developing a method to store renewable hy-
drogen within ammonia could address many of
the challenges associated with hydrogen storage.
The Haber-Bosch process, combining hydrogen
gas with nitrogen gas to produce ammonia, of-
fers a means to store hydrogen within ammo-
nia. Subsequently, hydrogen can be extracted
as needed by heating ammonia to high temper-
atures. [2]

Table 1: Characteristics comparison of H2 and NH3

[1];aAt 20°C and 10 bar bAt -33°C

Properties Units H2 NH3

phase [-] liquid liquid
density [kg/m3] 70.8 610a/680b

boiling point [°C] -253 -33
volumetric H2 content [KgH2/m

3] 70.8 107.7/120
volumetric energy density [MJ/L] 8.49 12.92/14.4

H2 release [-] evaporation cracking ( > 425 °C)
flammability/toxicity [-] highly flammable toxic

A well-established global ammonia infrastruc-
ture already exists, with considerable maritime
trading of ammonia. International shipping
routes are firmly established, and there is a com-
prehensive network of ports worldwide equipped
to handle large-scale ammonia transport. Lever-
aging this existing port and shipping infrastruc-
ture could facilitate the rapid adoption of large-
scale ammonia transportation as an energy car-
rier and fuel. [3]

Figure 1: Ammonia shipping infrastructure [3]
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In the literature, several studies on the techno-
economic analysis of ammonia production can
be found. Nosherwani et al. compares three
methods of ammonia production that differ only
in the upstream production of hydrogen and ni-
trogen, with the synthesis loop being the same
for all three. The conventional method using
steam reforming results in the lowest cost of
produced ammonia at 797 $

ton . In contrast, the
methods utilizing an alkaline electrolyzer and a
PEM electrolyzer, both powered by wind tur-
bines, for hydrogen production result in costs
of 917 $

ton and 1317 $
ton , respectively [4]. Nayak-

Luke et al. reported an LCOA around 1200 $
ton

[5]. The main focus of this study is on the ammo-
nia synthesis loop, assuming that hydrogen and
nitrogen are produced using a PEM electrolyzer
and a PSA (Pressure Swing Adsorption).

1.1. Ammonia synthesis
The synthesis equation of ammonia is shown in
Eq. (1)

H2 +N2 → NH3∆HR = −92.44

[
kJ

mol

]
(1)

It is an exothermic reaction, favoured at low
remperatures, according to the Le Chatelier’s
Principle. Similarly, increasing the pressure will
favor the formation of more ammonia. The
Haber-Bosch process, developed a century ago,
accounts for 96% of ammonia production. It op-
erates at pressures ranging from 100 to 300 bar
and relies on elevated temperatures, even if this
is in contrast with the thermodynamic, typically
in the range of 300-500°C.
These conditions, along with specific catalysts,
are employed to overcome the activation energy
required to break the nitrogen triple bond
and accelerate the reaction kinetics. Nitrogen
dissociation represents the rate-determining
step in the process.
Iron-based catalysts have historically been the
primary choice for ammonia synthesis, although
ruthenium has gained attention recently for its
superior performance. However, its widespread
use is hindered by high cost and susceptibility
to hydrogen poisoning, which limits ammonia
production. In contrast, iron catalysts offer a
more economical and durable option.

Ammonia production plants can be divided
into two sections: the first involves hydrogen
production, while the second relates to the
ammonia synthesis loop. In the conventional
process, hydrogen is produced through steam
reforming. To enhance sustainability, the aim is
to employ electrolyzers for hydrogen production
and PSA for nitrogen production, thus reducing
CO2 emissions linked to this energy-intensive
process. This approach seeks to optimize the
utilization of electricity generated by renewable
power plants.

The ammonia synthesis loop consists of a com-
pression unit, reactors for ammonia synthesis,
an ammonia separation system, a recirculation
loop, and a storage unit.

1.2. Catalytic Membrane Reactor
In this study, the conventional reactor series
will be replaced by the catalytic membrane re-
actor (CMR), which is a combination of a het-
erogeneous catalyst and a perm-selective mem-
brane, which is a thin film layer that allows one
component of a mixture to selectively permeate
through it. Membrane processes are character-
ized by the fact that the feed stream is divided
into 2 streams: retentate and permeate. The
retentate is that part of the feed that does not
pass through the membrane, while the permeate
is that part of the feed that does pass through
the membrane. The optional "sweep" is a gas
that is used to help remove the permeate. The
CMR operates in the following manner: the re-
tentate, housing the catalyst, in pellet form, to
facilitate ammonia synthesis, is delineated from
the permeate by a carbon membrane, fortified
by ceramic support to endure the elevated tem-
peratures inherent to the process. The ammo-
nia synthesis reaction occurs only in the reten-
tate and the NH3 produced diffuse through the
membrane. Simultaneously, external to the re-
tentate, the sweep gas, flowing congruently with
the feed, aids in permeate extraction while en-
hancing heat transfer between retentate and per-
meate. (Fig. 3)
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Figure 2: Architecture of the Catalytic Mem-
brane Reactor

The main mechanism of gas transport through
membranes are: Knudsen diffusion, viscous flow,
selective adsorption and surface diffusion and
molecular sieving. The latter will be the one
exploited by the carbon membrane adopted in
this study.

2. Method
The analysis is divided into two levels: the
first concerns the reactor model, while the
second pertains to the plant analysis, which was
performed using Aspen Plus, followed by the
economic analysis.

The reactor model has been developed using
MATLAB. The dimension where reactants and
products flow is the axial one. Subsequently,
the MATLAB model is called by Aspen Plus, a
process simulation software used in the chemical
and associated industries for modeling, design-
ing, and optimizing chemical processes, to simu-
late the entire process. The kinetic adopted for a
comercially available ammonia synthesis Fe cat-
alyst is represented in Eq. (2) [6]:

rN2 = 2k

[
K2

eq · aN2

(
a3
H2

a2
NH3

)α

−
(
a2
NH3

a3
H2

)1−α
]

(2)

The kinetic adopted for the Ruthenium catalyst
is represented in Eq. (3) [7]

rN2 = k · λ ·
a0.5
N2

[
a0.375
H2

a0.25
NH3

]
− 1

Keq

[
a0.75
NH3

a1.125
H2

]
1 +KH2a

0.3
H2

+KNH3a
0.2
NH3

(3)

The activities are determined by the fugacity of
each component:

ai = fi = ϕi · yi · P (4)

To calculate the equilibrium constant it has been

used the equation of Gillespie and Bettie (1930):

log10(Keq) = −2.691122 · log10 T − 5.519265 · 10−5T

+1.848863 · 10−7 + T 2 +
2001.6

T
+ 2.6899 (5)

The equation of reverse ammonia synthesis re-
action has been considered in base of Arrhenius
format:

k = k0 · exp
(

−E

R · T

)
(6)

Where :
• kFe = 8.849 · 1014 pre-exponential factor
• EFe = 40765 Activation energy
• kRu = 9.02 · 108 pre-exponential factor
• ERu = 23000 Activation energy
• R = 1.987

[
cal

mol·K
]

Universal gas constant
• T is the Temperature in degrees Kelvin

The two kinetics were validated according to
these two studies: the one concerning the iron
catalyst was validated based on Nielsen’s work
[8], while the one concerning the ruthenium
catalyst was validated based on Rossetti’s
research [7].

The assumption regarding the reactor model
simulated on Matlab are:

• 1D model
• Peng-Robinson themodynamic model
• Negligible pressure drop
• Real gas behaviour
•

L
D = 3

The model solves a system of ODEs and takes as
inputs the molar flow rates of each component,
the temperatures of the retentate and permeate,
the pressures, and the input data characteriz-
ing the reactor and the membrane (see Table
2-3). For each integration step, it calculates the
partial pressures of each component and the re-
action rate according to Eq. 2 and 3. It also
determines the flux of each component through
the membrane based on Eq 8, ensuring mass and
energy balances described in Eq.(9-12).
The conversion χN2 was analyzed at various val-
ues of gas hourly space velocity (GHSV) defined
as in Eq.7 because the reaction occurs only in
the retentate.

GHSV =

Finret
ρNC

Vtot · (1− ϵ)

[
1

h

]
(7)

In Table 2 are shown the parameters chosen to
characterize a catalytic reactor, which include:
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the diameter of the catalyst particle dp, the cat-
alyst particle density ρc, the catalyst dilution
factor Dcat and the bed voidage ϵ.

Table 2: Catalyst bed parameters

Parameter Value Unit
dp 2.5 · 10−3 m

Dcat
1
3 [−]

ρcFe 2800 kg
m3

ρcRu 590 kg
m3

ϵ 0.4 [−]

Table 3 presents key data used to characterize
the membrane: Do

m and Di
m are the external and

the internal diameter of the membrane, σNH3/H2

and σNH3/N2
the ammonia selectivity concern-

ing both hydrogen and nitrogen, PNH∋ the am-
monia permeability and Sweepgas is the required
amount of sweep gas , defined in this instance as
the molar inflow rate into the retentate.

Table 3: Membrane reactor parameters

Parameter Value Unit
Do

m 10 · 10−3 m

Di
m 7 · 10−3 m

PNH∋ 4 · 10−7 [−]

σNH3/H2
50 [−]

σNH3/N2
1000 [−]

Sweepgas Finret [kmol
hr ]

Ji is the flux of the component i passing through
the membrane, which is calculated according to
Eq. (7). It is considered to be positive when the
flow is going from retentate to permeate.

Ji = P⟩ ·
(
PR
i − PP

i

)
(8)

P⟩
[

mol
Pa·s·m2

]
accounts for the permeance of each

gas, while PR
i and PP

i accounts for the partial
pressure of each gas of the retentate and perme-
ate side.
The mass balance for both retentate and perme-
ate side are presented in this section. For each
component we have the following equations:

dFR
i

dL
= θi · ri · ρc · (1− ϵ) · π

4
·
(
D2

r −Do2

m

)
− Ji · (π ·Do

m)

(9)
dF p

i

dL
= Ji · (π ·Do

m) (10)

Where θi is the stoichiometric coefficient, ri is
the reaction rate, ρc is the catalyst density. Dr

is the diameter of the reactor.
Likewise the mass balance, the energy balance
equations are computed for the retentate and
the permeate side.

dTR

dL
=

r · (−∆HR) · ρc · (1− ϵ) · π
4

(
D2

r −Do2

m

)
∑

i F
R
i · cpRi

+

−
U ·Nm · π ·Di

m ·
(
TR − TP

)∑
i F

R
i · cpRi

(11)

dTP

dL
=

U ·Nm · π ·Di
m ·

(
TR − TP

)∑
i F

P
i · cpPi

(12)

Where Nm is the number of the membrane
adopted inside the reactor and U is the global
heat transfer coefficient, which describes three
heat transfer phenomena:

1. The convection in the inner tube
2. The conduction through the membrane
3. The convection in the outer tube

U =

 1

hP
+

Dmi

2
· 2 · ln Dr

Di
m

k
+

Di
m

Dr
· 1

hR

−1

(13)

The heat transfer coefficient in the reaction
zone , hR , has been calculated according to the
correlation of Li and Finalyson [9] , which takes
in account the heat transfer of a packed bed by
referring to a Reynold’s number depending on
particle diameter. As for permeate zone, hP ,
has been calculated according to the correlation
of Dittus-Boelter which consider a smooth
concentric anulus [10]. Lastly the conductivity,
which is referred in this case to a carbon
membrane, has been calculated as contribution
of the carbon layer thermal conductivity and
α − Al2O3 (the membrane support) thermal
conductivity through a correlation [11]. Ther-
modynamic properties like density, viscosity,
specific heat and thermal conductivity are
determinated using correlations. [12–15].

Aspen Plus was used to simulate the ammonia
synthesis loop with both the conventional reac-
tor and the membrane reactor. The main as-
sumption adopted in Aspen Plus are:

• Math Model → Peng-Robinson EoS
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• Steady-State Model
• Target Output = 100 tonNH3

day
• NH3 purity > 99.9%
• GHSV = 1000

Table 4: Aspen assumptions

Parameter Value Unit
∆p 0 bar

∆Tapp 10 °C
ηiso 87 %
ηmecc 95 %
Tcond -85 °C
UHX 0.02 kW

m2K

The conventional ammonia synthesis loop
includes three reactors arranged in series to
address thermodynamic and kinetic limitations.
After each reactor, the gas is cooled to improve
overall conversion . In contrast, the loop with a
membrane reactor requires only a single reactor.
Subsequently, the ammonia-rich gas is cooled
and separated through condensation, while the
unconverted reactants are recirculated. The
layout of the two plants are shown in Figure 3
and Figure 4.

Figure 3: Layout of the plant adopting the con-
ventional reactors

Figure 4: Layout of the plant adopting the mem-
brane reactor

The primary Key Performance Indicator (KPI)
for assessing the superiority of the membrane
reactor plant over the conventional one is the
COP (production cost of ammonia produced).

The economic analysis was conducted using the
NETL (National Energy Technology Labora-
tory) approach [16].

From the cost of each equipment is calculated
the BEC (Bare Erected Cost). Eq. 14 describe
how the cost of each component has been cal-
cualted. Qb is a capacity in terms of the scal-
ing parameter of the known base reference, M
is a constant depending on the equipment type,
fp, ft and fm are indexes that account for the
material of construction, the pressure and the
temperature. The CEPCI (Chemical Engineer-
ing Plant Cost Index) is a tool for chemical
process industry to compare plant construction
from one period to another.

CE =
CEPCI2023
CEPCIref

·
(

Q

Qb

)M

· fp · ft · fm (14)

Once the BEC has been calculated, it is then
possible to compute the TOC (Total Overnight
Costs) as follow in Table 5.

Table 5: Methodology for the calculation of
TOC [17]

Index Cost (M€)
Total Installation Cost (TIC) 80% BEC

Total Direct Plant Cost (TDPC) BEC + TIC
Indirect Costs (IC) 14% TDPC

Engineering Procurement and Construction (EPC) TDPC + IC
Contingency and Owner’s Costs (C&OC)

Contingency 10% EPC
Owner’s Cost 5% EPC

Total Overnight Costs (TOC) EPC + C&OC

In the end, the CAPEX is annually discounted
using the Capital Cost Recovery Factor.
The parameters for the calculation of the Capi-
tal Cost recovery Factor are:

• i = 8%, discount rate [18]
• n = 20 years, the lifetime of the plant

CCF =
i · (1 + i)n

(1− i)n − 1
(15)

CAPEXyearly = TOC · CCF (16)

On the other hand, OPEX takes into account
feedstock, utilities, operations and maintenance
(O&M), as well as the catalyst and membranes
utilized.
The OPEXfeedstock represents the expenses
sustained in supplying the hydrogen and the
nitrogen, excluding the transportation cost
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due to the specific location of the plant. The
OPEXutilities is the cost associated to the re-
frigerants, the cooling water and the electricity
to supply the pumps and the compressors. The
OPEXO&M accounts for labor, maintenance
and insurance costs and the OPEXvariables are
the cost associated with catalyst and mem-
branes.

The operating expenses related to the various
streams were calculated using Eq. 17.

OPEXi

[
M€
y

]
= Ci · ṁi · havail · 10−6 (17)

Wehre the parameters adopted are listed below:
• Ci is the specific cost of the i variable
• ṁi is the flow rate of the i variable
• havail represents the annual operating hours

assumed for the plant. In this instance,
a value of 7884 hours has been selected,
equivalent to 90% of the total hours in a
year.

The OPEX related to the membrane and the
catalyst cost are described in Eq. 18 and Eq. 19,
where Am represent the membrane area utilized
and Kgcat the quantity of iron catalyst inside
the reactor.

OPEXmembrane = Cmem ·Memlifetime ·Am (18)

OPEXcatalyst = Ccat · Catlifetime ·Kgcat (19)

All the assumption adopted for the OPEX cal-
culation are listed in Table 6.

Table 6: Assumptions for the calculation of the
OPEX

Index Unit Cost (M€)
H2

€
kg 5.905

N2
€
m3 0.250

Fecatalyst
€
kg 0.1607 [19]

Membrane €
m2 93 [20]

Electricity €
kWh 0.085

Cooling Water €
ton 0.013

Labor %TOC 1
Maintenance %TOC 2.5

Insurance %TOC 2

In the end, the production cost of ammonia can
be calculated as described in Eq. 20.

COP =
OPEX + CAPEXyearly

tonNH3 yearly

[
€

tonNH3

]
(20)

3. Analysis
In this section, the most significant analysis
leading to the selection of the final configura-
tion for both the conventional reactor and the
membrane one will be presented.
These simulations were conducted using a
constant molar inlet flow rate of 100 kmol/hr,
adopting a H2

N2 ratio equal to 3, while varying
the volume. The pressure is set at 200 bar, the
range of inlet temperatures investigated for the
feed entering the retentate spans from 370°C
to 495°C, as this is the range in which the iron
catalyst is active [8], while for the ruthenium
catalyst the inlet temperatures spans from
320 °C to 480°C [7].The pressure drops were
neglected for simplicity.

Figure 5: Conversion of the Conventional Reac-
tor varying the inlet temperature with Fe cata-
lyst

Figure 6: Conversion of the Conventional Reac-
tor varying the inlet temperature with Ru cata-
lyst

These two graphs shows that at low GHSV,
both kinetics reach a plateau, and the one
using Fe-catalyst exhibits higher conversion
(@GHSV = 1000 → 28.49% vs 22.82%). For
this reason, it was decided to proceed with the
iron catalyst.
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For the membrane reactor a membrane area of
10 m2 was adopted, with the retentate pressure
fixed at 200 bar and the permeate pressure at
30 bar 1. The latter was assumed because it was
hypothesized that the hydrogen originates from
a PEM electrolyzer operating at 30 bar.

Figure 7: Conversion of the Membrane Reactor
varying the inlet temperature

In the membrane reactor, decreasing the space
velocity (achieved in this case by increasing the
volume) results in higher conversion rates. This
occurs due to a decrease in residence time and
also because, with an increased volume and a
fixed membrane area, the impact of the mem-
brane intensifies. The temperature maximum
associated with conversion shifts to the right.

3.1. Effect of the Sweep gas
The function of the sweep gas is to facilitate the
extraction of the permeate and improve the heat
exchange within the reactor. Since we are able to
separate almost 100% of the produced ammonia
in the retentate, by increasing the area of the
membrane, reducing the amount of sweep gas
produced can bring many benefits to the plant.
Given the utilization of a porous membrane and
the possibility of back permeation, the sweep gas
is composed of the same reactants as the feed to
prevent contamination of the retentate with ad-
ditional gases. In the tables below, it can be ob-
served how the quantity and temperature of the
sweep affect the reactor dimensions, outlet tem-
peratures, and inlet flow rate required to achieve
an output of 100 tons of ammonia.

1PEM electrolyzer, https://nelhydrogen.com/product/m-
series-electrolyser/

Table 7: Parameters of the membrane reactor
varying the amount of sweep gas

Property Sweep = 2 Sweep = 1.5 Sweep = 1

ToutRET [°C] 412.55 480.56 644.49

N2 Conversion [−] 0.957 0.945 0.908
NH3 Recovery [−] 0.9994 0.9990 0.9945

Vtot

[
m3

]
31.69 32.11 33.38

FlowRate
[
ton
day

]
104.47 105.85 110.04

Table 8: Parameters of the membrane reactor
varying the temperature of sweep gas

Property T = 370 °C T = 300 °C T = 200 °C T = 80 °C
ToutRET [°C] 701.15 691.92 681.59 644.69

N2 Conversion [−] 0.633 0.695 0.795 0.908
NH3 Recovery [−] 0.915 0.937 0.967 0.994

Vtot

[
m3

]
47.94 43.68 38.16 33.38

FlowRate
[
ton
day

]
158.04 143.83 125.8 110.04

3.2. Effect of the Membrane Area
In Figure 6, it can be observed that increasing
the membrane area inside the reactor leads to
a conversion plateau for each space velocity.
The ammonia recovery reaches its maximum
for high membrane area values at low space
velocity, indicating that all ammonia produced
in the retentate manages to diffuse into the
permeate, and the reaction is less limited by
thermodynamics.

Figure 8: Conversion by varying the membrane
area at different GHSV

4. Results
The set objective for this technical-economic
analysis is to achieve a production of 100 tons of
ammonia per day. The goal is to minimize the
cost of the ammonia produced.
The traditional loop for ammonia synthesis in-
corporates three reactors arranged in series. The
feed mixture of hydrogen and nitrogen is pres-

7
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surized to the operating pressure by a centrifu-
gal compressor. An inlet temperature of 370°C
is selected for each reactor based on Figure 5,
which maximizes the conversion. To overcome
thermodynamic and kinetic constraints, the gas
exiting each reactor must be cooled to enhance
overall conversion. The ammonia produced at
the end of the three reactors is cooled to a low
temperature of -85°C. The unreacted gas is re-
cycled back for reconversion and also helps cool
the hot stream exiting the reactors. However, it
is necessary to use a refrigerant for the flow rate
entering the second reactor.
In the figure below it can observed the tempera-
tures and the molar fraction of ammonia exiting
each reactor. To maintain the same GHSV, con-
sidering that the reaction leads to a decrease in
moles, the volumes of the second and third re-
actors will progressively decrease. Furthermore,
the conversion rate will also decrease due to the
formation of ammonia. The overall conversion
with respect of the N2 entering the first reactor
and the N2 exiting the third one is equal to 53%.

Figure 9: NH3 molar fraction and temperature
of the feed across the reactors

The loop of ammonia synthesis with the mem-
brane reactor is shown in Figure 8. The differ-
ence from the conventional setup is the adoption
of only one reactor and one heat exchanger. The
majority of the ammonia resides in the perme-
ate, so the separation will only occur for this
stream. The hot permeate, at the temperature
of 586°C, exiting the reactor allows to heat up
the retentate to 370 °C and also to warm the cold
gases from the separator, which exit at -85°C, to
80°C.
In the very initial moments when the feed is in-
troduced into the reactor, a significant leap in
conversion can be observed from the figure be-

low. This implies that the reaction rate is very
high. After this jump, the conversion is increas-
ing, which can be linked to the effect of the mem-
brane capable of removing the produced ammo-
nia, thus reducing its partial pressure in the re-
tentate and favoring the formation of more am-
monia. In the final stages, since the reaction
grow slower in the retentate, the temperature of
the two different section are able to equilibrate.

Figure 10: Temperature and Conversion inside
the reactor

In the graphs below, it can be observed that
the cost of reactors in the conventional plant is
significantly higher than that of the membrane
plant. This is attributed to lower conversion and
larger volumes required.

Figure 11: Comparison of reactor’s costs

In terms of total equipment costs, those asso-
ciated with the conventional plant exceed 3.7
million euros. The compressor cost is the most
significant factor in both plants.
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Figure 12: Equipment Costs Conventional Plant

Figure 13: Equipment Costs Membrane Plant

The OPEX of the conventional plant are almost
equal to those of the membrane one. The cost
that has the most impact is certainly the hy-
drogen fed into the plant. Considering that the
Haber-Bosch process use a recirculation of unre-
acted products to maximize conversion, the dif-
ferences in conversion rates observed previously
(91% for the membrane reactor and 53% for the
conventional reactor series), result in the same
amount of feed entering the reactors.

Index Conventional Membrane Unit
Utilities 0.948 0.912 [M€]

Feed-stock 34.479 34.479 [M€]
Fixed 0.658 0.424 [M€]
Total 36.086 35.816 [M€]

Table 9: OPEX comparison

The final cost of produced ammonia is lower in
the plant using the membrane reactor by 21 eu-
ros per ton 1136 €

tonNH3
vs 1117 €

tonNH3
). Com-

paring these results with those from other stud-
ies reveals that these values fall within the ex-
pected ranges when PEM electrolyzers are used,

but they are significantly different from those
produced by conventional hydrogen production
methods, such as steam reforming. However,
these comparisons are limited by the differing
approaches and hypotheses employed.

5. Conclusion
The primary objective of this study has been to
design and conduct a techno-economic evalua-
tion of an ammonia synthesis loop. Specifically,
it focuses on comparing two scenarios: one fea-
turing a conventional reactor and the other em-
ploying a membrane reactor.
Focusing on single-pass conversion, the mem-
brane reactor configuration proves highly advan-
tageous compared to the conventional one. It al-
lows for a single reactor and smaller volumes to
achieve the same output. This advantage isn’t
evident when recirculation is employed within
the Haber process. The potential benefit of em-
ploying a membrane reactor over a series of reac-
tors lies in utilizing fewer components within the
plant. Furthermore, ongoing research into new
catalysts capable of facilitating the process at
lower temperatures and pressures is underway.
These catalysts could work with hydrogen to ni-
trogen ratios below 3. Since a significant por-
tion of ammonia production costs are attributed
to hydrogen, substantial cost reductions may be
realized. Also adopting a different separation
mechanism from the conventional one might re-
sult in lower capital expenses and consequently
affect the overall cost of production.
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